
Petroleum and Coal 
 

                         Pet Coal (2018); 60(1): 1-6 
ISSN 1337-7027 an open access journal 

Article                                                                  Open Access 
 

 

STUDYING THE INFLUENCE OF THE CONJUGATE TECHNOLOGICAL STAGES  

ON THE PERFORMANCE OF LINEAR BENZENES SYNTHESIS UNIT VIA THE 

MATHEMATICAL MODEL 
 
Irena O. Dolganova1*, Emilia D. Ivanchina1, Elena N. Ivashkina1, Anatoli Borissov2 
 
1 Chemical Engineering Department, Tomsk Polytechnic University, Russia 
2 General Vortex Energy Inc., Missouri City, USA 

 
Received October 5, 2017; Accepted December 15, 2017 

 

 

Abstract 

Optimization of the operation of the chemical-technological system as a whole is possible only if the 
efficiency of each of the associated processes of all stages of production is increased, taking into 

account their interrelationship. These problems are successfully solved using the methods of 

mathematical modeling and computer modeling systems that take into account the volatility of the 
raw material composition, the change in catalyst activity and a large number of control parameters. 

This approach was used for benzene alkylation process and allowed us to reveal regularieties of 

alkylation reactor depending on the technologiscal conditions in the conjugate apparatuses. Thus, 
optomal HF-catalyst activity depends signifacantly both on the dehydrogenation feedstock composition 

and its flow rate. 

Keywords: mathematical modeling; alkylation; catalyst activity; optimal technological mode. 

 

1. Introduction 

The increasing demand for detergents with stable foaming and biodegradability necessi-
tates the development of new ways to increase the efficiency and operational safety of poten-
tially hazardous production of linear alkylbenzenes (LAB) with a predominance of 2-phenyl-
alkanes that can be converted to surfactants by sulfonation. 

A multistage technology for LAB production consists in the sequential dehydrogenation of 
n-paraffins to olefins, followed by alkylation of benzene in the presence of a hydrogen fluoride 
catalyst [1–5]. The resulting LAB is subjected to sulfonation - the addition of a sulfuric anhydride 
SO3 molecule, resulting in the formation of alkylbenzene sulfonic acid (ASA) [6–10]. 

The present study is devoted to the identification of optimal parameters for the alkylation 

process, depending on the performance of the equipment in the previous stages of production. 
The study was carried out using a specially developed mathematical model of the alkylation 
process, which sensitive to the composition of the feedstock and the change in the ac tivity of 
the catalyst. This approach showed the efficiency in different technological processes [11–14].  

The change in the HF catalyst activity is mainly affected by the concentration of heavy alkyl-

aromatics (HAR) in the alkylation reactor, as well as the acid consumption in the regenerator, 
since HAR is capable of dissolving in the acid and being removed in its stream from the reactor. 
The increase in the value of the catalyst activity is due to an increase in the flow rate of acid 
withdrawn to the regenerator column should lead to an increase in the production of all 
products [15–18]. On the other hand, the increase in the HAR concentration leads to a decrease 

in HF activity [19-20]. 
Thus, it is necessary to establish such a flow of HF for regeneration, which will ensure 

optimum catalyst activity and high production of the desired product of the required quality. 
The peculiarity of the LAB production process as any multistage process is that the operating 
modes of the conjugate stages are interrelated, therefore, it is possible to recommend the 
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optimal parameters of the alkylation process only taking into account the operation modes of 
the apparatuses at the previous stages of the technology [21–25]. 

The concentration of HAR formed in the alkylation reactor is determined by the content of 
diolefins in the feed [26]. Therefore, it is necessary consider the dependence of the optimal 
activity of the HF catalyst on the composition and rate of the feed flow, the type and activity 

of the dehydrogenation catalyst, the hydrogen/feed ratio in the dehydrogenation reactor [27]. 

2. Experimental 

To describe the sulfonation reactor, the standard plug-flow reactor model was adopted to 
describe the reactor process. After that it was modified in the following way. Under unstable 
load conditions on the raw material we use the term "reduced time", or the total amount of 

recycled raw materials Z=G·t. Then 
Z

t
G


   and, subsequently,  
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.  V=0, Ci=Ci
in, T=T in . 

The Z parameter was calculated according to the values of the raw material flow rates. 
Replacing of t by Z reflects the process non-stationarity due to deactivating substances accu-
mulation (coke for dehydrogenation, heavy aromatics for alkylation, high viscosity component 
for sulfonation) with the changing values of G. For dehydrogenation process, the aj value for 

desired reaction varies from 1 to 0.57 along with Z increasing from 0 to 650000 m3. For 
alkylation process, the aj value for desired reaction varies from 0.7 to 0.4 along with Z 
increasing from 0 to 750 m3. 

3. Results and discussion 

3.1. Dependence of the optimal parameters of the alkylation process on the compo-
sition of the dehydrogenation reactor feed stock 

It is known that C12-C13 paraffinic hydrocarbons have a greater reactivity in dehydroge-

nation reactions than C10-C11 hydrocarbons. Isoparaffin hydrocarbons have a high reactivity 
in dehydrogenation and dehydrocyclization reactions. Due to the presence of heavy hydro-
carbons in the feed stock, during the dehydrogenation on the platinum-containing catalyst, 
coke-based structures are formed. This leads to a drop in its activity. Thus, the recommended 
feedstock composition for a dehydrogenation reactor is a feedstock with a minimum content 
of isoparaffins and aromatic hydrocarbons, but with a sufficiently high content of C12-C13 paraf-

fins having high reactivity with respect to target reactions. 
To study the effect of the dehydrogenation feedstock composition on the optimal operating 

conditions of the alkylation reactor, the process indices for the feedstock compositions that 
differed as much as possible from the ratio of light and heavy hydrocarbons to the feedstock 
of the dehydrogenation reactor were computed (tab. 1). 

Model calculation results are presented in tab. 2. As presented in tab. 2, the use of lighter 
feedstocks in the dehydrogenation process (with a higher ratio of (C10 + C11)/(C12 + C13)) 
results in a smaller amount of olefins being the raw material of the alkylation reactor, due to 
the low reactivity of the light paraffin components. 

Fig. 1 shows the dependence of the LAB yield on the activity of the HF catalyst for various 

types of the dehydrogenation reactor feedstock. 
Tab. 3 shows the optimal activity of HF and the ratio of acid to the reactor and for the types 

of raw materials characterized by different contents of light and heavy hydrocarbons: (C10 + 
C11)/(C12 + C13). 
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Table 1. Compositions of the dehydrogenation feed stock samples 

Component 
Content in the feedstock, wt. % 

06.04.2013 02.04.2012 22.10.2012 

С9 0.00 0.00 0.00 

С10 11.58 14.22 12.70 

С11 27.57 30.90 36.73 

С12 34.23 30.72 28.97 

С13 23.67 21.25 18.74 

С14 0.18 0.38 0.95 

Circulating LAB 0.18 1.03 1.87 

Isoparaffins 2.59 1.50 2.73 

(С10+С11)/(С12+С13), 

rel. units. 
0.676 0.861 1.033 

Table 2. Dehydrogenation process calculation results 

(С10+С11)/(С12+С13) in the 

dehydrogenation feedstock, 

rel. units 

(С10+С11)/(С12+С13) olefines in 

the dehydrogenation products, 

rel. units 

Olefines yield, kg/hour 

0.676 0.565 4843.25 
0.861 0.476 4854.75 

1.033 0.599 4775.25 

 

 

Figure 1. Dependence of the LAB yield on the activity of the HF catalyst for various types of the dehydro -
genation reactor feedstock 

Table 3. Optimal alkylation process parameters depending on the dehydrogenation feedstock composition 

(С10+С11)/(С12+

С13) in dehydro-

genation feed-
stock, rel. units 

Optimal HF 

catalyst activity, 

rel. units 

HAr, 

kg/hour 

Optimal HF flow 

rate to regene-

ration, m3/hour 

LAB, kg/hour 
ΔLAB, 

t/days Optimal 

mode 

Current 

mode 

0.676 0.44 20 3.59 6610 6522 2.1 

0.861 0.50 23 4.13 6693 6606 2.0 

1.033 0.60 26 4.67 6592 6504 2.1 

From the table 3 it follows that in order to ensure maximum LAB yield when feeding light 

feedstock to the reactor, it is required to maintain a higher HF activity and, consequently, a 
higher consumption of acid in the regenerator column. This is explained by the need to 
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compensate for the low reactivity of light hydrocarbons with a high activity of the HF catalyst. 
Thus, the smaller the ratio (C10 + C11)/(C12 + C13), the less "tough" conditions are required for 
the dehydrogenation reaction in the first stage of production. This leads to a decrease in the 
content of diolefins in the feedstock of the alkylation process and, accordingly, to a decrease 
in the rate of HAR accumulation in the reactor. 

Thus, from the point of view of LAB yield, it is advisable to use heavier raw materials in the 
paraffin dehydrogenation stage. All other things being equal, such raw materials make it 
possible to obtain the maximum LAB yield due to the high reactivity of hydrocarbons with a 
longer chain length. At the same time, each value of the feedstock of the dehydrogenation 
process corresponds to a certain value of the optimal activity of the HF catalyst, which makes 

it possible to increase the production of LAB in the alkylation stage. Thus, for example, for a 
feedstock with a composition (C10 + C11)/(C12 + C13) of 0.676, the optimum activity of HF is 
0.44 rel. units, and for raw materials with the composition (C10 + C11)/(C12 + C13) of 1.033 
the HF optimum activity is 0.6 rel. units. 

3.2. Dependence of the alkylation process optimal parameters on the feedstock 
flow rate to dehydrogenation  

Despite the fact that in the olefin production plant the raw material consumption was 
maintained at a level of 75 m3/hour for a long time, sometimes the load is reduced from 70 
m3/hour. The reduction in the load on the raw material affects the contact time of the reagents 
in the dehydrogenation process and, accordingly, at the output and composition of the product. 

With the use of a computer simulation system, the parameters of the dehydrogenation of 

olefins and the hydrogenation of diolefins were calculated at various feedstock flow rates to 
the dehydrogenation reactor. The results of calculations are shown in tab. 4. 

Table 4. Calculation results for dehydrogenation reactor 

Raw materials flow rate to 

dehydrogenation, m3/hour 

(С10+С11)/(С12+С13) in 

the hydrogenation 
products, rel. units 

Diolefins in the 

dehydrogenation 
product flow, wt. % 

Olefins yield, 

kg/hour 

70 0.550 

 

0.54 5096 
75 0.549 0.52 4871 

Calculations showed that when the feed flow rate to dehydrogenation reactor is 75 m3/hour, 
less olefins are formed than at 70 m3/hour (this is explained by the shorter contact time of 
the reactants), and the products of the dehydrogenation process are more heavy (this is due 

to the fact, that at a lower value of the contact time, more reactive olefins with a longer chain 
length can enter the dehydrogenation reaction). The low content of diolefins in the products 
of the dehydrogenation reactor at a higher consumption of raw materials is also due to a lower 
contact time. 

 

Figure 2. Dependence of the LAB yield on the current HF catalyst activity at various feedrates to the 
dehydrogenation reactor 
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Fig. 2 shows the dependence of the LAB yield on the current HF catalyst activity at various 
feedrates to the dehydrogenation reactor for a feed composition characterized by a ratio of 
(C10 + C11)/(C12 + C13) = 0.861. 

Tab. 5 presents the optimal parameters of the alkylation process and the regenerator at 
various feedstock flow rates to dehydrogenation reactor. 

Table 5 Optimal alkylation process parameters depending on the dehydrogenation feedstock flow rate  

Dehedroge
nation feed 
flow rate, 

m 3/hour 

Diolefines in 
hydrogena-
tion products 

((C10 + C11)/ 
(C12 + C13) in 
hydrogenation 

reactor 

products 

HAR, 
kg/hour 

Optimal HF 
flow rate to 
regenerator 

m 3/hour 

HF 
activity, 

rel. units 

LAB, kg/hour 
ΔLAB, 
t/day Optimal 

mode 
Current 
mode 

70 0.54 0.550 0.50 24.0 4.3 6963 6878 2.03 

75 0.52 0.549 0.52 23.0 4.1 6668 6578 2.16 

With an increase in the feed rate to the dehydrogenation reactor from 70 to 75 m3/hour, 

the olefin consumption is reduced from 5096 to 4871 kg/hour, the content of diolefins in the 
dehydrogenation reactor products is also reduced from 0.54 to 0.52 wt. %, which is associated 

with a decrease in time contact. When dehydrogenation and hydrogenation products enter the 
alkylation reactor, a decrease in the amount of HAR is observed, leading to a reduction in the 
recommended flow rate of HF to the regenerator from 4.3 to 4.1 m3/hour. Maintaining HF 
activity at the required level allows to increase the production of LAB by about 2 tons/day.  

4. Conclusion 

Thus, the theoretical and numerical studies carried out, as well as the analysis of available 

experimental data, allowed us to establish the following patterns of change in the optimal 
activity of the HF catalyst in the alkylation stage, depending on the operating conditions of 
the dehydrogenation reactor. 
1. When using light feedstocks (with the ratio (C10 + C11)/(C12 + C13) = 1.033), the 

dehydrogenation stage requires the maintenance of a higher activity of HF catalysts to 

provide the required LAB production (0.6 rel. units) and more high flow rate HF in the rege-
nerator (4.67 m3/hour). 

2. With an increase in the feed rate to the dehydrogenation reactor and also with an increase 
in the hydrogen / feed ratio, the optimum flow rate of HF to the HF regeneration column is 
reduced by reducing the content of diolefins in the dehydrogenation process products and 

therefore in the feedstock of the alkylation reactor. 
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List of symbols 

Сi concentration of the i-th component (mol m-3) 

Cp heat capacity of reaction mixture (J m-3 К-1) 

G feed flow (m3 hour-1) 
Т temperature (K) 

Тin initial temperature (K) 

V reaction volume (m3) 
Wj  reaction rate (mol m-3 hour-1) 

Z  the total volume of the recycled raw materials (m3) 

aj  a change in the j-th reaction rate due to viscous component or coke accumulation  
ΔHj change in the enthalpy of the j-th reaction (J mol-1) 
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Abstract 

The aim of this work is to study the process of catalytic dewaxing by the method of mathematical 
modelling. The influence of temperature and feedstock flow rate on the cold flow properties and yield 

of the product (diesel fuel) was studied depending on the feedstock composition. The temperature 

mode of the process was optimized depending on the composition and feedstock flow rate.  

Keywords: : catalytic dewaxing; diesel fuel, cold flow properties; cold filter plugging point; the method of mathe-

matical modelling. 

 

1. Introduction 

Diesel fuel is one of the most demanded product of oil refining industry. The demand for 
diesel fuel is constantly increasing all over the world [1-5]. Currently, the tendency towards 
increasing the demand for diesel fuel of winter and arctic grades, meeting EURO standards, is 
observed [6-8]. This is mostly due to exploration of the North territories, including Arctic 

regions [9-10]. The main quality indicators of diesel fuel of winter and arctic grades are cold 
flow properties, such as cloud point, cold filter plugging point, freezing point, which depend 
on the content of normal paraffins [11-13]. 

Under the conditions of decreasing the resource of “light” oil and domination of “heavy” 
paraffinic oil within oil extraction [14-16], hydroconversion processes assume greater and 

greater importance in oil refining industry [17-21], including the process of catalytic dewaxing 
of diesel fuels [22-24]. The studies on oil refining processes using the method of mathematical 
modelling are relevant these days. The models, developed based on the thermodynamic and 
kinetic regularities of the processes, allows making recommendations for control of  the techno-
logical parameters of industrial processes, which ensures meeting specifications for product 
quality and achieving optimal yield of the product in the conditions of constantly changing 

composition of the feedstock [25-29]. The aim of this work is to study the process of catalytic 
dewaxing by the method of mathematical modelling. 

2. Object and method of research 

The object of the current research is the industrial process of catalytic dewaxing, which is 
aimed to produce diesel fuel of summer, winter and arctic grades. 

The feedstock for the process of catalytic dewaxing is the mixture of the following 
components in different ratios: straight run diesel fraction, atmospheric gasoil and gasoline 
from visbreaking. Table 1 shows group composition and density of the components of cata-
lytic dewaxing feedstock. 
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Table 1. Composition and density of the components of catalytic dewaxing feeds 

Hydrocarbon group 

Straight run 

diesel fraction 

Atmospheric 

gasoil 

Gasoline from 

visbreaking 
%wt. 

N-paraffins C10-C27 19.98 15.99 21.60 

Olefins 3.75 6.52 19.20 

Naphthenes 18.85 16.58 12.80 
I-paraffins 32.02 29.01 27.40 

Monoaromatics 17.30 19.10 19.00 

Polyaromatics 8.10 12.80 0.00 
Density, kg/m3 845 870 727 

Depending on the type of feedstock the firm-developer provides two variants of operation 

of catalytic dewaxing unit (Fig. 1). 

Catalytic dewaxing

Straight run diesel fraction

Atmospheric gasoil

Gasoline from visbreaking

Diesel fuel

 

Catalytic dewaxing

Atmospheric gasoil

Gasoline from visbreaking

Diesel fuel

 

Fig. 1. Variants of catalytic dewaxing unit operation in terms of feedstock  

Table 2 presents the ratios of fractions in the mixture of feedstock of the catalytic dewaxing 
process for the two variants of the unit operation. 

Table 2. The ratios of fractions in the mixture of feedstock of the catalytic dewaxing process  

Component of feedstock 

Designed variants of the catalytic dewaxing 

unit operation 
Variant 1 Variant 2 

% 

Straight run diesel fraction 75 0 

Atmospheric gasoil 21 93 
Gasoline from visbreaking 4 7 

On the basis of compositions of feedstock components and their proportions in the 

feedstock mixture, the compositions and density of the mixed feedstock were calculated for 
the two variants of the dewaxing unit operation, presented in Table 3. 

Table 3. Compositions of feedstock of catalytic dewaxing unit 

Hydrocarbon group 
Variant 1 Variant 2 

%wt. 

N-paraffins C10-C27 19.21 16.38 

Olefins 4.95 7.41 
Naphthenes 18.31 16.32 

I-paraffins 31.20 28.90 

Monoaromatics 17.75 19.09 
Polyaromatics 8.76 11.90 

Density, kg/m3 846 860 

Thus, when the compositions and ratios of feedstock component change, the composition 

of the feedstock of catalytic dewaxing unit changes significantly. In such a way, the content 
of n-paraffins, which influence the cold flow properties of diesel fuel the most, changes 
by3 %wt. The content of monoaromatics, which influences the cold flow properties of diesel 
fuels being the solvent of n-paraffins, changes by 2 %wt. 

Such change in the feedstock composition requires constant correction of the mode of the 

dewaxing reactor operation, determination and maintenance of optimal technological para-
meters for the exact feedstock composition in order to obtain maximum yield of the product 
meeting required quality in terms of cold flow properties. In this work, the influence of tempe-
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rature and feedstock flow rate on the yield and cold filter plugging point of the product was 
studied, as well as technological mode for the two variants of unit operation was optimized 
using the developed mathematical model [30]. 

The model is written as a system of material and heat balances as follows: 

1
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1
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i i

j j
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(1) 

Initial and boundary conditions are as follows: z=0: Ci=Ci,0; T=T0; V=0: Ci=Ci,0; T=T0, 
where z is the volume of refined feedstock from the moment of fresh catalyst load, m3; G is 
the feedstock flow rate, m3/h; z = G·t (t is the catalyst operating time from the moment of 
fresh catalyst load, h); Ci is the content of ith component, mol/l; V is the catalyst bed volume, m3; 
aj is the catalyst activity in jth reaction; ρ is the density of mixture, kg/m3; Cp

mix is the specific 

heat capacity of the mixture, J/(kg·K); Qj is the heat effect of jth reaction, J/mol; T is the tem-
perature, K; Wj is the rate of jth reaction, mol/(l·s); m is the number of reactions. 

3. Experimental 

3.1. Studying the influence of temperature on the dewaxing process 

The influence of temperature on the content of n-paraffins in the product (diesel fuel), 
product cold filter plugging point and product yield in the process of catalytic dewaxing was 
studied in the range from 320oC to 360oC. Feedstock flow rate is equal to 320 m3/h, hydrogen-
containing gas flow rate is equal 15000 m3/h, pressure is equal to 6.9 MPa. The calculation 

results are presented in Fig. 2-4. 
 

  
Fig. 2. Dependence of n-paraffins content in the 
product on the process temperature 

Fig. 3. Dependence of cold filter plugging point of 
the product on the process temperature 

 

  
Fig. 4. Dependence of the product yield on the 

process temperature  

Fig. 5. Dependence of n-paraffins content in the 

product on the feedstock flow rate 
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As it can be seen in Fig. 2, the increase in process temperature by 40oC (from 320oC to 

360oC) the content of n-paraffins in the product decreases by 7.2 % (from 18.0 %wt. to 
16.7 %wt.) when the unit operates according to “Variant 1”, and by 7.9 % (from 15.7 %wt. 
to 14.4 %wt.) when the unit operates according to “Variant 2”. This is due to intensification 
of the target reaction of hydrocracking, which leads to the higher conversion of n-paraffins in 

this reaction during the time of contact of feedstock with catalyst. Due to the decrease in the 
content of n-paraffins the cold filter plugging point of the product decreases by 41 % (from –
10oC to –14oC) when the unit operates according to “Variant 1”, and by 23 % (from –17oC to 
–21oC) when the unit operates according to “Variant 2” (Fig. 3). The yield of the product de-
creases by 2.8 % (from 96.4 % to 93.6 %) when the unit operates according to “Variant 1”, 

and by 2.7 % (from 91.4 % to 88.7 %) when the unit operates according to “Variant 2” (Fig. 4). 

3.2. Studying the influence of feedstock flow rate on the dewaxing process 

The influence of feedstock flow rate on the content of n-paraffins in the product (diesel fuel), 
product cold filter plugging point and product yield in the process of catalytic dewaxing was 
studied in the range from 290 m3/h to 320 m3/h. Temperature is equal to 350oC, hydrogen-
containing gas flow rate is equal 15000 m3/h, pressure is equal to 6.9 MPa. The calculation 
results are presented in Fig. 5-7. 

  

Fig. 6. Dependence of cold filter plugging point 
of the product on the feedstock flow rate 

Fig. 7. Dependence of cold filter plugging point 
of the product on the feedstock flow rate 

Increase in the feedstock flow rate by 40 m3/h (from 290 m3/h to 330 m3/h) leads to insig-
nificant increase in the content of n-paraffins in the product by 4.9 % (from 16.2 %wt. to 
17 %wt.) when the unit operates according to “Variant 1”, and by 3.7 % (from 14.1 %wt. to 

14.7 %wt.) when the unit operates according to “Variant 2” (Fig. 5). Due to this the cold filter 
plugging point increases by 16 % (from –16oC to –13oC) when the unit operates according to 
“Variant 1”, and by 8 % (from –22oC to –21oC) when the unit operates according to “Variant 2” 
(Fig. 6). Meanwhile, the product yield increases by 1.7 % (from 92.5 % to 94.2 %) when the 
unit operates according to “Variant 1”, and by 1.1 % (from 88.1 % to 89.2 %) when the unit 

operates according to “Variant 2” (Fig. 7). 
In spite of the fact that lower feedstock flow rate ensures higher conversion of the feedstock 

and improving the cold filter plugging point, the yield of the product is the lowest along with 
the lowest unit productivity. 

3.3. Optimization of temperature mode in the reactor depending on the feedstock 
composition and flow rate 

Studying of the influence of temperature and feedstock flow rate on the dewaxing process, 
allowed revealing that increase in temperature and decrease in feedstock flow rate provides 
improving cold flow properties of diesel fuel. However, the yield of diesel fuel decreases. 
Hence, the aim of optimization is to determine the process temperature, which ensure meeting 

the product specifications at the maximum yield. 
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Optimization of temperature mode in the dewaxing reactor was carried out for feedstock 
flow rates of 280 m3/h, 300 m3/h and 320 m3/h. Flow rate of hydrogen-containing gas is equal 
to 15000 m3/h, pressure is equal to 6.9 MPa. 

For the first variant of unit operation the temperature of the process was optimized in order 
to obtain diesel fuel EURO interseasonal (grade E) [31] with cold filter plugging point equal to 

–15 oC. The results of optimal temperature determination are presented in Table 4. 

Table 4. The results of optimization for the feedstock 

For the second variant of unit operation the temperature of the process was optimized in 

order to obtain diesel fuel EURO winter (grade 0) [31] with cold filter plugging point equal to –
21oC. The results of optimal temperature determination are presented in Table 5. 

Table 5. The results of optimization for the feedstock composition corresponding to operation of the 
dewaxing unit according to “Variant 2” 

According to the results of optimization the following conclusions were made: 
1. When increasing the feedstock flow rate in the dewaxing process the maintaining optimal 

temperature allows obtaining diesel fuel with required cold flow properties (cold filter 
plugging point of –15oC and –20oC respectively for interseasonal and winter diesel fuel) 
while ensuring high product yield (93 % and 89 % respectively for interseasonal and winter 
diesel fuel). 

2. In the range of feedstock flow rate from 280 m3/h to 320 m3/h the optimal temperature in 

the dewaxing reactor lies in the range from 347oC to 357oC for the feedstock, consisting of 
straight run diesel fraction, atmospheric gasoil and gasoline from visbreaking (“Variant 1”), 
and from 335oC to 342oC for the feedstock, consisting of atmospheric gasoil and gasoline 
from visbreaking (“Variant 2”). 

4. Conclusions  

The influence of temperature and feedstock flow rate in the rages 320–360oC and 290–
330 m3/h respectively on the cold flow properties and yield of the product (diesel fuel) was 

Feedstock flow 
rate, m3/h 

Optimal 
temperature, 

ºC 

Content of n-
paraffins in the 

product, % wt. 

Cold filter plugging 
point of the 

product,оС 

Diesel fuel 
yield,%wt. 

280 

342 16,76 –14 93 

347 16,38 –15 92 
352 16,06 –16 91 

300 

348 16,65 –14 93 

353 16,40 –15 92 

358 16,33 –15 92 

320 
352 16,75 –14 93 
357 16,67 –15 93 

362 16,71 –15 93 

Feedstock flow 
rate, m3/h 

Optimal 
temperature, 

ºC 

Content of n-
paraffins in the 

product, % wt. 

Cold filter plugging 
point of the 

product,оС 

Diesel fuel 
yield,%wt. 

280 

330 15,1 –19 90 

335 14,85 –20 89 
340 14,59 –21 88 

300 

333 15,1 –19 90 

338 14,88 –20 89 

343 14,64 –21 88 

320 

337 15,07 –19 90 

342 14,85 –20 89 

347 14,66 –21 88 
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studied depending on the feedstock composition. The temperature mode of the process was 
optimized depending on the composition and feedstock flow rate. 
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Abstract 

Simulation of reactive distillation by using special engineering software is promising way to its design, 
research and optimization. In this work we considered the industrial-scale facility of Western Siberia, 
which includes a line of methyl tert-butyl ether production in a reactive distillation unit. Aspen HYSYS® 

was used as an instrument of simulation and further optimization studies. The calculation error of the 
model does not exceed 5%. Simulation of the feedstock composition changes showed that more 

preferable hydrocarbon fraction for the process is isobutene-isobutylene fraction. After the optimization 
study we obtained values of optimal reflux ratio for isobutene-isobutylene fraction to be 0.75 and for 
butylene-isobutylene fraction – 0.80; optimal methanol flowrate for isobutene-isobutylene fraction is 
6.500 ton/h, for butylene-isobutylene fraction –6.000 ton/h. 

Keywords: : reactive distillation; MTBE; simulation; industrial process; Aspen HYSYS®. 

 

1. Introduction 

Oxygenated additives are widely used in gasoline blending as alternative to tetra ethyl lead 

and aromatics. These additives improve the octane and combustion quality of gasoline and 

reduce greenhouse gas emissions [1]. The most popular oxygenated chemicals for liquid fuels 

are methyl tert-butyl ether (MTBE), ethyl tert-butyl ether (ETBE), methyl tert-amyl ether (TAME).  

Operating experience of lab-scale and industry-scale MTBE production showed that maxi-

mum output of MTBE can be achieved using reactive distillation (RD) process, which is com-

bination of chemical reaction and separation in one unit [2-4].  

Despite all economic advantages of the process, [5-6] for most liquid-phase reversible 

reactions, design, simulation and control of RD are complicated due to interaction between 

chemical reaction and separation [7], heat integration [8-9], azeotropic mixtures [10]. In 

addition, many researchers draw attention to input and output multiplicities during production 

of MTBE in RD columns [11-14]. Experimental studies of proper column confi-guration and 

optimal operating conditions are expensive and sometimes infeasible within the conditions of 

industrial process. Therefore, mathematical simulation and developing a reliable model of the 

MTBE reactive distillation is an issue of current scientific interest.  

There are many approaches to modeling and pre-analysis of reactive distillation, such as 

disjunctive programming [15], mixed integer nonlinear programming (MINLP) [16], graphical 

method [17], methods, based on wave propagation theory [18], stochastic methods [19-20]. 

Nowadays, design, optimization and research of many popular chemical engineering processes, 

including RD, can be implemented by means of special software. Most simulation studies and 

further analyses of RD etherification processes are conducted using engineering software like 

Aspen HYSYS®, Simulink etc.  
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A lot of recent research papers are devoted to simulation of RD problems by means of 

Aspen HYSYS® [11, 21-23], some of them consider MTBE production [11-12] but mostly on a pilot or 

laboratory scale. 

In this work we aimed to develop a steady state model of industrial-scale MTBE synthesis 

implemented in production on one of the largest oil refineries of Western Siberia. The model 

became a basis for control parameter study and research of the influence of hydrocarbon 

feedstock on product yield.  

2.Experimental 

We implemented mathematical modeling as the main method. All the models used are based 

on physical and chemical fundamentals of reactive distillation. To verify the model we com-

pared the calculation results with the data of industrial facility provided for January 2016. Software 

used: Aspen HYSYS® v.7.3, Microsoft Excel 2010. 

2.1 Initial data 

The subject of research is industrial plant of RD MTBE production within the large-scale 

refinery of Russia located at Western Siberia. The plant capacity is 239,000 tons of MTBE per 

year. The facility under consideration consists of two parallel production lines including remo-

val of nitrogen-containing impurities from feedstock, MTBE production, methanol removal from 

waste fraction and two units of methanol and nitrogen-containing compounds separation from 

flush water.  

MTBE is produced by reactive distillation from methanol and isobutylene over ion-exchange 

catalyst with further separation of the end-products. 

Mechanism of MTBE synthesis 

The mechanism of MTBE synthesis reaction (1) involves formation of carbonium cations 

with heat releasing at the rate of 66 kJ/mole.  

 

       (1) 

Kinetic parameters of the reaction (1) have been considered in the article [12], according to 

which reaction rate of MTBE forming can be express as: 

2

IB MTBE
f

MeOH eq MeOH
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 
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equilibrium constant [12]; αIB,αMeOH, αMTBE – activity coefficients of isobutylene, methanol and 

MTBE respectively.  

The main reaction (1) is frequently followed by side reactions:  

Dimerization of isobutylene: 

     (3) 
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Hydration of isobutylene: 

            (4) 

Intermolecular dehydration of methanol with formation of dimethyl ether and water: 
            (5) 

The main feature of the process is usage of hydrocarbon feedstock of various composition 

– IIF (isobutene-isobutylene fraction) and BIF (butylene-isobutylene fraction). Thus, side 

products form due to reaction between hydrocarbons C4 – C5 from initial fraction and 

methanol:  

   (6) 

 (7) 

In order to reduce side ethers yield, diolefins concentration in the feedstock is limited by 

special requirements [24]. 

The flowsheet of one production line of MTBE synthesis is presented in Figure 1 [24]. 

 

Figure 1. MTBE production flowsheet proposed by Research Institute “Yarsintez” 
P-1 – reactor of evaporative-adiabatic type; K-3 – reactive distillation column; K4 – water washing 
column; K-5 – column of methanol recovery. 

The feedstock streams are: IIF (composition is given in Table 1); BIF (composition is given 

in Table 1); methanol [25]. High product yield is provided by catalysts KU-2FPP or KIF-T. 

KU-2FPP is combustible solid, chemical composition of which involves polypro-pylene and 

sulfonated styrene copolymer with divinylbenzene. KIF-T is also combustible solid and it 

consists of a composition of polypropylene and sulfonated styrene copolymer with divinyl- 

benzene, acrylonitrile and sulfonated polyethylene. 

Table 1. Feedstock composition  

 IIF, %mass BIF, % mass  IIF, %mass BIF, % mass 

Propane 0.18 0.10 Isobutylene 41.48 35.73 

Isobutane 57.21 8.64 Butadiene 0.04 0.28 

N-butane 0.63 19.55 ∑ of butylenes 0.46 35.69 

H3C C CH2

CH3

+ H2O = H3C C OH
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The operating parameters of the feedstock are shown in Table 2.  

Table 2. Feedstock operating conditions 

 
Hydrocarbon 

feedstock 
Methanol 

Flow-rate, ton/h  0.027 0.006 

Temperature, °C 79.5 33 

Pressure, kPa 759.938 911.925 

Material balance for MTBE production is made for 239,636 tones output per 2016 year and 

given in Table 3. The Table 3 shows that productive capacity of the unit is 28.29 tones per 

hour with conversion of isobutylene 98%. 

Table 3. Material balance  

Input Output 

 
Components 

% mass tones per 
hour 

 
Components 

% mass tones per 
hour 

 Isobutene-isobutylene 
fraction 

   1.MTBE 100.00 28.29 

1 Propane, propylene 0.20 0.08  2.Wasted 
hydrocarbon fraction 

  

2 Iso-butane 56.10 21.46 1 Propane, propylene 0.33 0.09 

3 Isobutylene 41.20 15.76 2 Iso-butane 79.78 22.07 

4 N-butane 1.40 0.54 3 Isobutylene 6.50 1.84 

5 N-butylenes 1.10 0.42 4 N-butane 11.88 3.36 

 Total 100.00 38.25 5 N-butylenes 1.51 0.43 

 Butylene-isobutylene 
fraction 

   Total 100.00 28.26 

1 Propane, propylene 0.21 0.02  3.Losses 100.00 0.05 

2 Iso-butane 7.61 0.61    56.60 

3 Isobutylene 39.20 3.14  Total 100.00 8.00 

4 N-butane 16.28 1.30  Methanol  100.00 10.35 

5 N-butylenes 36.70 2.94  Total feedstock  56.60 

According to the scheme in the Figure 1, the main units for the synthesis are the reactor 

P-1 and the RD column K-3. Therefore, proper simulation of kinetic, mass transfer, hydrody-

namic features of these units, which are to be specified as nearly as possible to industrial con-

ditions, provides successful modeling on the whole.  

2.2 Selecting fluid package and modeling of kinetics 

The first important step is chemical reaction modeling. After defining all the substances 

involved in the main and side chemical reactions, we need to choose the most suitable fluid 

package. The researchers of Tomsk polytechnic university have studied vapor-liquid equili-

brium in the system “isobutylene – n-butene – MTBE – methanol” and arrived at the conclusion 

that the most appropriate fluid package for thermodynamic calculations of simple ethers is 

package Wilson [26]. 

Kinetic simulation of MTBE synthesis in Aspen HYSYS® requires selecting type of chemical 

reaction. The main reaction described by kinetic equation (2) can be defined in HYSYS® in a 

suitable manner using type kinetic. Kinetic type allows specifying forward and backward 

reaction rates and does not enable to describe catalyst parameters, which is obvious disadvan-

tage for a heterogenic process simulation. 

The forward and backward reaction rate constants are represented as temperature functions, 

generally expressed as: 
E

RTk A e T 


   ,                      (8) 
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where A – pre-exponential factor; k – reaction rate constant; E – activation energy, J/mole; 

β – constant of the extended Arrhenius equation; R – universal gas constant, J/(mole·K); Т 

– absolute temperature, K. 

For the forward and backward reactions β is assumed to be 0. To bring the kinetic equation 

nearer to heterogenic process, we expressed the pre-exponential factors for forward and 

backward reactions with regard to catalyst mass parameter Mc [12]:  

A*=AMc,                         (9) 

where A* – pre-exponential factor in HYSYS®. 

The Table 4 shows kinetic parameters of the main MTBE synthesis reaction specified in 

HYSYS®.  

Table 4. Kinetic parameters of the reaction (1) 

Parameter Value Parameter Value 

Type kinetic Phase of reaction Liquid 

Base component Isobutylene   

Forward reaction  Backward reaction  

А 7.34·1020 А` 7.88·1015 

E, J/mole 92324 E`, J/mole 149000 

As the product yield is sufficiently high, side reactions (3) – (7) do not influence on the 

process significantly. At the same time, without necessary kinetic data of reaction behavior on 

the catalyst, it is appropriate to use equilibrium type for side reaction simulation. 

2.3. Simulation of the main units 

The main units for the MTBE synthesis are the reactor and the RD column. The reactor is a 

hollow cylindrical vessel with fixed-bed catalyst (P-1 in Figure 1). The screenshot of the reactor 

modeling is given in Figure 2. 

 

Figure 2. The MTBE synthesis reactor modeling in Aspen HYSYS® 

Specifications of the reactor according to production documents are given in Table 5. 

Table 5. Specifications of the MTBE synthesis reactor 

Parameter Value Parameter Value 

Volume 75.6 m³ Pressure 1300 kPa 

Diameter 3000 mm Temperature 100°С 

Length 16680 mm   
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The reactive distillation column includes three sections (see Figure 3): rectifying section, 

reactive section and stripping section. 

 
Figure 3. The reactive distillation column ( I – isobutylene; II – n-butylenes; III – methanol; IV – MTBE; 
1 - reactive distillation column; 2 - total condenser; 3 – reboiler) 

Specifications of the reactive distillation column are given in Table 7. 

Table 7. Specifications of the reactive distillation column 

Parameter Value Parameter Value 

Pressure 1000 kPa 
Overhead 
temperature 

42 °С 

Diameter 2200 mm Number of trays 80 

Height 58650 mm Feed tray 29 

Bottom temperature 135 °С   

The reactive distillation column was simulated in Aspen HYSYS® (see Figure 4). 

 

Figure 4. The reactive distillation column in Aspen HYSYS® 

The last versions of Aspen HYSYS® make possible to use equilibrium models as well as non-

equilibrium models for simulation of the reactive distillation columns. The main assumption of 

the equilibrium models is phase equilibrium, in this case calculation of the heat- and mass-

transfer coefficients is not required. Due to its clearness equilibrium models are successfully 

19



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 14-23 
ISSN 1337-7027 an open access journal 

used in designing, research and control of the reactive distillation columns. It is believed that 

this type of models is suitable for description of the azeotropic polystable systems in reactive 

distillation columns, but according to some research papers [27] careful calculations of the 

heat- and mass-transfer could be very important for this kind of simulation. 

Non-equilibrium (Rate-based) model was used for the reactive distillation column modeling 

because it allows taking into account kinetic parameters (Table 4). 

The aggregate scheme of MTBE synthesis is presented in Figure 5. The developed model 

was verified, and then we made some prediction and optimization calculations. 

 

Figure 5. HYSYS® scheme of the MTBE production unit 

2.4. Model verification 

The model was verified by comparing the calculation results with the data of industrial 

facility of MTBE synthesis provided for January 2016. For that period of time hydrocarbon 

feedstock included IIF (isobutene-isobutylene fraction, composition is given in Table 1) and 

methanol. 

The composition of the MTBE flow from the RD column bottom is given in Table 8. The 

composition of the wasted hydrocarbon fraction is presented in Table 9. Calculated values are 

shown in comparison with the same real values. 

Table 8. Composition of the MTBE flow from the RD column bottom 

 MTBE Methanol Isobutylene MsBE Water Butylenes Isobutane 

Plant data, % mass 98.70 0.06 0.37 0.01 0.00 0.76 0.10 

Calculation result, 

% mass 
94.51 0.11 0.58 0.00 0.00 0.57 4.23 

MsBE-methyl-sec-buthyl ether 

As shown in Table 8, the error of MTBE content calculation is 4.2 %. Total calculated content 

of the by-products does not exceed 1 %, excepting isobutane. Considerable error of the 

isobutane content estimation is connected with imperfect calculation of the distillation process. 

Table 9. Composition of the wasted hydrocarbon fraction 

 
Isobutane N-butane Isobutylene Butadiene Methanol Butylenes Propane 

Plant data, % mass 96.85 1.12 0.76 0.07 0.00 0.88 0.32 

Calculation result, 
% mass 

94.45 0.78 3.91 0.05 0.00 0.50 0.31 
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According to Table 9, the error of isobutane content calculation is 2.5 %. Therefore, the 

developed model provides good accuracy of calculation and could be used for the MTBE 

synthesis process optimization. 

2.5. Optimization of the MTBE synthesis process 

The hydrocarbon feedstock of the MTBE synthesis process can be changed from IIF to BIF 

and back, so the influence of feedstock composition is significant for the process efficiency. 

For that reason optimization calculations should take into account both types of hydrocarbon 

feedstock, IIF and BIF (see Table 1). 

We investigated how reflux ratio (R) and methanol flowrate influence MTBE concentration 

in the main product flow. Reflux ratio was varied from 0.6 to 1.0 and methanol flowrate – 

from 5.000 ton/h to 6.800 ton/h. 

The MTBE content as a function of reflux ratio is presented in Figure 6. According to Figure 

6, the MTBE content increases with reflux ratio growth, optimal R is 0.75 for IIF hydrocarbon 

feedstock and 0.8 for BIF hydrocarbon feedstock. The MTBE content as a function of methanol 

flowrate is presented in Figure 7. 

  

Figure 6. MTBE content as a function of reflux 

ratio 

Figure 7. MTBE content as a function of methanol 

flowrate 

As represented in Figure 7, the MTBE content increases with methanol flowrate growth, 

optimal flowrate is 6.500 ton/h for IIF hydrocarbon feedstock and 6.000 ton/h for BIF 

hydrocarbon feedstock. The optimal values of reflux ratio and methanol flowrate for the 

different types of hydrocarbon feedstock are given in Table 10. The calculated optimal values 

are shown in comparison with the same real values. 

Table 10. The optimal values of reflux and methanol flowrate 

Hydrocarbon feedstock type Reflux ratio Methanol flowrate, ton/h 
MTBE content, 

% mass 

IIF 
Plant data 0.90 6.100 94.51 

Optimal value 0.75 6.500 98.86 

BIF 
Plant data 0.90 6.100 86.66 

Optimal value 0.80 6.000 86.61 

As shown in Table 10, the MTBE content is greater in case of IIF usage because content of 

isobutylene is 5 % higher in IIF then in BIF. In this respect, operating parameters for BIF as 

hydrocarbon feedstock should be corrected in order to provide decrease of thermal charge 

and feedstock flowrate. 

Summary 

1. Modern approaches to reactive distillation modeling are based on complicated mathematical 

models and require special software. Aspen HYSYS® enables to create stable and dynamic 

models of equilibrium and rate-based processes. At the same time, there are some 

limitations in specification of a catalyst of heterogeneous reaction.  

21



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 14-23 
ISSN 1337-7027 an open access journal 

2. The product line of MTBE synthesis within the industrial plant was simulated in Aspen 

HYSYS®. Calculation error does not exceed 5 % for the main product concentration, thus 

we considered the model as adequate and used it for further studies.  

3. The main feature of industry-scale MTBE production is changes in hydrocarbon feedstock 

composition. The feedstock composition study showed that usage of IIF is more preferable 

than BIF as MTBE content in the main product stream is 12 % higher for IIF in comparison 

to BIF. Optimization calculations of the reflux ratio and the methanol flowrate lead us to 

the conclusion that: for IIF feedstock – optimal reflux ratio is 0.75, methanol flowrate – 

6.500 ton/h; for BIF feedstock – optimal reflux ratio is 0.80, methanol flowrate – 6.000 

ton/h. 
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Abstract 

The bubble rising in viscous liquids is enough common in many industrial processes and an important 
fundamental problem in fluid dynamics. In the current work, we deal with the numerical modeling of 
a single gaseous bubble that rises in liquid. In particular, we are interested in benzene alkylation that 
is conducted by the chemical interaction of ethylene and benzene in the presence of the Lewis catalyst. 
Thus, the rate of absorption is the main focus of this work. 

Keywords: : bubble rising; ethylbenzene; numerical approach; modeling; multiphase flow. 

 

1. Introduction 

The reactants mixing modeling is needed in various processes of chemical engineering [1-4]. 

The understanding of the system flow dynamics is a great importance in engineering 

applications. Rising bubbles in liquid have been enough studied theoretically [5-6] and experi-

mentally [7-8]. In such systems slow and limited miscibility of gaseous species in liquids 

frequently limits reaction rates, so reactants are supplied in excessive quantities in order to 

obtain the desired amounts of the products. The mixing rate would strongly depend on the 

contact area of the phases, and, typically, to increase the contact between the phases, the 

gaseous phase is fed into a liquid-filled reactor at in the form of small bubbles.  

In particular we are interested in alkylation of benzene with ethylene for ethylbenzene 

production. This technology is the large-capacity commercial process in terms of benzene 

consumption and processing: 75% of produced in the world benzene is used in production of 

ethylbenzene and isopropylbenzene. Market of ethylbenzene is closely linked to the production 

of styrene.  

In the present work, the gas/liquid mixture is represented as a heterogeneous binary 

system with the mass transfer through phase boundaries. The evolution of the gas/liquid mixture 

using the phase field approach was examined.  

2. Experimental 

The interface separating gas/liquid mixture was represented as a transitional boundary of 

finite thickness. The concentration field C, defined as the mass fraction of one liquid in the 

mixture, is used to trace the evolution of the interfacial boundary. The specific free energy 

function is defined as a concentration function and gradient of concentration [9]  

f (C, ∇C) = f0(C) + 
ϵ

2
 (∇C )

2
                  (1) 

In this expression, the second term, proposed by Cahn and Hilliard, takes into account the 
surface tension effects. The capillary constant ϵ is assumed sufficiently small so to be able to 

neglect this term everywhere except at the places of large concentration gradients, where the 

interface is located. The double-well potential is frequently used for the classical part of the 
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free energy function, f0, especially, when the primary interest is tracing the evolution of the 

immiscible interface. 

The free energy function (1) can be used to re-derive the Navier-Stokes equations for the 

mixture. The so-obtained full Cahn-Hilliard-Navier-Stokes equations are however very complex 

for numerical treatment because of quasi-compressibility that forces to use the full continuity 

equation even for description of two incompressible liquids. The Boussinesq approximation [10] 

of the full equations was used to define the evolution of the gas bubble rising in benzene.  

The governing equations reflect the conservation of momentum, species, and mass: 

(1+ρ)
∂u⃗⃗ 

∂t
+(u⃗⃗ ·∇)u⃗⃗ =-∇Π+ 

1

Re
∇2u⃗⃗ -Ca∇2μ+2GrC,             (2)  

∂C 

∂t
+(u⃗⃗ ·∇)C=

1

Pe
∇2μ,                      (3)  

∇ · u⃗⃗  = 0,                          (4)  

μ=Gr(r ∙γ⃗⃗ )+2AC + 4C
2
 - Ca∇2C                 (5) 

Here, the common notations are used for the variables. These equations are applied to the 

whole multiphase system, including the interface. One sees that the Navier-Stokes equation 

contains an addition force that defines morphology of the interface. The diffusion is defined 

the generalised Ficks law, i.e. through the gradient of the chemical potential μ. The diffusion 

term includes in addition to the usual concentration diffusion, the barodiffusion terms. 

γ⃗  is the unit vector directed upward.  

The equations are written in non-dimensional form and include the following non-dimen-

sional parameters; 

the Grashof number:   Gr = φ
gL*

μ*
 ,               (6)   

the Reynolds number:  Re=
 ρ*μ*

1/2
L*

η*
 ,              (7)  

the Peclet number:   Pe=
 ρ*L*

αμ*
1/2  ,                (8)  

the capillary number:  Ca=
 ϵ

μ*L*
 ,                (9)   

where L* - typical size; ρ* - the density scale; μ* - the unit of the chemical potential; η1 - the 
viscosity scale; α - the mobility constant; and φ = (ρ2−ρ1)/ρ1 is the density contrast, with ρ2 

and ρ1 being the densities of the pure components of the binary mixture. 

The rise of an isolated single bubble was examined. The computational domain is repre-

sented by a vertical cylinder with circular cross section. The cylinders radius is taken as the 

length scale. The radial and axial coordinates are denoted by r and z, respectively. The cylinder 

is closed at the bottom and top ends. It is assumed that the size of the bubble is sufficiently 

less than 1 (the radius of the computational domain), so the influence of the boundary 

conditions imposed on the cylinder’s walls can be neglected. For the same reason, the initial 

position of the bubble is chosen at z = 0.5 (sufficiently far from the lower end), and the height 

of the cylinder, H = 6, is also chosen so large to observe a sufficiently long rise of the bubble 

before it reaches the upper end. The axisymmetric symmetry is assumed, and owing to the 

symmetry only a half of cylinder was considered.  

The governing equations are supplemented with the boundary conditions below. 

At the lower end:         z = 0 : ur = uz = 0, ∂C/ ∂z = 0, ∂μ/ ∂z = 0    (10)  

At the upper end:        z = H : ur = uz = 0, ∂C/ ∂z = 0, ∂μ/ ∂z = 0     (11)  

At the centreline:         r = 0 : ur = uz = 0, ∂C/ ∂r = 0, ∂μ/ ∂r = 0     (12) 

At the tube’s wall:        r = 1 : ur =0, ∂uz/ ∂r = 0 ∂C/ ∂r = 0, ∂μ/ ∂r = 0   (13) 

Thus, all walls are assumed to be impermeable. The no-slip boundary conditions are used 

for the velocity field. For the chemical potential, we impose the absence of the diffusive flux 

through the walls. The conditions for the concentration should reflect the wetting conditions. 

We however consider the simplest case when the molecules of the mixture components inte-

ract with the wall equally, so the contact angle is 900. In fact, we are interested in the evolution 

of the bubble far from the boundary conditions, so the wetting properties are not important 
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for the current study. The boundary conditions at the centerline are written to reflect the axial 

symmetry. 

The typical shapes of the rising bubbles for four different Reynolds numbers and for two 

different capillary numbers are shown in Fig. 1. The actual time moments and the actual sizes 

of the bubbles are shown as well. 

 

Figure 1. Bubbles at the middle of their rise for H = 6, r0 = 0.2, A = −0.5, Pe = 105, Gr = 0.1, (a-d) Ca 
= 8·10−4: (e-h) Ca = 2·10−4; (a,e) Re = 10, (b,f) Re = 25, (c,g) Re = 50, and (d,h) Re = 100 

Obviously, the interface becomes thinner if the capillary number is lower. Deformation of 

the bubble is stronger at lower capillary numbers, which is explained by smaller surface ten-

sion coefficient at such numbers. In this case, at sufficiently higher Reynolds numbers, the 

bubble can even break. The moment of the break up is depicted in Fig. 1d. At Ca = 2·10−4, 

the bubble breaks up at Re > 50. At Ca = 8·10−4, the bubble breaks up at Re > 100.  

 

Figure 2. (a) The droplet’s volume vs. time; (b) the vertical position vs. time; and (c) the size of the 
droplet in the radial and vertical directions vs. time. The curves are plotted for two Peclet number 
(Pe=107 – solid lines and Pe=105 – dashed lines) and for the other parameters as in Figure 1 

The speed of the bubble rising is high at high Reynolds number. All bubbles in Fig. 1 started 

to rise from the same point and are shown at the similar positions, but at the different time 

moments, as the rise time is smaller if the Reynolds number is increased. The dissolution of 
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the bubble is accompanied by the convective motion near the bubble. The intensity of this 

motion is also increased at higher Reynolds numbers.  

The results in Fig. 1 are shown for Pe = 105. At such Peclet numbers the diffusion through 

the interface is small, but it is different from zero. The actual sizes of the bubbles are indicated 

in Fig. 1. One sees that the diffusion is strongly intensified by convective flows, so that at 

higher Reynolds numbers the bubbles rise faster, but they decrease in size also much faster.  

Fig. 2 shows the time evolution of the bubble’s volume, position and shape. 

An unexpected result is an impact of the Peclet number on the speed of rise. For the cases 

with higher Peclet numbers (weaker diffusion) the time of the initial acceleration is much lower 

and the attached speed of rise is also lower. The agreement between the Stokes prediction 

and the numerical results are getting better at higher Peclet numbers, which is expectable. 

3. Conclusions 

Currently, we have investigated the evolution of the bubble in the case of weaker interfacial 

diffusion. We have compared the obtained results with the data available for immiscible 

systems, and found that all classical formulae earlier obtained on the bases of other theoretical 

and experimental approaches can be successfully reproduced with the help of the phase-field 

approach. In future work, we aim to focus on the effect of absorption, the rate of absorption 

of bubbles of different sizes, and the influence of the absorption on the speed of bubble rise 

and on the evolution of the bubble shape. 
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Abstract 

Exergical analysis of four reforming processes comprising two stand-alone autothermal reformers 
(ATR) and top fired reformers (TFR) plus their combination forms as a parallel and series arrangements 
have been investigated in the present article. The coupled mathematical code in the Visual Basic 
program and Aspen HYSYS process simulator linked together in order to calculate physical and 
chemical exergies of industrial plants streams. Four distinct key parameters including dry productivity, 
exergy loss to dry productivity ratio, fuel consumption, and CO2 emission have been considered to 

compare all the reformers arrangements together. The maximum and minimum dry productivity 
among all reformers belongs to TFR (86058 kg/hr) and parallel mode (73220 kg/hr), respectively. The 
exergy loss to dry productivity ratio for TFR, ATR, series and parallel modes is 1.88, 0.46, 0.73 and 
0.57, respectively. It was shown that, although single ATR has minimum exergy loss to dry productivity 
ratio, no undesirable CO2 emission and does not consume fuel, but it utilizes high cost O2 as an oxidant 
agent which demand separate oxygen plant. Also, parallel reformer arrangement has consumed 
around 57% more fuel than series arrangement.  Furthermore, it was concluded that high consumption 

of steam rate in processes would increase the possibility of exergy loss. 

Keywords: : Synthesis gas; Aspen HYSYS; Exergy analysis; Reformer arrangement; ATR. 

 

1. Introduction 

Nowadays, environmental pollution and public health problem caused by fossil-fuel burning 

challenge scientist to find alternative environmentally friendly fuel resources. No pollution 

emissions, production from diverse primary energy sources, such as hydrocarbons, biomass, 

water or solar energy have introduced hydrogen as an attractive alternative energy source in 

recent decades [1]. Petroleum refining and petrochemical industries especially ammonia and 

methanol production plants are the largest sectors that consume hydrogen as a feedstock. 

Various processes such as coal and biomass gasification, water electrolysis, photo-electrolysis, 

photo-dissociation and biological operation can produce hydrogen. Among these procedures, 

steam methane reforming (SMR) is one of the most promising and commonly used processes 

for large hydrogen production with more than 80 years of history [2]. At the steam reforming 

unit synthesis gas, i.e., mixture hydrogen and carbon monoxide, is produced. Generally, the 
process scheme comprises reforming, water-gas shift, CO2 removal by amine solution and 

methanation units. The synthesis gas production from hydrocarbon resources is accomplished 

by two well-known primary and secondary reformers. Steam methane reforming (SMR) and 

autothermal reforming (ATR) are two industrial examples of primary and secondary reformers, 

respecttively [3]. Generally, the different routes of producing syngas are: autothermal refor-

ming (ATR), steam methane reforming (SMR), a combination of ATR and SMR which is called 

combined reforming, and heat exchange reforming involving series and parallel arrangements. 

It is obvious that combination of both primary and secondary reformers enjoys the benefits of 

an individual reformer as it is commercialized in ammonia manufacturing plants. Combination 
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of these reformers has been installed for synthesis gas production in facilities such as Mossel 

Bay (South Africa), Bintulu (Malaysia), Oryx (Qatar), Pearl GTL (Qatar), and Escravos (Nigeria) [31]. 

The high initial investment cost is the problem of combination process. High productivity, low 

energy uses or consumed fuel, and minimum release of a component such as carbon dioxide 

are the important factors which should be considered in synthesis gas production units. 

Progress and optimization in synthesis gas production processes are essential for large scale 

production of these valuable materials as a feed for gas to liquid (GTL), ammonia or methanol 

production plants [4].  

Thermodynamic analysis, particularly exergy analysis, appears to be an efficient tool to 

evaluate the sustainability of a process, system design, analysis and optimization of industrial 

systems. Totally, exergy analysis is used to recognize the location, magnitude, and sources of 

thermodynamic deficiencies, and to optimize the usage of energy resources regard to 

economic and environmental aspects [5]. 

There are relatively few studies focused on the syngas units comprising of ATR and SMR in 

series and parallel arrangements. Bakkerud investigates the combination of HTER (Haldor-

Topose exchanger reformer) and ATR reformer in series and parallel arrangement for GTL 

application by changing steam to carbon (S/C) ratio [6]. Since in the series arrangement, all 

gas passes through the steam reforming unit, and then through ATR, steam reforming catalyst 

may set for lower S/C ratio. Independent feeding of two reformers in parallel arrangements 

giving freedom to optimize S/C ratio individually. Rafiee et al. studied the S/C ratio, purge 

ratio, amount of tail gas recycled to Fisher-Tropsch (F-T) synthesis units and reactor volume 

in a GTL plant for configurations of SMR-ATR plus ATR-GHR (gas-heated reformers) series 

arrangement [7]. The optimization results indicate that installing a steam methane reformer 

in the syngas production unit will reduce the total oxygen consumption and make the oxygen 

plant smaller. Ebrahimi et al. simulated four cases of a single SMR, a single ATR, combined 

series and parallel arrangements for industrial case study and optimization issue is applied to 

the systems for choosing the optimum conditions [8]. It was shown that the important stream 

is one that connects SMR to the ATR for the optimized production of syngas. Moreover, the 

series configuration consumes lower fuel and releases lower amount of CO2 emission 

compared to the parallel arrangement. 

Up to best of our knowledge, an exergetic comparison of various reformer types for 

production of synthesis gaseous has not been considered in the previous researches. In the 

present study, a straightforward method for calculating physical and chemical exergy of 

various streams inside the industrial plant for a different arrangement of primary and 

secondary reformers (single autothermal (ATR), single top fired reformer (TFR), parallel (ATR-

TFR), series (ATR-TFR)) was performed. The mathematical code in Visual Basic programming 

was linked to Aspen HYSYS process simulator to evaluate exergy analysis for all streams inside 

flowsheet. Exergy balance is resulting in more insight into the nature of irreversibilities and 

exergy loss points associated with specific processes. It was shown that the ATR case is 

preferable reformer due to the low exergy loss object. 

2. Exergy-definitions 

Exergy is defined as the maximum obtainable amount of work from the mass of fluid which 

can be obtained as a process is changed reversibly from the given (existing) state to a state 

of equilibrium (zero) with the environment, or the maximum work that can be obtained from 

any quantity of energy [9]. Exergy balance relies on the decomposition of input and output 

streams in material, work, and heat streams. In addition, output streams can be classified 

into waste and useful streams [10]. The waste stream includes all streams pushed to the 

environment without recycling or reusing, while useful streams are heat or material used in 

the downstream process. A General Grassmann representation of a process or generic system 

studied through exergy balances is illustrated in Figure 1. 
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Fig. 1. Overview Grossman diagrams for process or system 

In this system that can be either considered as a single unit operation, an energy balance 

can be written as follows [10]:  
𝐻𝑀

𝑖𝑛 + 𝑄𝑖𝑛 + 𝑊𝑖𝑛 = 𝐻𝑀
𝑜𝑢𝑡 + 𝑄𝑜𝑢𝑡 + 𝑊𝑜𝑢𝑡                (1) 

In the above equation, “H,” “Q,” and “W” are enthalpy, heat, and work respectively. In 

exergy balance, there is “internal exergy loss” which was shown in Figure 1 by the term I, 

corres-ponding to the exergy destroyed inside the system because of irreversibilities of the 

process:  
𝐵𝑖𝑛 = 𝐵𝑜𝑢𝑡 + 𝐼                       (2) 

In the above equation, total exergy input (Bin) and total exergy output (Bout) are 

respectively given by the sum of input and output exergies associated with material (NSM 

streams), work (NSW streams) and heat streams (NSQ streams): 
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Regarding the “useful-waste” concept, the equation (2) can be expressed in the following form: 

IBBB out
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in 
                    

(5) 

where the underlined term is called “external exergy loss.” Assuming that the exergy flow 

corresponding to work output is always useful exergy, the exergy balance can finally be 

expressed as follows: 

IBBBBBBBB

out
W

out
wasteQ

out
usefulQ

out
wasteM

out
usefulM

in
Q

in
W

in
M NS

i

out

iW

NS

i

out

iwasteQ

NS

i

out

iusefulQ

NS

i

out

iwasteM

NS

i

out

iusefulM

NS

i

NS

i

in

iW

in

iQ

NS

i

in

iM   
  1

,

1

,,

1

,,

1

,,

1

,,

1 1

,,

1

,

,,,,

 
(6) 

Establishment of exergy balances on a given system needs to evaluate all the terms of 

above equation precisely. Classification of useful stream form waste ones is an important 

factor which depends on the recognition of the whole process accurately [10].  

2.1. Exergy calculation methodology 

Exergy similar to energy can be divided into physical, chemical, potential, and kinetic 

exergies. In the absence of electrical, magnetic, surface tension and nuclear effects, total 

exergy of a given system is the summation of four distinct elements [9]:  
𝐸𝑠𝑦𝑠 = 𝐸𝑠𝑦𝑠

𝑃ℎ + 𝐸𝑠𝑦𝑠
𝐶ℎ + 𝐸𝑠𝑦𝑠

𝐾𝑛 + 𝐸𝑠𝑦𝑠
𝑃𝑡                   (7) 

In the above equation, 𝐸𝑃ℎ , 𝐸𝐶ℎ, 𝐸𝐾𝑛 and 𝐸𝑃𝑡are physical exergy, chemical exergy, kinetic 

exergy and potential exergy respectively. Each of these exergies defined as follows: 

𝐸𝑠𝑦𝑠
𝐾𝑛 =

1

2
𝑚𝑉⃗ 2                        (8) 

𝐸𝑠𝑦𝑠
𝑃𝑡 = 𝑚𝑔𝑧                        (9) 

𝐸𝑠𝑦𝑠
𝑃ℎ = (𝐻 − 𝐻0) − 𝑇0(𝑆 − 𝑆0)                   (10) 

𝐸𝑠𝑦𝑠
𝐶ℎ = ∑ 𝑥𝑖𝜀𝑖𝑖 + ∫𝑅𝑇0 ∑ 𝑥𝑖𝑙𝑛𝑥𝑖𝑖                   (11) 
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In the equations of (8) and (9), parameters V and z is the velocity of the stream relative 

to the surface of the earth and altitude of the stream above the sea level respectively [9]. 

Generally, the share of these two components from total exergy is normally negligible. Hence 

they can be disregarded. In the Equation (10), parameters h and S are the enthalpy and entro-

py of the substance at actual conditions, and h0 and S0 are the enthalpy and entropy of the 

substance at reference conditions, respectively. In the present work, the reference tempera-

ture and pressure are defined as T0 = 298.15 K and P0 = 1.013 bar. Chemical exergy originates 

from the difference between the chemical potentials when a substance is changed from refe-

rence conditions to the chemical equilibrium state. In the equation (11), xi is the fraction of 

species i in the mixture of gases, εi is the standard chemical exergy of the same species, and 

R is the universal gas constant. A comprehensive discussion on various types of exergy calcu-

lation is given by Sato [11] and Hinderink et al. [12]. In the present article, two types of physical 

and chemical exergies were considered for each species in the inlet and outlet streams.  

Exergy analysis in the field of reforming units has been studied by different researchers. 

For instance, Atsonios et al. [13] studied exergy analysis of a hydrogen-fired combined cycle 

with pre-combustion carbon capture. Chen et al. [14] investigated hydrogen production through 

SMR from both exergy efficiency and CO2 emission points of view. Their sensitivity analysis 

shows a reverse relationship between CO2 emission and system efficiency. Hajjaji and et al. [5] 

have been used exergy analysis to calculate the energy consumption of an SMR process. Based 

on the exergetic results and identifying the thermodynamic imperfections of the process, they 

have proposed a more efficient process by incorporating a third economizer (heat exchanger) 

to the original process for waste heat recovery. In others work by Simpson and Lutz [15], the 

performance of hydrogen production via SMR was evaluated using exergy analysis with 

emphasis on exergy flows, destruction, waste, and efficiencies. Their investigation shows the 

majority of the exergy destruction occurs due to the high irreversibility of chemical reactions 

and heat transfer. A brief review on hydrocarbon reforming will be presented in the following 

section. 

3. Hydrocarbon reforming 

3.1. Primary reformers 

As it was emphasized before, SMR is considered as an industrial example of primary 

reformers [2]. Reforming process produces syngas with an H2/CO ratio in the range of about 

2.2 to 4.848 depending on the feed composition, CO2 recycle and operating conditions such 

as pressure and temperature. Generally, steam Methane Reforming proceeds in two steps, 

the reforming reaction (Eq. 12), which is strongly endothermic (206 kJ.mol-1), and the water 

gas shift (Eq. 13), which is slightly exothermic (41 kJ.mol-1): [4b,8].  

𝐶𝐻4 + 𝐻2𝑂 → 𝐶𝑂 + 3𝐻2          (steam methane reforming, ∆𝐻 = 206.3 𝑘𝐽 𝑚𝑜𝑙−1)   (12) 

𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 + 𝐻2             (water gas shift, ∆𝐻 = −41.2 𝑘𝐽 𝑚𝑜𝑙−1)      (13) 

The comparison of the heat of reaction values indicates that the net reaction is endothermic. 

For this reason, additional energy has to be provided by external heating. It means that the 

tubular catalytic reactor needs a heat source, generated by a furnace. Mostly, industrial furna-

ces that were used for reforming process were classified into four groups: top-fired, terraced-

wall, bottom-fired and side-fired. Usually, the top-fired primary reformer is used for methanol 

and ammonia plants with large single train capacity containing up to 1000 catalyst tubes. 

Nickel and cobalt in the form of thick-walled raschig rings with several holes are the best 

catalysts for SMR, and the overall rate in steam reforming is limited by the heat transfer, at 

high tempe-ratures. The product of SMR is sent to the product line or enters to the secondary 

reformer. In the present paper, the primary reformer is presumed SMR with a top-fired 

furnace. 

3.2. Secondary reformers 

Generally, the conversion of hydrocarbon feed in primary reformers is not complete, 

specially, for heavy feed stock such as gasoil or naphtha. Conventionally, the product of pri-

31



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 28-38 
ISSN 1337-7027 an open access journal 

mary reformers was sent to other reformers entitled “secondary reformer.” Industrial ATR 

used in the present work consist of two sections: 1) Partial oxidation chamber (POX); 2) fixed bed 

catalytic reformer. The main reaction occurred in the POX chamber stated below (Eq. 15) [3b]: 

𝐶𝐻4 + 0.5O2 → 𝐶𝑂 + 2𝐻2O          (Partial Oxidation, ∆𝐻 = −520 𝑘𝐽 𝑚𝑜𝑙−1)      (15) 

Preheated natural gas and oxygen (separated from the air) are fed to the reactor and mixed 

by a burner and finally react in a turbulent diffusion flame. Due to fast exothermic combustion 

reactions, all oxygen is consumed with methane completely. In contrast to ATR, SMR has a 

bulky installation, due to the large SMR furnace with catalyst tubes and large flue gas heat 

recovery section. However, SMR process is preferred for the production of hydrogen, as a 

result of the high H2/CO molar ratio (3-5) compared to ATR (1.6-2.65). 

3.3. Combined configuration with different reformer arrangement 

Poor economy of scale, large input heat requirement and production of syngas with at least 

3:1 hydrogen to carbon monoxide ratio prevent utilizing standalone SMR for large scale 

industrial application such as GTL [7] Also, high cost feature of the ATR process is not 

preferable. Adding secondary reformer to primary one could convert the probable un-reacted 

methane remained from SMR and adjusted the H2/CO ratio based on the suitable application 

such as methanol, F-T, and ammonia synthesis. Figure 4 and 5 depict the parallel and series 

arrangements of SMR and ATR reformers, respectively [7-8,16]. In the parallel type, the 

hydrocarbon feed such as natural gas is divided into two distinct parts: one part is conducted 

into primary reformer (TFR) directly, another portion is sent to secondary one (ATR), and 

finally the output products of two reformers are connected together. In the series form, the 

output product of TFR and fresh hydrocarbon mix together with relevant ratio and convey to 

the secondary reformer. In the present paper, exergy analysis of both series and parallel 

schemes are compared together. 

 

Fig. 2. Schematic diagram of parallel reformers arrangement 

 

Fig. 3. Schematic diagram of series reformers arrangement 
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4. Exergy as New User Property in Aspen HYSYS 

Process simulator software such as Aspen HYSYS does not calculate any form of exergy in 

the main stream flowsheet, hence, the mathematical code in visual basic programming 

provided and linked to Aspen HYSYS as a new user variable worksheet [17].  

Figure 4 and 5 shows the overview of visual basic codes environment related to the user 

variables entitled "Chemical Exergy," "Physical Exergy," Kinetic Exergy" and "Potential 

Exergy." Neglecting the kinetic and potential exergies, total exergy of the specific stream 

would be the sum of the physical and chemical exergies. 

  

Fig. 4. Overview of User Variable coding environ-
ment 

Fig. 5. Overview of User Variable results page 

5. Simulation procedure  

In this study, the information of industrial ethylene plant feed stream was simulated by 

Aspen HYSYS software under steady state condition. The component list was completed by 

available constituents restricted to Table 1. The thermodynamic data (Fluid package) and 

phase behavior predictions of the material streams were obtained using the Soave–Redlich–

Kwong equation of state. The primary reformer, SMR, was simulated by a library model 

equilibrium reactor with the three main reactions of (Eq. 12-14). Furthermore, first, Gibbs free 

energy minimization concept was used for partial oxidation reaction (POX) section of ATR and 

similar to SMR reformer, the catalytic bed section was simulated by an equilibrium reactor. 

Also, operational facilities such as heat exchangers, pumps, compressors and other 

equipment’s were included in exergy analysis.    

Table 1. Feed characteristics of simulation cases 

Parameter name Value (Unit) Composition Mole(%) 

Temperature 500 (oC) Ethane 3.2 
Pressure 20 (bar) Propane 1.9 

Mass flow  39 086.46 (kg/hr) i-Butane 0.0 
Molar flow 1 745 (kmol/hr) n-Butane 0.6 
Composition Mole (%) i-Pentane 0.0 
Hydrogen 0.0 n-Pentane 0.1 
CO 0.0 n-Hexane 0.0 

CO2 25.1 H2O 0.0 
Nitrogen 4.2 Oxygen 0.0 
Methane 65.0   
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6. Results and discussion 

Exergical analysis of four primary and secondary reformers arrangements including single 

SMR, single ATR, combined SMR and ATR in series and parallel forms in order to produce 

synthesis gas with an H2/CO molar ratio of 1 has been performed in the present article. All the 

feed streams conditions such as temperature, pressure, composition, and flow rate are kept 

constant for all simulated cases. 

Comparison of exergy loss for different reformers arrangements is presented in Table 2. 

According to this table, although TFR has the highest productivity rate (86058 kg.hr-1), it 

consumes higher amount of fuel (1740 kmol.hr-1) and release large quantity of anthropogenic 

greenhouse carbon dioxide (1809 kmol.hr-1) into the atmosphere. On the other hand, ATR 

reformer has no undesirable CO2 emission and does not consume fuel, but it utilizes high cost 

O2 as an oxidant agent which demand separate oxygen plant. These findings are in a good 

agreement with earlier studies (10).  

Table 2. Comparison of exergy loss for different arrangement of synthesis gas production 

Parameter/arrangement TFR ATR Series TFR–ATR Parallel TFR–ATR Min. /Max. 

Productivity* (kg.hr-1) 86 058 80 542 74 796 73 220 Parallel/TFR 
Feed molar flow (kmol.hr-1) 1 745 1 745 1 745 1 745 - 
Consumed fuel(kmol.h-1) 1 740 0 522 820 ATR/TFR 
Released CO2(kmol.h-1) 1 809 0 148 375 ATR/TFR 
H2/CO ratio (mol/mol) 1.05 1.1 0.99 1.02 ATR/TFR 
Physical exergy loss (W) -162 113 -37 060 -54 758 -41 958 ATR/TFR 
Chemical exergy loss (W) 148 93 105 86 TFR/Parallel 
Total exergy loss (W) -161 965 -36 968 -54 653 -41 872 ATR/TFR 
Exergy Loss/Productivity 
(W.kg-1.s) 

1.88 0.46 0.73 0.57 ATR/TFR 

Productivity has been reported on dry basis 

The third row of Table 2 shows that parallel reformers arrangement has consumed around 

57% more fuel than series arrangement. Although, physical exergy of series reformers are 

31% more than parallel arrangement, however, the chemical exergy of parallel is 22% more 

than series ones. Investigation of total exergy loss which is the summation of physical and 

chemical exergies reveals that alone ATR and TFR have the minimum (-36968 W) and 

maximum (-161965 W) amount of total exergies respectively. The series and parallel 

arrangements lie between these two amounts. The last row of Table 2 represents the total 

exergy loss divided to dry productivity rate. Again, the ATR and TFR have assigned to the 

minimum (0.46) and maximum (1.88) amounts, and series (0.73) and parallel (0.57) 

arrangement are in the next ranks, respectively. Detailed exergy loss calculation data for 

studied cases have been presented in Tables 3-6. These tables have been classified into five 

columns. The first column shows the name of input and output of material and energy streams 

which have been connected to each arrangement mode. Second and third columns represent 

the values of physical and chemical exergies of related streams. Moreover, the fourth column 

corresponds to the summation of physical and chemical exergies of each stream, and finally, 

fifth ones are the fraction of total exergy of each stream to total input or output exergy. The 

exergy loss indicates the difference between input and output exergies. Table 3 present results 

of exergy analysis for single TFR. As it is obvious, required steam stream in TFR reformers has 

the highest fraction of total exergy around 76.81% (67441/87806) and air stream has the 

lowest existence exegy with 0.02% from input streams. Since the TFR reformer does not 

consume pure oxygen, the related exergy will be set to zero. Table 4 shows the exergy analysis 

of single ATR. No gas fuel is involved in ATR process, so the amount of gas fuel exergy will be 

zero. Again, input steam stream to ATR reformer has the highest value of total exergy about 

56.98% and O2 assigned to the minimum value around 3.99%. Comparison of Table 3 and 4 

proves that alone ATR reformer has lower exergy loss (-36968 W) compared to TFR reformer 

(-161965 W). Also, it can be concluded that high consumption of steam rate in processes will 

increase the possibility of exergy loss. Perhaps, a sharp decrease in temperature and pressure 
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of steam in the process is the reason for such behavior. As it was mentioned before, the 

advantages of ATR process compared to TFR are a lower initial investment and relatively no 

carbon dioxide emission, but investment on distinct air separation unit to provide expensive 

oxygen is accounts disadvantages. Moreover, it can be concluded that the alone TFR is 

preferable in accordance with high productivity object, but it has high exergy loss.  

Table 3. Exergy analysis results for top fired reformer 

 Physical Exergy Chemical Exergy Total Exergy % of Total 

Total Feed 8 775 115 8 890 10.12% 
Refinery-CO2 11 330 4 11 334 12.91% 
Air 11 10 20 0.02% 
Gas Fuel 4 116 120 0.14% 
Steam 0 0 0 0.00% 
Required Steam 67 424 17 67 441 76.81% 
O2 0 0 0 0.00% 

Input Exergy 87 544 262 87 806 100% 

Total Product 136 517 51 136 568 54.68% 
Fuel gas 113 140 62 113 202 45.32% 
Output Exergy 249 657 114 249 771 100% 
Exergy loss -162 113 148 -161 965  

Table 4. Exergy analysis results for autothermal reactor 

 Physical Exergy Chemical Exergy Total Exergy % of Total 

Total Feed 8 661 115 8 776 15.82% 
Refinery-CO2 11 290 4 11 295 20.36% 
Air 2 2 4 0.01% 
Gas Fuel 1 23 24 0.04% 
Steam 0 0 0 0.00% 
Required Steam 33 712 8 33 721 60.77% 
O2 1 667 1 1 667 3.00% 

Input Exergy 55 333 153 55 486 100% 

Total Product 85 805 34 85 839 77.94% 
Fuel gas 24 287 13 24 300 22.06% 
Output Exergy 110 092 47 110 139 100% 
Exergy loss -54 758 105 -54 653  

Table 5 and 6 represent the detailed exergy analysis of series and parallel reformers 

arrangement respectively. Similar to previous single reformers, the highest fraction of total 

exergies attributed to the steam (and required steam) stream in both series and parallel 

arrangements with a percentage more than 60%. The values of total exergies for series and 

parallel reformers are between two single reformers. Additionally, comparison of Table 3, 5 

and 6 shows that the total exergy of exit streams such as total product and gas fuel in TFR 

reformer are close to each other, but in series and the parallel arrangement has reverse 

behavior. Comparison of four key parameters for single TFR, single ATR, combined TFR and 

ATR in series and parallel arrangements depicts in figure 8. It is clear that all the parameters 

should be minimized except dry productivity. It can be inferred that TFR has highest 

productivity rate which is considered as a pros. However, exergy loss to dry productivity ratio 

consumed fuel and release CO2 parameters are also in maximum values which are considered 

as cons. Overall view of figure 6 reveals that single ATR has a better position from series and 

parallel arrangements in all four key parameters. Although exergy loss to dry productivity 

ratio is slightly in favor of parallel arrangement, but series mode has higher productivity rate 

and lowers consumed fuel and released CO2. So it seems that series arrangement which feeds 

of ATR is supplied by a mixture of both SMR product and the fresh, natural gas is a better 

choice than the parallel mode.  
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Table 5. Exergy analysis results for top fired with autothermal reactor in series arrangement 

 Physical Exergy Chemical Exergy Total Exergy % of Total 

Total Feed 8 661 115 8 776 12.73% 
Refinery-CO2 11 290 4 11 295 16.38% 
Air 2 2 4 0.01% 
Gas Fuel 1 23 24 0.03% 
Steam 14 047 4 14 050 20.37% 
Required Steam 33 712 8 33 721 48.90% 
O2 1 092 0 1 092 1.58% 

Input Exergy 68 805 156 68 961 100% 

Total Product 87 222 57 87 279 78.75% 
Fuel gas 23 541 13 23 554 21.25% 
Output Exergy 110 763 70 110 833 100% 
Exergy loss -41 958 86 -41 872  

 

  

  

Fig. 6. Comparison of four key parameters in different studied cases: (a) Dry productivity; (b) Ratio 
of exergy loss to dry productivity; (c) Consumed fuel; (d). Released CO2 

Table 6. Exergy analysis results for top fired with autothermal reactor in parallel arrangement 

 Physical Exergy Chemical Exergy Total Exergy % of Total 

Total Feed 8 661 115 8 776 12.73% 
Refinery-CO2 11 290 4 11 295 16.38% 
Air 2 2 4 0.01% 
Gas Fuel 1 23 24 0.03% 
Steam 14 047 4 14 050 20.37% 
Required Steam 33 712 8 33 721 48.90% 
O2 1 092 0 1 092 1.58% 

Input Exergy 68 805 156 68 961 100% 

Total Product 87 222 57 87 279 78.75% 
Fuel gas 23 541 13 23 554 21.25% 
Output Exergy 110 763 70 110 833 100% 
Exergy loss -41 958 86 -41 872  
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7. Conclusion 

In the present article, industrial synthesis gas production by some commercialized 

reformers such as SMR, as a primary reformer, ATR, as a secondary and their combination 

form in series and parallel arrangements were investigated. Several parameters such as 

productivity rate, fuel consumption, oxygen consumption, CO2 released to atmosphere and 

exergy loss has been considered for selecting best case of syngas production. The exergy 

analysis regards as a powerful tool for analysis, evaluation, and improvement of thermal 

processes was applied to identify the magnitude and sources of thermodynamic inefficiencies 

of reformers arrangements which are not received proper attentions in previous studies. The 

mathematical code provided in the Visual Basic environment and linked to the Aspen-HYSYS 

as a user variable subroutine in order to calculate physical and chemical exergies of single 

TFR, a single ATR, combined series and parallel arrangements. Obtained conclusions revealed 

that single TFR is a preferable choice in accordance with productivity rate. Also, TFR has a 

maximum exergy loss per dry productivity ratio, fuel consumption and CO2 emission to 

atmosphere among all other reformer arrangements which are not preferable to the point of 

process irreversibility and environmental conditions. No fuel consumption and CO2 emission 

to the atmosphere in addition to minimum exergy loss to dry productivity ratio lead single ATR 

reformer seems to be the best choice for syngas production. From an economical point of 

view, ATR reformer requires expensive pure oxygen supplied from air separation unit. The dry 

productivity of series and parallel arrangements are lower that single reformers. In addition, 

the exergy loss to dry productivity ratio, fuel consumption, and CO2 emission is between single 

TFR and single ATR. Finally, it was concluded that high consumption of steam in the processes 

would increase the possibility of exergy loss. It should be noted that among these reformers 

arrangements, single ATR uses the lowest amount of steam. 

Nomenclature 

ATR Autothermal W Work 
SMR Steam methane reforming B Energy Flow 
TFR Top fired reformer E Energy 
GTL Gas to Liquid Ph Physical 
S/C Steam to carbon ratio Sys System 

F-T Fisher-Tropsch Kn Kinetic 

In Input Pt Potential 
Out Output Ε Standard chemical exergy 
H Enthalpy X Mole fraction 
Q Heat WGS Water gas shift 
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Abstract 

The process of gasoline blending is a sophisticated multistage industrial technology. In this paper, 
blending recipes of different gasoline brands were developed using computer modeling system 

“Compounding” considering the volume and changing composition of the involved feedstock. The 
developed modeling system allows increasing the efficiency of the gasoline production using only 

internal resources of the refinery with no additional investments and expenses. 

Keywords:  gasoline; mathematical modeling; blending recipes; octane number. 

 

1. Introduction 

Automobile fuels, primarily, gasoline and diesel fuel are the most significant part of petro-
leum products which play a crucial role in the economics of Russian Federation. On a modern 
refinery, the most part of the crude oil is being refined into motor fuels, primarily in gasoline. 

This makes gasoline blending an important process for petroleum industry with the main goal 
to mix products of refinery processes in specific proportions and obtain a final blend that com-
plies all quality requirements [1-2]. 

This multi-staged process is one of the most sophisticated technologies from the standpoint 
of economic efficiency. The key point lies in the complexity of feedstock mixtures which consist 

of large quantities of individual hydrocarbons, in conditions of ever-changing feedstock compo-
sition. In addition, detonation resistance does not follow the law of additivity (octane number 
is a non-linear characteristic), so this makes it more difficult to optimize the process. 

Considering all above-mentioned factors, it appears to be impossible to formulate a universal 
blending recipe; existent recipes need to be revised in real time to correspond the changing 

conditions of blending.  
Thus, optimization of trade gasoline blending process is an urgent industrial-oriented 

research direction in terms of the modern trends of annual increase in demand for high-octane 
gasoline. There is a large number of research works of domestic and foreign scientists dedi-
cated to the study of aspects of this problem [3– 5]. 

However, the most efficient way of optimization and of gasoline blending process and 

prediction of operational properties of blended gasoline is to apply modeling systems which 
use physic-chemical properties of hydrocarbons as a basis for calculations. 

The main role of such systems is to formulate economically feasible recipes of gasoline 
blending considering the composition of the involved feedstock. 

2. Complex modeling system for optimization of gasoline blending  

During the research, complex system for optimization of gasoline production was develop-
ped. The following interconnected modules are presented in the system: Module of chromate-
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graphic data systematization; Module of detonation and physic -chemical characteristics 
calculation; The module of optimal gasoline blends. 

The developed modeling system provides the user with calculations of detonation properties 
and a wide range of physical and chemical characteristics of gasoline and gasoline components 
including octane number, vapor pressure, density and viscosity of mixtures and precise 

hydrocarbon composition of each stream based on chromatographic analysis data. On the 
basis of this data, the system calculates an economically optimal gasoline recipe for different 
brands of gasoline. 

A detailed description of modules is provided in the following sub-chapters. 

2.1. Module of chromatographic data systematization 

In this modeling system, chromatography data of feedstock streams serve as an input data 
for calculations of detonation characteristics. 

In view of the fact that hydrocarbon composition gasoline component streams vary 
significantly in set and number of hydrocarbons, the module of chromatographic data syste-
matization “UniChrom” has been introduced into the system for unification and standar-
dization of experimental chromatography data. 

Systematization of the chromatography is an automatic process constituting the 
reclassification of hydrocarbons in the initial mixture to the set of 110 key components. This 
set serves as a baseline for high accuracy calculations of octane numbers of blending gasoline. 
This set includes both individual hydrocarbons and pseudo-components [6]. 

2.2. Module of detonation and physic-chemical characteristics calculation 

The module of detonation and physic-chemical characteristics calculation provides 
calculations for the following detonation characteristics of gasoline:  
1. Octane numbers (RON, MON) of hydrocarbon stream involved in the blending process 

taking into account their non-additivity; 
2. Mixture density, by the Mendeleev formula; 

3. Mixture viscosity, by the Orrick and Erbar formula; 
4. Saturated vapor pressure (SVP) by the Antoine equation; 
5. Aromatics, olefins hydrocarbons, and benzene percentage. 

The main module is developed in Borland “Delphi 7” workspace combining a user-friendly 
interface, coordination, integrity of sub-components and stable functioning of the system in 

general. It is possible to manually change flow rates of input streams [7-8]. 

2.3. Module of optimal gasoline blends 

From the standpoint of economic profitability of the refinery, optimal blend of gasoline must 
ensure the biggest economic effect: Refinery has to use the cheapest raw materials for 
blending of gasoline with low market value (low-octane brands) and the cheapest raw streams, 

and high-octane raw streams for the most commercially demanded brands, respectively. 
Refinery tends to produce the maximum possible volume of gasoline, using available stocks 
of the raw stream; the product must comply with the demands of the Russian Technical 
Regulations and State Standard R 51866-2002. 

In the research, a logical algorithm was compiled on purpose to formulate optimal blending 
recipes. In this algorithm, 12 typical hydrocarbon streams are involved in the blending 

process:  
1. Hydrotreated catalytic cracking gasoline (HYT FCC); 
2. Catalytic cracking gasoline (FCC); 
3. Reformate from catalytic gasoline reforming unit with continuous catalyst regeneration 

(Reformate (moving-bed)); 

4. Reformate from catalytic gasoline reforming unit with periodic catalyst regeneration 
(Reformate (fixed-bed)); 

5. Toluene concentrate on the complex production of aromatic hydrocarbons (Toluene); 
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6. Isomerate from the isomerization unit of light gasoline fractions (Isomerate); 
7. The fraction of the isopentane from the isomerization unit of light gasoline fractions 

(Isopentane); 
8. Alkyl gasoline with the unit of the sulfuric acid alkylation (Alkylate); 
9. Methyl tertiary butyl ether (MTBE); 

10. Straight-run gasoline fraction from atmospheric and vacuum pipe stills (Straight -run 
gasoline); 

11. Gasoline fraction from complex production of aromatics hydrocarbons (Feedstock for 
aromatics production); 

12. Gasoline-raffinate from the complex production of aromatic hydrocarbons (Raffinate of 

aromatics production). 
Limiting conditions in recipes formulation are strictly regulated characteristics as RON, 

MON, SVP and content of benzene, aromatic and olefin hydrocarbons, sulphur and MTBE in trade 
gasoline of a specific brand. 

The module of optimal gasoline blends formulation was developed in the workspace Borland 
“Delphi 7” on the basis of the algorithm flowchart of the logical algorithm is presented in Figure 1. 

 

Fig. 1. Flowchart of the logical algorithm for optimal gasoline blends formulation 

The developed algorithm automatically optimal gasoline blends on the basis of a formalized 
hydrocarbon composition of involved streams and predict all detonation characteristics of 
blended gasoline. Gasoline blending is carried out step-by-step as well as a recalculation of 
required quality characteristics. 

Priority of using streams is chosen to the way of the biggest resource saving production. 

So first use the lowest-quality (and therefore least expensive) components, and then, when 
that streams are consumed, or used as much as possible, involve more expensive components. 

The proposed approach has several advantages: first of all, it becomes possible to respond 
to changes in the composition of raw materials, develop “flexible” blending recipes and 
formulate recommendations for the involvement of streams with different composition when 

the blended to different gasoline brands. 
Secondly, the algorithm is aimed to the efficient solution of several technological situations: 

production of the certain volume of gasoline, maximization of the particular brand yield, and 
the combination of several gasoline brands with an ability to set “the priorities of  the 
sequence.” 

Thirdly, the algorithm reflects the concept of resource-saving blending, which allows to 

saving the most expensive components, involving unspent reserves only into the production 
of high quality fuels and reducing of unwanted quality giveaways and production of off -grade 
gasoline. These measures are able to increase the economic efficiency of blending, using only 
internal resources of the refinery without additional investments. 
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3. Formulation of gasoline blending recipes considering the volume of involved feedstock  

For this research, blending recipes of different gasoline brands were developed using 

computer modeling system “Compounding.” The recipes were formulated on the basis of data 
on configuration and composition of feedstock for one of the largest refineries in Russian Fede-
ration.  

Here, we demonstrate calculated blending recipes for gasoline of Premium-95 brand 
corresponding to the Euro-5 quality standard of yield rate: 100, 500, 1000 and 2000 tons, 
respectively. In each case, the volume of each feedstock component equals 200 tons 

(hereafter refers to gasoline pool). Calculated recipes of Premium-95 gasoline for 100 (I), 500 
(II), 1000 (III) and 2000 (VI) tons are shown in Figure 2 and in Table 1. 

 

Fig. 2. The recipes of Premium-95 brand gasoline blending (Euro-5 quality standard) 

Table 1. The main properties of gasoline of Premium-95 brand (Euro-5 quality standard) 

Characteristics 
Weight, tons 

100 500 1000 2000 

RON 95.0 95.0 95.0 95.2 

MON 88.7 87.3 88.5 88.5 
SVP, kPa 50.2 50.1 51.7 50.1 

Density, kg/m3 727.9 726.3 720.0 724.8 

Benzene, wt. % 0.89 0.74 0.98 0.83 
Aromatic 

hydrocarbons, wt. % 
34.98 34.98 34.98 34.98 

Olefins, wt. % 6.72 12.35 5.80 6.25 

As it can be seen from Figure 2 and Table 1, calculation of blending recipes was conducted 

in such way that the values of benzene, aromatic hydrocarbons contents, as well as the SVP 
values, were maximized most closely to the values regulated by Russian Technical 

Regulations, but not exceeding them. The logic of algorithm is a multi-step mixing of available 
feedstock components in the order of the increased value. Such an approach tends to 
formulate gasoline blending recipes for required volume and quality of the product in a 
resource-efficient way. 

On the basis of obtained results, it can be concluded that the structure of blending recipes 

depends on the required volume of product: in case of small volumes, the constraining factors 
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are quality requirements for certain gasoline characteristics, and in case of large volumes 
availability of feedstock plays the crucial role in the structure of blend. 

Consider another practical task which consists in the production of several gasoline brands 
from a limited volume of feedstock in a certain time period of scheduling horizon and specific 
sequence of blending. The developed logical algorithm of complex modeling system is able to 

formulate blending recipes for simultaneous production of gasoline brands from the total 
available gasoline pool.  

In this case, the task is to produce trade gasoline brands from gasoline pool volume of 
200 tons in the following order and quantity: Regular-92, Euro-5 – 500 tons; Premium-95, 
Euro-5 – 500 tons; Super-98, Euro-5 – 500 tons. 

All calculations for this case including the actual volume of gasoline blended by this 
algorithm are provided in Figure 3 and in Table 2. 

 

Fig. 3. The recipes of gasoline of Regular-92, Premium-95 and Super-98 brand gasoline blending in 

case of joint production 

Table 2. The main properties of gasoline of Regular-92, Premium-95 and Super-98 brand gasoline 
blending in case of joint production 

Characteristics Regular-92 Premium-95 Super-98 

RON 92.0 95.0 98.0 
MON 84.2 89.4 93.1 

SVP, kPa 50.2 50.1 58.4 

Density, kg/m3 731.3 723.1 720.3 
Actual product amount, 

tons 

500 500 460 

Benzene, wt. % 0.89 0.74 0.98 
Aromatic hydrocarbons, 

wt. % 

34.98 34.98 34.98 

Olefins, wt. % 6.72 12.35 5.80 

As it can be seen from in Table 2, all quality properties of blended gasoline comply with the 
requirements of Russian Technical Peculations and State Standard R 51866-2002. During the 

recipes formulation, the involvement of basic refinery products such as reformate, catalytic 
cracking gasoline, and straight-run gasoline fraction is maximized that ensures the economy 
of expensive components such as MTBE (188 tons), toluene (111 tons). 
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Such an approach in the formulation of gasoline recipes reflects the strategy of 
economically-efficient blending. It tends to obtain gasoline brands with the maximum possible 
involvement of the less valuable and surplus components while minimizing percent of the most 
valuable, scarce ones. The latter components are added after all the other in order to comply 
with the requirements or can be saved for the next blending operations.  

4. Formulation of gasoline blending recipes considering the composition of the involved 
feedstock  

During the production cycle, hydrocarbon composition of refinery products is ever- 
changing; in its turn, it leads to changes in detonation characteristics of the obtained gasoline. 
Thus, resource-efficient gasoline production requires continuous real-time correction of blending 

recipes. In this section, calculations of optimal blending recipes depending on the composition 
of the involved feedstock are presented. 

The main properties of feedstock components involved in gasoline production are shown in 
Table 3. For components demonstrating the most significant deviations of the detonation 
characteristics (Reformate m/b, Reformate f/b, Isomerate, and Isopentane), additional 
samples of the worst (I) and the best (II) quality are provided. 

Table 3. The main properties of feedstock gasoline streams 

Stream 

Characteristics 

RON 
SVP, 

kPa 

Density, 

kg/m3 
Summary content, wt.% 

   Benzene Aromatic 

hydrocarbons 

HYT FCC 89.1 43.2 722.4 0.70 23.76 

FCC 91.0 53.6 741.4 0.80 34.49 

Reformate m/b 105.4 14.0 820.8 2.00 81.40 
Reformate m/b I 102.6 20.5 812.7 2.50 78.68 

Reformate m/b II 106.3 16.5 826.0 1.50 81.85 

Reformate f/b 95.7 21.6 790.2 2.70 65.40 

Reformate f/b I 90.7 27.7 780.3 1.20 58.57 
Reformate f/b II 97.5 24.0 791.7 1.30 66.57 

Toluene 117.0 7.2 854.7 0.00 100.00 

Isomerate 90.0 62.0 636.8 0.00 0.00 
Isomerate I 89.5 61.2 638.5 0.00 0.00 

Isomerate II 93.6 67.4 637.3 0.00 0.00 

Isopentane 92.4 146.3 600.9 0.00 0.00 
Isopentane I 92.0 143.7 601.4 0.00 0.00 

Isopentane II 93.0 141.4 601.8 0.00 0.00 

Alkylate 96.6 34.7 678.6 0.00 0.00 
MTBE 125.0 40.3 717.5 0.00 0.00 

Straight-run 

gasoline 

59.3 26.1 716.3 0.30 5.05 

In the previous calculations, it was accepted that gasoline pool is constant; however, often 
in a real production situation, the volumes of available components are unequal due to 
different capacities of refinery units and volumes of product tanks.  

The trends of feedstock availability were calculated for one production cycle (1 week) with 
a focus on the quantitative data from refineries. The average index of availability of feedstock 
for gasoline blending is shown in Table 4. 

In this way, unequal amounts of feedstock were used for calculations of gasoline blending 

recipes depending on the composition of feedstock. The total gasoline pool is set to 2 400 tons; 
such situation (Table 4) reflects the average real situation of production of refinery products 
in the refinery.  
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Table 4. The average index of availability of feedstock for gasoline blending  

Streams The average index of 
availability of feedstock 

Streams The average index of 
availability of feedstock 

HYT FCC 0.2763 Isomerate 0.0759 

FCC 0.1220 Isopentane 0.0897 

Reformate m/b 0.2215 Alkylate 0.0695 
Reformate f/b 0.0631 MTBE 0.0119 

Toluene 0.0163 Straight-run gasoline 0.0256 

Total   1.0 

Blending recipes for Premium-95 gasoline corresponding to the Euro-5 quality standard 
with a total yield of 1000 tons and various compositions of the involved feedstock (I – worse, 

II – medium, III – best feedstock) are shown In Table 5 and Figure 4. 

 

Fig. 4. The recipes of gasoline of Premium-95 brand gasoline blending considering various 
compositions the involved feedstock 

Table 5. The main properties of gasoline of Premium-95 brand (Euro-5 quality standard) blending consi-
dering various compositions the involved feedstock 

Characteristics I II III 

RON 95.0 95.0 95.0 
MON 87.9 87.6 88.0 

SVP, kPa 51.2 51.6 51.6 

Density, kg/m3 721.8 720.2 720.6 
Actual product amount, tons 1000 1000 1000 

Benzene, wt. % 0.98 0.98 0.61 

Aromatic hydrocarbons, wt. % 34.94 34.98 31.34 
Olefins, wt. % 8.52 6.03 10.61 

As it can be seen from Tables 4 and 5, changes in hydrocarbon composition influence the 

detonation characteristics of streams; in its turn, it leads to a reformulation of blending 
recipes. For ensuring of the efficient gasoline blending refinery has to respond to changes in 
feedstock composition and adjust blending recipes to produce trade gasoline avoiding extra 
quality giveaways, as well as overruns of expensive high-quality hydrocarbon streams and 

production off grade gasoline batches. 
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In this case, at the beginning of the production cycle, Premium-95 gasoline brand (Euro-5) 
was produced using feedstock with average quality (Feedstock No. II, Table 5). As the 
composition of feedstock has been changing continuously within the certain limits during 
refinery operations, that influenced the quality of the obtained product. Calculations of 
detonation characteristics of produced gasoline in conditions of changes in composition are 

shown in Table 6. Feedstock No. I represent changes to the worst quality of components and 
Feedstock No. II, to the best quality, respectively. 

Table 6. The main properties of gasoline considering various compositions the involved feedstock  

Characteristics Feedstock I Feedstock II 

RON 93.9 95.9 
MON 87.3 89.2 

SVP, kPa 53.6 52.9 

Density, kg/m3 717.3 721.7 

Benzene, wt. % 0.90 0.70 
Aromatic hydrocarbons, wt. % 33.40 35.24 

Olefins, wt. % 6.10 6.08 

As it can be seen from Table 6, production of gasoline by averaged (“universal”) recipes is 
not economically profitable because there are unwanted deviations of operational 

characteristics of gasoline brands are observed throughout the changes in hydrocarbon 
composition.  

Thus, in case of a decline in the feedstock quality (Feedstock I) gasoline, produced by the 
averaged recipes demonstrates drop in octane number down to 93.93 points as well as a 
decrease in density. Such deviations are not allowable for product certification, so the quality 

of gasoline needs to be additionally raised up to requirements Russian Technical Regulations 
demands and State Standard R 51866-2002. In case of an increase in the feedstock quality, 
unwanted RON giveaway (95.85) is observed, which is evidence of an overrun of high-quality 
components.  

In order to avoid these issues, correction of gasoline blending recipes was automatically 

performed by the use of developed integrated modeling system (Table 5). In every single 
case, formulated blending recipes reflect the concept of the most resource-efficient distribution 
of available gasoline pool of certain quality and volume.  

Considering the revealed data above we can suggest that using the modeling system for 
correction of gasoline blending in respect to changes in feedstock composition leads to positive 

results, such as: 
1. In case of the worst feedstock, correction of recipes allows avoiding off-grade gasoline 

production; however, it becomes impossible to use Reformate F/B due to high contents of 
benzene and aromatic hydrocarbons. The necessity to compensate the shortage of octane 
number forces to involve 88 additional tons of the Reformate M/B. 

2. In case of the best feedstock, correction of recipes allows saving scarce, high-quality 

components: 6 tons of Alkylate and 37 tons of Isopentane. Also, the involvement of 
170 tons of FCC gasoline is an effective decision due to its low detonation characteristics 
and availability at refinery tanks. 

5. Conclusion 

1. It was established that for resource-efficient maintenance of gasoline blending process it 

is necessary to correct blending recipes considering the hydrocarbon composition of 
involved feedstock and non-linear nature octane numbers throughout blending operations. 

2. For this research, the logical algorithm for the formulation of the optimal gasoline blending 
recipes was created. It ensures economically efficient blending as well as obtaining of the 
required amount of gasoline which meets contemporary environmental and technical 

standards. 
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3. In this work, optimal blending recipes for Premium-95 gasoline brand (Euro-5 quality) were 
formulated using the developed complex modeling system. Joint and separate production 
regimes are simulated. 

4. Influence of changes in hydrocarbon composition of feedstock on detonation characteristics 
of gasoline is shown. In case of a change to the worst-quality feedstock, correction of 

recipes allows avoiding production of off-grade gasoline; it is also possible to save high-
quality components in case of a change to the best-quality feedstock.  

5. The developed modeling system allows increasing the efficiency of the gasoline production 
using only internal resources of the refinery with no additional investments and expenses. 
Corrections of gasoline blending recipes considering changes in the composition of the 

involved feedstock allow avoiding undesirable quality giveaways trade gasoline and 
overruns of expensive components. The results show the concept of the resource-efficient 
gasoline production which makes a large economic effect for the refinery. 
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Abstract 

Amine sweetening is the most vital segment of the gas processing plant, which contributes to the 
removal of H2S, CO2 and other minor contaminants such as COS and mercaptans. The work attempts 

to improve the efficiency of the gas processing process through a process simulation exercise towards 
which ProMax was utilized. A base case simulation mimicking a real operational amine sweetening 

plant was developed using process parameters and flow rates currently being in practice. Based on a 

thorough literature search, it was understood that parameters such as the pH, heat stable salts, 
regenerator pressure, and absorption column intercooling were found to influence the plant efficiency. 

The present work attempts to assess the effect of the above said parameters on the base case 

simulation and identify optimal conditions to enhance the overall efficiency. A decrease in the pH was 
attempted through the addition of different acids, and it was not found to improve the efficiency of the 

operation as stated in the literature pertaining to MEA solvent. In other words, the regenerator energy 

consumption was found to increase with the increase in the acid concentration. An increase in the 
regenerator pressure was found to decrease the regenerator energy requirement contributing to better 

energy efficiency, with the optimal operating pressure being 2.5 bar. An increase in the heat stable 

salts at a controlled concentration was found to improve the absorption efficiency of the H2S while had 
no significant effect on CO2 absorption. The application of intercooler improved the absorption efficiency 

of both H2S and CO2 as well as reduced the reboiler heat duty. The combination of optimal conditions 

revealed that the plant processing capacity could be increased to about 4.2 % with an energy reduction 
of 81,000 tons of steam per year. 

Keywords: gas sweetening; amine solvent; acid gases, simulation; ProMax; MDEA; gas processing; Heat stable salts. 

 

1. Introduction 

Natural gas that comes from an underground reservoir is predominantly a mixture of hydro-

carbons mainly methane along with other hydrocarbons like ethane, propane, and butane. 
The gas can also carry an appreciable amount of non-hydrocarbons such as hydrogen sulfide, 
nitrogen, carbon dioxide and other minor contaminants such as mercury, water, and other 
inorganic compounds. They are widely utilized for industrial, commercial and residential 
purposes as it is the most preferred fuel for the generation of heat and electricity. Natural gas 

accounts for 23.7% of the global primary energy consumption (BP Statistical Review of World 
Energy, 2015). The growth is expected to be 1.9% per annum mainly due to the demand from 
the power and other industrial sectors [1-2] .   

The natural gas processing plants typically include a number of stages to remove the conta-
minants such as dusting stage, acid gases removal, dehydration and Hg removal, nitrogen 
rejection, so as to meet the product specification. The dusting stage is a gas filtration stage 

to remove small solid particles. In the acid gas removal, operation separates acid gases 
hydrogen sulfide (H2S) and carbon dioxide (CO2) from the natural gas directing it to the sulfur 
recovery process [3]. In dehydration stage, water is removed, while in the mercury removal 
stage separates extremely toxic mercury. The nitrogen rejection stage separates nitrogen so 
as to improve the heating value methane [4-5].  
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Sour gas contains different concentrations of H2S and CO2; these gases have certain 
threshold values and a specific standard for their concentration as products of a sweetening 
process. The selection of the appropriate sweetening process to achieve certain gas 
specification is dependent on many factors like the limits of concentration of both the sour and 
the sweet gas, the maximum design flowrate, the pressure of the inlet gas, the requirements 

for sulfur recovery and propose an acceptable method to dispose of waste products [6].  
There are many different processes for sour gas sweetening, but one of the most popular 

and the one that is discussed in this work is the liquid-phase absorption by chemical solvents. 
In chemical solvent processes, absorption of the acid gases is achieved mainly by use of 
alkanol amines that can absorb H2S, CO2, and to some extent COS. Chemical solvents are 

specifically suitable when contaminants at relatively low partial pressure have to be removed 
to very low concentrations [7]. In natural gas sweetening industry, the removal of carbon 
dioxide and hydrogen sulfide by alkanol amines is essential and maybe the most popular. This 
technology depends mainly on absorption/desorption reactions between the acid gases and 
alkanol amines. This treatment step is critical in any gas processing industry because the 
presence of such contaminants can cause corrosion to pipelines and equipment, can also affect 

the human health and deteriorate the surrounding environment [8].   

2. Methodology 

2.1. Base case simulation 

The base case simulation model involving absorption and desorption columns mimicking 
the operation conditions of a typical gas processing plant was built using ProMax simulation 
tool. The details of the process parameters utilized in developing the simulation are provided 
in Table 1. The process simulator utilized Peng-Robinson Amine Sweetening property method 
to perform the simulations. The process flow diagram adopted for simulation is shown in Fig. 1.  

 

Figure 1. Base Case Process Flow Diagram 

Since the design data and process flow for each stream were available, it was much easier 

to build the model block by block with the correct state of phases, compositions, and flowrates. 
The feed stream contains mostly hydrocarbons (C1-C3) along with Hydrogen Sulfide (H2S) at 
4.8% and Carbon Dioxide (CO2) at 5.5%. The feed stream saturated with water will enter a 9 
stages absorber, while the solvent is flowing downward the column noted as rich amine stream 
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goes to a flash drum that flashes any gases still in the vapor phase out from the loop. Then 
the stream exchange heat with the lean amine wherein the temperature increase to 104 oC, 
and enters a stripping section wherein all the dissolved acid gases were stripped out and sent 
to sulfur recovery units. The stripper is operated by a steam driven reboiler that provides 
enough energy for stripping and recovery of the solvent that is recycled back to the absorber.  

Table 1. The Base Case Specifications along with simulation results 

Specification Value Specification Value 

Plant capacity (MMSCFD) 379 Solvent rate (m3/hr) 790 

Acid H2S (mol. %) 4.8 Solvent concentration (wt. %) 45 

Acid CO2 (mol. %) 5.5 Regenerator pressure (bar) 2 
Sweet H2S (ppm) 19.98 HSS content (mol. %) 0.041 

Sweet CO2 (mol. %) 1.95 Rich amine loading 0.568 

Steam rate (Kg/min) 2060 Lean amine loading 0.003 

Steam pressure (bar) 5 Property method 
PR-Amine 

Sweetening 

2.2. Acid injection case (pH swing) 

The effect of acid injection for an MDEA sweetening plant has not been reported in the open 

literature, and hence an attempt has been made to assess its effect. Three weak acids were 
tested with the model to lower the pH. Adipic, phthalic and suberic acids were added to the MDEA 
solvent at 1-5 wt.%  

2.3. Regenerator pressure elevation  

In the base case model, the regenerator operating pressure was 2 bars; with the corres-

ponding reboiler temperature of 127oC. The effect of regenerator pressure was assessed 
covering the pressure in the range of 2 to 3 bars, while all the other parameters were held 
constant corresponding to the base case. These reboiler temperatures were acceptable as they 
were lower than the amine degradation temperature. The effect of regenerator pressure on 
the energy consumption was assessed along with a check on the reboiler temperature. 

2.4. Inter-cooled absorber (ICA)  

The effect of the addition of an inter cooler to the MDEA process has not been reported in 
the open literature and hence attempt to assess its effect was made [9]. Towards this the hot 
MDEA solution was withdrawn from stage 5 and was cooled using an air-cooled heat exchanger 
and reinjected back From the total volumetric flowrate 20% was withdrawn from stage 5, 
cooled by -4oC, before being injected back to the column in stage 6. All other parameters were 

held constant at the base case level  

2.5. Heat stable salts (HSS)  

The presence of HSS in the amine system is well established. In order to quantify their 
presence, a weak acid like Phosphoric Acid (H3PO4) was added to the amine solvent by very 
small percentages in the range 0.1-0.5 mol. %. This range was acceptable because small 

addition of acid showed a significant effect on the sweet gas specification [10]. To follow up the 
concentration of the protonated form of the amine (MDEAH+) an ionic info analysis was used 
in the model to keep track of the concentration buildup of HSS.  

3. Results and discussion 

3.1. Addition of weak acids 

Figures 2&3 show the simulation results on the effect of adipic, phthalic and suberic acid 
on the CO2 as well as the H2S mole % leaving the absorption column. The data clearly indicate 
an increase in the concentration of the CO2 in the sweet gas with an increase in the acid 

concentration, while the concentration of the H2S was almost constant. Among the three acids, 
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adipic acid seem to have a far higher effect on the CO2 exit concentration compared to the 
other two acids. Considering the permissible sweet CO2 specification of only 2 %, any increase 
in the pH.  

  
Figure 2. Effect of acids addition on sweet CO2 
concentration 

Figure 3. Effect of acids addition on H2S concen-
tration 

Figure 4 shows that all acids had a negative effect on the regenerator performance. The 

reboiler duty increased with increase in the acid concentration. However, the effect of adipic 
& phthalic acids on the steam rate was marginal as compared to suberic ac id. In the regene-
ration section, it was noticed that the increased percentage of acid had a negative effect on 
desorption energy requirement. As the percentage of acid is increased, the pH value decree-
sed, and the steam supply to the regenerator increased in proportion.  

  
Figure 4. Effect of acids addition on reboiler duty Figure 5 Effect of acids addition on the latent 

heat of vaporization 

Since the steam supply is one of the key contributors to operating cost of the process, a 
detailed assessment of the regenerator was performed in order to understand the increase in 
regeneration energy. The below figure summarizes the effect of each acid based on the latent 

heat of vaporization of the solvent in the reboiler. 
It can be seen that an increase in the percentage of acid, so as to lower the pH increases 

the latent heat of vaporization of the solvent entering the regeneration stage while maintaining 
other terms relatively constant. An increase in the acid concentration contributed to the 
increase in boiling point of the regenerator solvent which in turn demands higher desorbing 

energy to strip the acid gases.  
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The details of the various contributors affecting desorption energy can be summarized as 
follows: 
Qreg = Qdes ,𝐶𝑂2

+ Qsens  + Qvap ,𝐻2O  

Qreg = ∆Habs,𝐶𝑂2
+

ρsolventV̇Cp(Treb −  Tfeed)

𝑚̇CO2

+
𝑚̇H2O × ∆𝐻2 Ovap

𝑚̇CO2

 

where, ∆Habs,𝐶𝑂2
 is heat of reaction; Cp is the heat capacity of the rich solvent; Treb & Tfeed are 

reboiler temperature and feed solvent temperature, respectively; 𝑚̇𝐻2O is the mass flow rate 

of water vaporized from stripper and ∆𝐻2Ovap is the latent heat of vaporization. 

The addition of acids was claimed to be beneficial for the gas sweetening process having 
MEA as the solvent [11]. Hence simulations were performed to c ross verify the claims with the 
MEA solvent. The results of the simulation are presented in the section below. 

3.1.1. Reboiler duty for absorber with MEA solvent  

 

Figure 5 Effect of acid addition on MEA systems 

Figure 6 presents the results of the 
simulation specific to Adipic acid addition for 
an absorber with MEA as a solvent. An 
increase in the acid concentration was found 
to decrease the reboiler due to the reduction 

in the latent heat of vaporization. The results 
clearly authenticate that the addition of acid 
to MEA solvent system is beneficial while 
with the MDEA solvent it contributes to an 
increase in the regenerator energy. 

3.2. Effect of stripper operating pressure  

Figure 7 shows the effect of regenerator operating pressure with the sweet gas specifica-
tions of H2S and CO2.  

  
Figure 6. Effect of increased stripper pressure on 
sweet gas specs 

Figure 7. Regenerator pressure effect on 
temperature 
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An increase in the regenerator pressure is found to decrease the sweet gas H2S concen-

tration favorably while the concentration of CO2 was not affected. This could be attributed to 
the better performance of regenerator due to decreased lean loadings. The effect of acid 
addition on the absorption section was not very much noticed. 

 
Figure 8 Increased regenerator pressure data 

with steam supply 

Figure 8 captures the effect of stripper 

temperature with increase in the regenerator 
pressure. An increase in the regenerator 
pressure was found to increase the 
regenerator temperature thus rendering an 
effective stripping. Although the increase in 

pressure was found to be beneficial, the 
optimal pressure was chosen to be 2.5 bars 
based on the amine degradation tempe-
rature of 140oC. A temperature safety margin 
of 5oC was chosen to select the optimal 
regenerator pressure.   

The major effect was observed in the 
steam supply with increased regenerator 
pressure. Elevating regenerator pressure 
helped in increasing regeneration 
temperature, which led to better perfor-

mance and more efficient stripping of gases. 
The figure 9. summarizes the effect of increased pressure on the regeneration energy 
requirement. It can be noticed that as the pressure is increased, the latent heat of vaporization 
of the solvent mixture decreases which eventually contributes to a reduction in the steam 
requirement for regeneration.   

3.3. Effect of the addition of intercooler to the absorber 

 

Figure 9. Effect of intercooling on sweet gas specs 

The effect of the addition of an intercooler on 
the overall performance of the amine swee-
tening process is assessed by reducing the 
absorber temperature to a maximum of - 4oC. 

The simulation results are captured in Figure 
9. It can be seen that an increase in the 
degree of cooling showed a positive impact 
on the sweet gas specs, especially for CO2. A 
temperature reduction of 4oC has contributed 

to a reduction in the concentration of CO2 
from 1.95 % to 1.88 %, also evident from 
the increased rich loading of the absorber. In 
the regeneration section, intercooling helped 
in stripping more acid gases as with 
decreasing lean loadings of the amine. 

In any amine absorption process, reactions of the amine with CO2 and H2S are as follows: 
𝐻2 O +  𝑅3N ↔ O𝐻− +  𝑅3𝑁𝐻+    (Rxn 1 −  𝐼𝑛𝑠𝑡 . ) 
O𝐻−  + 𝐶𝑂2  ↔ 𝐻𝐶 𝑂3

−                   (Rxn 2 −  𝑆𝑙𝑜𝑤 ) 
𝐻2 S +  𝑅3N ↔ 𝑅3𝑁𝐻+  +  𝐻𝑆 −    (Rxn 3 −  𝐹𝑎𝑠𝑡) 

As the solubility increase with a decrease in temperature, provision of an intercooling would 
increase the mass transfer rate thus absorbing more CO2 lowering its concentration in the 

sweet gas stream. From the above reaction between CO2 and amine, it can be seen that as 
more absorption of CO2 occurs, the reaction shifts toward consuming more CO2 while decree-
sing the equilibrium concentration of OH-.  
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Figure 10 Effect of intercooling on regeneration 
energy 

This would shift the first reaction towards 
making more OH- increasing absorption of 
CO2. On the other hand, and for the 
absorption of H2S, the instantaneous reac-
tion of an amine with water will increase the 

equilibrium concentration of R3NH+ rende-
ring reaction (3) to proceed towards keeping 
H2S concentration in the dissolved phase at 
the relatively constant magnitude. 

It was also noted that an increase in 

cooling duty contributed to higher degrees 
Fig.10 re summarizes effects on rege-
neration energy with intercooling. It can be 
seen that as the cooling degree is increased, 
the reboiler demand less energy for strip-
ping, reflecting less steam supply.  Since the 

plant specs are at 20 ppm H2S and  

2% CO2, it is possible to increase the processing capacity of the plant with the presence of 

side cooler or to reduce the steam supply to the reboiler. 

3.4. Effect of heat stable salts (HSS) 

 

Figure 11. Effect of H3PO4 concentration on sweet 
gas specs 

Figure 12 presents the effect an increase 
in H3PO4 concentration so as to capture the 
effect of an increase in the HSS concen-

tration. It showed the significant positive 
effect on sweet gas H2S concentration 
whereas the opposite effect for CO2 but at 
the insignificant magnitude. In regene-
ration, the increased concentration of HSS 

helped in stripping more of H2S but less CO2 
in comparison. 

Reactions governing the absorption and desorption reactions with the presence of HSS are 

as follows:  
𝐻2 𝑆 ↔  𝐻+ + 𝐻𝑆 −  Rxn 1 

𝐻2 𝐶𝑂3  ↔  𝐻+ + 𝐻𝐶𝑂3
− Rxn 2 

𝐻3 𝑃𝑂4  →  𝐻+ + 𝐻2 𝑃𝑂4
− Rxn 3 

𝑀𝐷𝐸𝐴 +  𝐻+  ↔  𝑀𝐷𝐸𝐴𝐻 +  Rxn 4 

𝐶𝑂2 +  𝐻2 𝑂 ↔  𝐻2 𝐶𝑂3   Rxn 5 

It can be clearly seen that as the concentration of H3PO4 is increased, more H+ ions are 
present increasing the concentration of the heat stable salts. The concentration of H2S is 
sharply decreased by the addition of the acid to very low values, and this can be explained 
from Rxn 1, as the concentration of H+ ions is increased from the acid, the equilibrium 

concentration of HS- is decreased shifting the reaction towards consuming more H2S. For CO2 
it can be seen from both Rxn 2 and Rxn 3 that as the amount of H+ is increased this shifts 
the Rxn towards producing more H2CO3 and from Rxn 5 as the concentration of H2CO3 is 
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increased, this shifts the Rxn toward making more CO2, and that’s why the effect is reversed 
from H2S.  

When H3PO4 is added to the mixture, it increases the amount of H+ present. This shifts the 
amount of MDEA and MDEAH+ present in this basic system of water, amine, and acid from that 
observed when just the water and amine are present.  It is this additional amount of MDEAH+ 

that can represent heat stable salts[11].  
The effect and concentration of HSS were tracked in the absorber and in the regenerator 

as well as whenever there is a pressure or temperature variations in the process. 
In the amine absorber, H2S and CO2 dissolve into the aqueous solution. These dissolved gases 

can then undergo Rxn 1 and Rxn 5.  If the aqueous solution did not contain anything to react 

with the dissolved gases or the resulting ions, the capacity of the solvent would be very limited 
on the amount of acid gas that it can absorb [12]. To explain the opposite effect of adding acid, 
adding a base to the solvent increases its capacity. The increase in capacity is due to the 
removal of H+ on the product side of Rxn 1, 2, and H2CO3 in Rxn 5. This can progress until 
Rxn 4 reaches equilibrium, at which point the solvent reaches maximum capacity [13].  

In the regenerator, the temperature and pressure are drastically changed from the absor-

ption column. The increased temperature and decreased pressure greatly reduce the amount 
of dissolved acid gas in the liquid solvent [14]. By reducing these, the reactions shift away from 
the ions and towards the production of dissolved gas.  As the solvent travels down the column, 
more acid gas is removed resulting in less MDEAH+ being present as the reactions shift. 

Since the H3PO4 remains in solution, the amount of H+ present is slightly higher than if it 

were not present. This increase in pH assists in stripping the acid gasses from the solvent.  
However, if more H3PO4 is added, eventually enough MDEA remains the MDEAH+ state that 
the amine no longer picks up enough H+ produced by the dissolved acid gas species and the 
capacity of the solvent diminishes. It is usually when this happens that reclamation is brought 
online so as to reduce the amount of MDEAH+ that is in solution by removing the salts and 

freeing up the amine base. 
As the temperature of an aqueous solution of H2S, CO2, and MDEA is increased, the solu-

bility of the dissolved gasses decreases.  This results in H2S and CO2 leaving the solution [15]. 
This reduces the concentration of reactants for Rxn 1 and Rxn 5. Based on Le Chatelier’s 
principle, Rxn 1 and Rxn 5 will shift in the direction of making dissolved gas molecules. This 

reduces the amount of H+, as directly observable in Rxn 1, and observable through a combi-
nation of Rxn 5 and Rxn 2.  Reducing the amount of H+ thus affects Rxn 4 such that less 
MDEAH+ is present [16].  

A decrease in temperature increases the solubility of the gasses in the liquid solvent.  
Assuming that equilibrium is reached, and reaction kinetics is ignored, the increase in the 

dissolved gasses will cause the Rxn 1 and reactions Rxn 5 and Rxn 2 to shift to creating a 
larger amount of H+.  The increase in H+ will increase the amount of MDEAH+ in the system 
as Rxn 4 shows. 

Changes in pressure have a similar effect on the system. As pressure is lowered, the solu-
bility of the dissolved gasses is reduced.  This causes Rxn 1 and Rxn 5 to shift to the reactant 
side, causing a decrease in H+ and a resulting shift in Rxn 4 so that less MDEAH+ is present 

in the system. 
An increase in pressure increases the solubility of the gasses in the liquid solvent. The 

increase in dissolved gasses will again increase the amount of MDEAH+, as discussed for the 
case where the temperature was decreased. 

3.5. Limits for the dominance of corrosion and fouling  

The total amount of acceptable HSS depends on kinds of ions present, and its corrosion 
characteristics, its effect on the performance of the system [17]. The simulation results indicate 
complete consumption of free amine at 1.2% addition of H3PO4, beyond which the H2S 
concentration started to raise and present in its protonated form. It doesn’t necessary mean 
that the acid can be added up to this point because the negative effects start to appear at 
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much lower concentrations. The solution to retrieve the free amine is either to flush fresh 
solvent to the system or by solvent reclamation techniques like Ion Exchange, Electro dialysis, 
etc. [18].   

4. Conclusion  

In summary, optimal conditions to enhance the overall efficiency of the sweetening process 

were discussed. Although the decrease in the pH was not found to improve the efficiency of 
the operation as stated in the literature pertaining to MEA solvent and the reason can be 
explained from kinetics point of view and reactions governing the desorption process. However, 
an increase in the regenerator pressure was found to decrease the regenerator energy 
requirement contributing to better energy efficiency, with the optimal operating pressure 

being 2.5 bar. An increase in the heat stable salts at a controlled concentration of 0.2 mol.% 
was found to improve the absorption efficiency of the H2S while had no significant effect on 
CO2 absorption. The application of intercooler improved the absorption efficiency of both H2S 
and CO2 as well as reduced the reboiler heat duty by achieving higher mass transfer driving 
force as the temperature is brought down. The combination of optimal conditions revealed 
that the plant capacity could be increased to about 4.2 % process capacity with an energy 

reduction of 81,000 tons of steam per year.  
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Abstract 

Biodiesel is an alternative fuel which provides a solution to two main problems associated with 
petroleum-based diesel. These problems include fossil fuel depletion and environmental degradation. 
It is commonly produced via transesterification reaction of vegetable oil or animal fat with alcohol in 
the presence of a catalyst. This catalyst required is either homogeneous or enzyme or heterogeneous. 
However, amongst these catalysts, heterogeneous catalyst is regarded as most suitable one for the 
biodiesel production because it discourages the generation of wastewater and also allows catalyst 

recovery after the reaction process. This present study provides a comprehensive review of different 
heterogeneous catalysts which have been explored in the past by different researchers in biodiesel 
production with emphasis on the potential use of mixed anthill clay-eggshell catalyst for biodiesel 
synthesis. Attention is focused on likely transformation of raw mixed anthill-eggshell sample to highly 
active metal oxides structure and how to create an environment friendly way of reusing waste eggshells 
and converting anthill which harbors dangerous animals into worth items. Following this, the 
mechanism of active phase (CaO) contained in this composite catalyst, the prepa-ration method and 

characterization techniques for accurate estimation of the physicochemical proper-ties of the solid 

catalyst are described. 

Keywords: Anthill; eggshell; biodiesel; characterization; preparation. 

 

1. Introduction 

The use of solidly based catalysts in the field of renewable energy to produce renewable 

fuel has become a significant area of research. This is due to environmental concerns resulting 

from continual dependence on fossil fuel sources, current industrial energy demands, and 

upswing in the world population. To this end, current research is focusing on fuel derivable 

from renewable sources using heterogeneous catalyst and its utilization in the transportation 

industries and other industrial processes. Development of heterogeneous catalyst from waste 

and naturally occurring materials doped with metals for hydrocarbon (triglycerides) reactions 

are a particular area of interest that require more attention of researchers. 

The global realization of the finite nature of fossil hydrocarbon and the deleterious effect 

arising from its consumption has triggered a worldwide search for alternative fuels. The 

utilization of diesel fuel from petroleum source continues to rise due to increase in population, 

energy consumption and rapid industrialization [1]. These have triggered a worldwide search 

for alternative fuels which include biodiesel, bio-alcohol, biogases and other biomass sources. 

Among the aforementioned renewable fuels, biodiesel has received considerable attention 

mainly because it provides a solution to problems associated with fossil fuel which include its 

depletion and environmental degradation [2]. Besides, it could be obtained from biomass [3]. 

Generally, biodiesel is prepared from vegetable oils and animal fat. However, it can be synthe-
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sized from waste oil with same features and ability in minimizing gas emission from the engine 

without compromising quality [4]. 

Biodiesel is an alternative and biogenic fuel which comprises of different esters of fatty acid 

and has been accepted worldwide because of the problems associated with the petroleum 

derived fuel [5]. Biodiesel can be produced from any fat or oil through transesterification. A 

transesterification is a form of catalytic reaction whereby triglyceride contained in a vegetable 

oil or animal fat reacts with primary alcohol commonly methanol to produce esters and glyce-

rol. In biodiesel production, oils and fats are transesterified with methanol in the presence of 

catalyst [6], to produce fatty acid methyl esters (FAME) and glycerol as a byproduct [7-8]. However, 

homogeneous catalyzed transesterification process has some disadvantages which include the 

formation of the unwanted product, corrosion problems, generation of wastewater, and difficult 

to recycle [3]. Enzymes are also employed in the production of biodiesel. 

Enzymes are naturally occurring materials with impressive performance and resistant to 

compositional changes in a reaction medium. They can enhance biodiesel production via esteri-

fication or transesterification process [5]. Enzymatic-catalyzed reaction is carried out at mild 

and favourable conditions, so as not to denature the enzyme. Enzymatic transesterification 

has the advantage to provide high yields, but cannot be employed industrially as a result of 

the exorbitant cost of the enzyme. Another problem is that of deactivation usually caused by 

impurities contained in reaction feed. Therefore, heterogeneous catalysts are very important 

for biodiesel production as they possess many advantages over homogeneous catalysts and 

enzymes [5]. They are noncorrosive, environmentally benign and do not form soaps through 

free fatty acid neutralization or saponification of triglyceride. Besides, product purity and rege-

neration of the catalyst are achievable in heterogeneous catalysis [9-10]. 

Although there is an increasing interest in deriving solid catalysts from naturally occurring 

and waste materials, locally sourced anthill has not been explored as a catalyst to transesterify 

vegetable oil to fatty acid methyl esters. This also includes its modification by any of the metal 

oxides. Moreover, previous research has not provided detailed work on the catalytic perfor-

mance of two or more of these materials in a combined (composite) form to synthesis fatty 

acid methyl esters. This present study, therefore, considers the possible development of com-

posite heterogeneous catalyst from anthill and eggshell. Following this, the preparation methods 

and characterization techniques for accurate estimation of the physicochemical properties of 

the heterogeneous catalyst are described. Moreover, a possible way of improving the activity 

of the composite anthill-eggshell with the promoter is described. 

2. Heterogeneous catalysis and its fundamental 

Heterogeneous catalysis describes the process in which reactant(s) and required catalyst 

are differed in phase, however, in a heterogeneously catalyzed alcoholysis reaction, in which 

three-phase system exists, the catalyst is usually solid in nature while oil and alcohol act as 

reactants. The oil and alcohol are two immiscible liquid phases. Heterogeneous catalysis is of 

very importance in the field of renewable fuel [11-12]. Heterogeneous catalysts used for bio-

diesel production are either solid base or acid catalysts. The former is mostly used for biodiesel 

synthesis because of its better performance and faster rate of reaction as compared to the 

latter [13]. Meanwhile, the heterogeneous acid catalyst is usually employed, when the feedstock 

is highly rich in free fatty acid and moisture [14]. 

Heterogeneous acid catalyst, however, requires elevated reaction time and alcohol to oil molar 

ratio to enhance the product yield and rate of reaction [13,15]. Nevertheless, heterogeneous 

catalyzed transesterification process is known for mass transfer (diffusion) limitation, because 

two different phases (liquid and solid) are involved, and this reduces the reaction rate [12,16]. 

Hillion et al. [15] had identified a way of overcoming diffusion limitation in heterogeneous 

catalysis. The authors suggested the use of catalytic materials which include promoter and 

support. These materials provide large specific surface area and pores for active components 

of the catalyst, thus enhancing methanol adsorption onto active sites. Aluminum oxide 

(alumina) had been recognized as the suitable promoter for the transesterification reaction 
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without catalyst loss. It has also been widely employed as catalyst support due to its thermal 

stability [17]. 

Taufiq-Yap et al. [18] investigated the transesterification of palm oil with methanol over 

NaOH/Al2O3 catalyst. The catalyst preparation was optimized, and 99% conversion of palm oil 

to fatty acid methyl esters was achieved under the favourable reaction conditions. More so, 

Hak-Joo et al. [19] investigated the performance of different alumina supported catalysts (Na/ 
γ-Al2O3, NaOH/γ-Al2O3, and Na/NaOH/γ-Al2O3) in the conversion of soybean oil to biodiesel. 

However, amongst the alumina supported catalysts, Na/NaOH/γ-Al2O3 showed good catalytic 

activity by providing highest biodiesel yield under optimum reaction conditions. Furthermore, 

Arzamendi et al. [20] compared the activity of raw and calcined NaOH/γ-Al2O3 in the trans-

esterification of sunflower oil to biodiesel. However, under the same optimum conditions, raw 

catalyst achieved nearly 100% conversion, while calcined catalyst provided 86% biodiesel 

yield. From the aforementioned studies, the results obtained indicate that alumina supported 

heterogeneous catalysts have good catalytic activity and could be employed for the industrial 

production of biodiesel. 

Many types of heterogeneous catalysts for biodiesel production have been reported ranging 

from the use of strong acid catalysts to strong base catalysts [21]. Findings have proven that 

rare earth metals are the most suitable heterogeneous catalyst in biodiesel production [22], 

but unfortunately, these catalysts are expensive, and their preparation is quite complex [23]. 

Therefore, to make biodiesel production sustainable, the use of low cost solid heterogeneous 

catalysts from waste and naturally occurring materials is suggested [24]. These are being 

investigated to replace the homogeneous catalysts and enzymes, and this research constitutes 

part of that investigation. These low-cost materials include chicken eggshell [25], Ostrich egg-

shell [26], Quail eggshell [27], Pomacea sp. shell [28], waste animal bone [29], solid waste coral 

fragment [30], alum [31], montmorillonite clay [32], modified- peanut husk ash [33] and many 

more. Most of these materials are cheap sources of calcium oxide (CaO) and other alkaline 

earth metal oxides and reduce the biodiesel production cost [7]. However, anthill which is sili-

ceous fire clay has not been explored as a catalyst for the production of biodiesel. Research 

has revealed that anthill contains a higher percentage of silica (SiO2), alumina (Al2O2) and iron 

oxide (Fe2O3) [34]. These metal oxides in anthill have high tendency to interact with CaO in 

eggshell after activation and form a new phase of more active mixed oxides with close interaction. 

3. Anthill 

Anthill is naturally occurring clay which can serve as a potential starting material for a 

catalyst in transesterification reaction process. According to Akinwekomi et al. [34], anthill sample 

contains several metal oxides in which some of them in their pure forms have been used as 

catalysts for biodiesel synthesis. An anthill is a form of siliceous or fire clay which is formed at 

the entrances of the subterranean dwelling of ant colonies [35]. An ant colony is an under-

ground chamber where ants live and are being built and maintained by worker ants. According 

to Paton et al. [36], an anthill is classified into two categories, namely, type I and type II 

anthills. Type I nest is less noticeable in the ant territory because it is small in size and shape 

as shown in Figure 1. However, they are characterized by waste deposition and are easily 

influenced by erosion [37-38]. By comparison, type II mound as shown in Figure 2, is huge, 

often sticks together, sometimes surrounded by vegetation and persists for many years [35]. 

Research has proven that anthill sample has large silica content, follow by alumina and it 

was also found that chemical compositions of those components contained in anthill samples 

from different locations vary. The chemical compositions of two different anthills from two 

different locations in West Africa are presented in Table 1. 

Anthill materials are important constituents of the landscape not only because they are 

readily available, but because of their industrial usefulness. For example, it has been used to 

make ceramic [35], cement, bricks and sand casting [39], refractories [34] and furnace [35]. More 

so, due to the presence of silica (SiO2), alumina (Al2O3), iron oxide (Fe2O3) and calcium oxide 

(CaO), anthill has potential ability to be employed as industrial heterogeneous catalyst. 
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Besides, it is readily available and environmentally benign. However, the potential application 

of anthill as a catalyst for biodiesel production is attributed to the presence of CaO, Al2O3, and 

SiO2 which can serve as an active ingredient, promoter and support, respectively. 

Table 1. Compositional analysis of anthill from two different locations [34-35]  

Constituent Chemical composition (%) 
  Biadan Ghana Anthill Akure Nigeria Anthill 

SiO2 68.70 58.83 
Al2O3 18.43 22.69 
Fe2O3 2.36 2.42 
MgO 0.44 0.84 
CaO 0.41 0.01 

Na2O 0.20 0.06 
K2O 1.60 2.10 
TiO2 1.30 0.72 

Others 5.56 12.33 

 

  

Figure 1. Type I Anthill Situated in Front of Owolabi 

Hall at Afe Babalola University, Ado-Ekiti, Nigeria 

Figure 2. Type II Anthill Located at Afe Babalola 

University, Ado Ekiti, Nigeria on an Elevation of 
1165 ft. above sea level, having latitude (N7o36. 

409) and longitude (E005o18.627) 

4. Chicken eggshell 

Chicken eggshells are parts of waste materials from hatcheries, poultry industries, homes, 

and eateries, which can be easily collected in large amount. Chicken eggs are consumable 

product worldwide because it is rich in amino acids, vitamin, and minerals [25]. In the past, 

egg consumption in Nigeria was primarily concentrated in the major urban areas. This is 

because people from urban areas are better informed about the nutritional value and the 

protein supply of eggs [40]. In addition, they earn a higher income than the average rural dwellers.  

Nowadays, series of awareness on the importance of egg consumption being created by 

Poultry Association of Nigeria (PAN) and Nutrition Society of Nigeria has made everyone knows 

the nutritional value of eggs. However, waste chicken eggshells constitute a solid waste 

disposal problem. Dry chicken eggshell contains nearly 94% of calcium carbonate (CaCO3) by 

mass, while remaining components are magnesium carbonate (MgCO3), calcium phosphate 

(CaPO4) and organic matter [41]. Roughly 40% of the poultry wastes are chicken eggshells 

which are generated as a result of broken eggs and incubation. However, the majority of these 

waste eggshells are disposed of without further and proper processing by taking to landfill at 

an exorbitant rate depending on where the landfill site is located [42]. Meanwhile, waste mana-

gement by landfill method attracts rodents or vermin which in turn spread diseases. Therefore, 

it is necessary to find a way of converting the waste chicken eggshells into some valueble 

products [42], as it would help in overcoming the high cost of waste management and 

environmental concerns. 
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Several techniques are now being adopted to transform the waste chicken eggshells into 

valuable items; giving financial benefits to competitive egg processing industries [42]. The 

various applications in which chicken eggshell could be used include adsorbent for contaminant 

removal from wastewater [41], stabilizing material for soil properties improvement [43], ink-jet 

printing paper [44], as a catalyst for lactulosec production from lactose [45], as an excipient for 

acetaminophen tablet production [42]. 

Waste bird eggshells have the great unrealized ability as solid heterogeneous catalysts for 

the synthesis of biodiesel [26]. Calcium trioxocarbonate (IV) constitutes the larger percentage 

in eggshells and when it is subjected to a thermal treatment; it decomposes into calcium oxide 

and carbon dioxide. The chemical composition of the thermally treated waste eggshell is shown 

in Table 2. However, research had proven that calcium oxide (CaO) based catalyst is most 

widely used catalytic material for the synthesis of fatty acid methyl esters [46-47]. This is 

attributed to the fact that it is cheap, readily available, low toxicity, slightly soluble in 

methanol, has the high basic strength and minimum environmental impact. Chicken eggshells 

as a source of CaO, in particular, had been widely reported in the literature. Meanwhile, CaO 

based catalysts do leach into the reaction media if they are not anchored by supporting 

particles [24]. This statement was corroborated by Umdu et al. [48], who found that supported 

CaO showed far more activity and stability than unsupported CaO. Therefore, the authors 

suggested the use of silica or alumina as a supporting particle, as the basic site density and 

basic strength which are the factors driving the catalytic activity, get improved [48]. In this 

present study, however, a possible way of synthesizing supported CaO base catalyst is 

proposed.   

Table 2. Percentage composition of calcined waste eggshell at 900oC (wt %) [49] 

Constituent CaO MgO P2O5 SO3 K2O SrO Cl Fe2O3 CuO Total 

Composition  97.42 1.63 0.52 0.26 0.08 0.05 0.02 0.01 0.01 100 

5. Composite anthill-eggshell as a supported catalyst 

Composite heterogeneous catalyst derived from an anthill and chicken eggshell can be 

regarded as a supported catalyst. This is because anthill is made up of several metal oxides 

(Table 1) in which some of these oxides have been used as supports for the solid catalysts [10], 

besides there is little amount of K, Ca, Mg and Na oxides contained in anthill which have been 

regarded as super basicity and active species of supported catalysts for biodiesel production [16]. 

According to Sun et al. [50], apart from the specific surface area and pore volume of the cata-

lyst, surface basicity remains the main determinant of catalyst activity. This indicates that anthills 

could serve as no cost source of super basicity and their supports; same could be said of the 

waste eggshells. Waste eggshells of chicken were found to be 94% calcium carbonate, 1% 

magnesium carbonate, 1% calcium phosphate (Ca3(PO4)2) and 4% organic matter [51]. It is, 

therefore, possible to synthesis from eggshell an active phase of composite anthill-eggshell 

catalyst due to the high CaCO3 composition, the intrinsic pore structure, and its availability in 

large amount. The successful experiments on the use of waste bird eggshells as cheap sources 

of CaO for use as low cost solid based catalysts has been reported [25, 46-47, 52-53].  

However, when anthill is properly mixed with eggshell in best proportion and well prepared 

under favourable conditions, the composition of CaO would increase. The presence of the 

compounds which serve as an active ingredient, support, and promoter for the catalyst 

justifies the usage of mixed anthill-eggshell for biodiesel production, besides CaO and Al2O3 

serve as basic and acidic components which make the catalyst to act like dual sites type. 

Furthermore, a sample containing CaO supported on high surface area materials is regarded 

as a most active catalyst, besides it minimizes problems of lixiviation. In contrast, non-suppor-

ted CaO suffers from this disadvantage [54]. 
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6. Preparation of composite anthill-eggshell catalyst  

Its preparation is aimed to attach the active phase present in eggshell onto the support 

particles contained in anthill powder. Several catalyst preparation techniques such as impreg-

nation, sol-gel, precipitation, just to mention but a few, had been described in the literature [55]. 

Some of these techniques have their own advantages and disadvantages [56]. In preparing 

supported catalysts, impregnation or precipitation technique is usually employed [57-58]. 

According to Rojas [58], impregnation is related to ion-exchange or adsorption process, and 

the interaction with support is prevalent. This method had been widely employed by a lot of 

researchers to prepare supported heterogeneous catalysts for biodiesel production. Lithium 

(Li) was impregnated on CaO to catalyze transesterification of high FFA content oil, and its 

activity was not significantly altered by the vegetable oil containing more than 3 wt. % FFA [59]. 

More so, Sirichai et al. [60] impregnated ZnO with an aqueous solution of Ca(NO3)2.4H2O. After 

pretreatment and calcination steps, CaO-ZnO was liberated and used for transesterification 

process. Impregnation technique is a simple and commonly used procedure for dispersing 

active phase over the desired support. Furthermore, it allows rapid deposition of high metal 

loading [56]. Its disadvantage is that it does not allow uniform deposition of active phase along 

the pores of the support [61]. 

Precipitation technique involves the use of the precipitating agent in order to obtain a solid 

material in a porous form. Sirichai et al. [60] made use of Na2CO3 as a precipitant to prepare 

CaO-ZnO catalyst using co-precipitation method and used it to speed up the rate of transeste-

rification reaction between palm oil and methanol. Ammonia solution had also been used as a 

precipitant for the preparation of CaO-ZrO2 catalyst using co-precipitation technique [62]. 

Furthermore, a mixture of Na2CO3 and NaOH was used as precipitants to prepare nanometer 

magnetic solid base catalysts by dispersing CaO on Fe3O4 [63]. Meanwhile, the use of single 

precipitant to precipitate metal ion in solution is not as effective as multi precipitants [64]. The 

authors proposed triple precipitants that are ammonia solution, carbon dioxide, and ethanol 

which are base precipitant, acid precipitant, and neutral precipitant respectively. This novel 

method was applied by same authors to prepare CaO–La2O3 and compare with those prepared 

by impregnation, physical mixing and co-precipitation techniques. The authors observed that 

there were synergies among the precipitants which provided a better specific BET surface area 

and a high catalytic activity during biodiesel production.  

Based on a preliminary experiment carried out and available literature [60, 65-66], the 

impregnation by incipient wetness condition was found to be the appropriate and best 

technique to prepare mixed anthill-eggshell catalyst.  This is because it is simple and can also 

be employed to prepare catalyst industrially the same way it is prepared in the laboratory [56]. 

More so, apart from being a good and precise method, it is the only method that can be applied 

to high porous silica where the other methods fail [61]. In preparing mixed anthill-eggshell 

catalyst by incipient wetness impregnation method, the anthill and eggshell powders have to 

be mixed in best proportion in such a way that eggshell would constitute larger percentage 

because the component that will serve as active phase (CaO) is contained in eggshell while 

supporting particles are present in an anthill. However, the pretreatment steps which include 

mixing solution or solid, aging, solid-liquid separation and drying have to be carefully and 

thoroughly carried out so as to obtain homogenize solid mixture at least [58]. More so, 

calcination which is the final stage during supported catalyst preparation has to be carried out 

at a very high temperature. Thermal treatment of dried mixed anthill-eggshell catalyst at high 

temperature would lead to complete removal of adsorbed gases such as CO2, SO2, and 

moisture and change the components into a new phase of more active mixed metal oxides 

with close interaction [10]. Therefore, thermogravimetric analysis/differential thermal analysis 

(TGA/DTA) is recommended to determine the thermal stability of the catalyst and also identify 

various chemical reactions that occur during the thermal treatment process. 
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7. Characterization of the heterogeneous catalyst    

Generally, characterization of the catalyst is necessary so as to gain insight into its physical 

and chemical compositions. It also helps in correlating catalyst properties to its performance. 

Thus, different properties of the as-synthesized catalyst can be determined by the following 

characterization techniques: 

8. Determination of physical properties of the catalyst  

Catalytic material usually passes through series of stages during preparation, and each of 

these stages has an influence on its activity, basic strength, and structural stability. To 

ascertain the effect of these factors, it is pertinent to deduce the physical properties of the as-

synthesized catalyst before subjecting it to activity test. However, these properties are often 

determined using Brunauer-Emmett-Teller (BET) method. This characterization technique helps 

in determining the distribution properties of the as-synthesized catalyst which include specific 

surface area, pore size, and pore volume.  

The specific surface area is often evaluated by an automatic micrometric surface area 

machine based on N2 adsorption and desorption isotherms at 77 K. It is required that the 

samples should be degassed in a vacuum and at elevated temperature in order to expose the 

pores and surface of the catalyst. The specific surface area is then calculated based on BET model 

and also use Barrett-Joyner-Halenda (BJH) method to obtain the pore size distribution. Many 

researchers had correlated surface area of heterogeneous catalyst to catalytic activity [26, 67-68].  

Olutoye et al. [68] prepared four different samples of Bi-ZnO catalyst by co-precipitation 

method by varying ratio of Bi:Zn from 1:49 to 4:.49. After the determination of textural pro-

perties comprising of surface area, total pore volume and average pore diameter, the sample 

with the ratio 2:49 of bismuth loading on zinc has better textural properties with BET surface 

area of 30.76 m2/g, and it was chosen amongst all other catalysts prepared for transeste-

rification process. This indicates that surface area is a function of catalyst activity.  

This statement was also corroborated by Lopez et al. [69] who compared the catalytic acti-

vity of two different superacid catalysts (sulfated zirconia and tungstated zirconia) in methano-

lysis process. Sulfated zirconia exhibited good performance as a result of higher BET surface 

area (134 m2/g) as compared to tungstated zirconia which has BET surface area of 89 m2/g. 

It is therefore recommended that the preparation condition of a mixed anthill–eggshell catalyst 

should be optimized in order to identify the optimum conditions that will provide a catalyst 

with better textural properties.  

Furthermore, Tan et al. [26] developed CaO based heterogeneous catalysts from ostrich and 

chicken eggshells and determined their BET surface areas to be 71.0 m3/g and 54.6 m3/g, 

respectively. The FAME contents provided by ostrich and chicken eggshells catalyst were 96% 

and 94%, respectively. High biodiesel yield obtained was as a result of large surface area 

possessed by those two synthesized catalysts. However, the higher biodiesel yield provided 

by calcined ostrich eggshell catalyst was as a result of more active sites present on its surface 

which allowed better interaction between the CaO-based material and the methanol in the 

reaction mixture. This is attributed to better textural properties and strong basicity which are 

possessed by calcined ostrich eggshell compared to that of calcined chicken eggshell [26]. 

9. Determination of basicity of the catalyst    

It is well known that not all catalyst sites participate in transesterification reaction, those 

that take part in it are referred to as base sites, and they are usually active centers for 

transesterification [2]. However, the activity of the solid base catalyst is normally evaluated 

based on its base strength and basicity. Basicity is defined as the number of exposed basic 

sites per unit weight of catalyst sample. It is linearly related to catalyst surface area [20].  

The basic site of solid base catalyst usually alkaline earth metal oxides is oxygen which 

behaves as proton acceptor [70]. Sun et al. [50] in their work investigated the correlation 

between activity and surface basicity of La2O3/ZrO2 catalyst and the authors concluded that 

catalytic activity displayed a linear relationship with the basicity towards FAME synthesis, 
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which indicates that high biodiesel yield could be achieved when the basic strength is stronger. 

However, the high yield in activity observed for the La2O3/ZrO2 catalyst was due to the 

presence of ZrO2 which is amphoteric in nature and makes the catalyst to act like dual site 

type. Therefore, owing to the presence of supports such as SiO2 and Al2O3 in an anthill, it is 

expected that mixed anthill-eggshell catalyst would exhibit dual sites (acidic and basic centers) 

behaviour. 

The basicity of solid catalyst could be determined by different methods such as Hammett 

indicator and temperature-programmed desorption (TPD) methods. However, the simplest 

among the aforementioned methods is the indicator method, according to this method, the 

colour of acid-base indictors are changed based on the strength of the surface site of the 

catalysts [70]. The catalyst basic strength is expressed by Hammett function (H) suggested by 

Paul and Long [71]. When Hammett function (H) of a heterogeneous solid base catalyst is more 

than 26, such catalyst is referred to as super solid base [2, 71]. Meanwhile, evaluation of basicity 

via indicator method is always accompanied by the interference of indicators reaction which 

is not related to acid-base chemistry. Besides, the evidence of reaction is many times provided 

by a colour change, which may not give an accurate result and also, selective in term of 

catalyst required [70].  

Temperature programmed desorption (TPD) had also been employed by many researchers 

to measure catalyst basicity and also, evaluate the various number of sites on it. During a TPD 

operation, the elevated temperature is required in order to desorb strongly bound probes 

adsorbates. Besides, it is carried out under the same operating conditions so as to compare 

samples that are involved [70]. Temperature programmed desorption (TPD) technique is of 

three kinds namely; CO2-TPD, H2-TPD, and pyrole-TPD. However, temperature programmed 

of carbon dioxide (CO2-TPD) is widely used for probing of basic materials. For instance, super 

solid base catalysts synthesized from birds’ (chicken and ostrich) eggshells have been 

analyzed using TPD of CO2. The two catalysts exhibited same desorption behaviour, that is, 

desorption peak at approximately 600oC. This peak value obtained herein is attributed to CO2 

interaction with strong basic sites. Generally, peak desorption of CO2 occurs at an elevated 

temperature as revealed in the case of catalyst synthesized from ostrich eggshell which 

provided basicity of 595 µmol/g compared to that of catalyst from chicken eggshell which was 

calculated as 205 µmol/g. However, the higher basic amount of 595 µmol/g obtained for 

calcined ostrich eggshell catalyst indicated that the more surface area available for CO2 

desorption was as a result of higher surface area possessed by the catalyst. Thus, the results 

suggested that the surface basicity was the reason for the high yield in activity observed for 

the catalyst derived from ostrich eggshell [26].   

Furthermore, H2-TPD had been used majorly to characterize such catalysts prepared from 
γ-alumina supported bimetallic precursors or monometallic precursors. Sirichai et al. [60] had 

successfully used temperature programmed desorption of hydrogen spectroscopy to evaluate 

the surface basicity and a number of sites found on CaO-ZnO catalyst. Based on the results 

obtained from H2-TPD analysis, the authors suggested that the interaction between Ca and Zn 

at the favourable atomic mixing ratio has great influence on the catalytic activity. Also, the 

particle size of CaO is identified as one of the crucial factors that determine CaO-ZnO activity. 

10. Chemical properties of the catalyst 

These properties include composition, structure, and morphology. In catalytic reaction, these 

properties of the solid catalyst could be significantly altered with repeated experimental runs. 

The activity, stability and basic strength of the catalyst may change owing to enhanced metal 

support interactions, the prepared orientation of the active species, accessibility hindrance of 

the active component and particle size and shape transformation by agglomeration [56]. 

Consequently, the characterization of chemical properties of the supported catalyst helps to 

gain insights into the reaction mechanisms encountered in a transesterification process. The 

heterogeneous catalyst produced could be characterized by its chemical composition using the 

X-Ray Fluorescence (XRF) or Energy Dispersive X-ray (EDX) machines. The morphologic and 
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crystallographic structure of the catalyst could be examined using X-Ray Diffraction (XRD), 

Scanning Electron Microscope (SEM), and Transmission Electron Microscope (TEM) machine 

while the surface functional groups will be determined by the Fourier Transform Infrared 

(FTIR) machine. 

11. Future research plan 

The promotion of anthill-eggshell by mixed metal oxides has great fulfillment for biodiesel 

production from low grade feedstock. As discussed in the literature, the activity of bird egg-

shells increases with the impregnation of natural material or biomass on them [65-66]. Likewise, 

modification of eggshell with mixed metal oxide would also improve its performance. Most of 

the stearate metals (Ca, Ba, Mg, Zn, Co, Ni, Mn, Cd, and Pb) are divalent, and they tend to 

act as electron-acceptor via formation of a four-membered ring transition state [8, 72-74]. A 

maximum yield of biodiesel (96%) was reported by Di Serio et al. [8] during transesterification 

of soybean oil with methanol over different stearate metal oxides. Although, both anthill and 

eggshell do transform into several metal oxides after thermal treatment at elevated tempe-

rature, only two stearate metals (calcium and a small amount of magnesium) are present in those 

catalytic materials.   

However, further research is required to get abundant results in using the anthill-eggshell 

promoted stearate metal oxides catalyst in biodiesel production. Another research which 

requires urgent attention involves mixed anthill clay (natural occurring item) and eggshell 

(waste) and its modifications for successful direct conversion of low-grade feedstock such as 

waste frying oil and other non-edible oils into FAME by one step transesterification method. 

Present two-step transesterification technique for producing biodiesel from high free fatty acid 

(FFA) feedstock still not guarantee 100% conversion of triglyceride and complete removal of 

fatty acid. Currently, research has not been geared towards this direction. But the gathered 

research findings had shown that the use of modified composite material like mixed anthill-

eggshell materials and its modification as a heterogeneous catalyst for high FAME content 

yield is realistic [75-76]. 

12. Conclusion 

Research nowadays has shown that application of supported heterogeneous catalysts 

derived from biomass source has unrealized potential to avoid the use of expensive comer-

cial rare earth metal oxides in biodiesel production. Transformation of waste eggshell and 

anthill soil to calcium oxide (active phase) and other metal oxides which are to serve as cata-

lyst support and promoter may solve the problem of environmental degradation and also 

reduce the production cost. The mixed anthill-eggshell catalyst is considered as biomass deri-

ved catalyst which is formed from abandoned materials. However, the thermally treated mixed 

anthill-eggshell might have the great potential to curb leaching of catalyst active species into 

the reaction media. 

Composite anthill-eggshell is a heterogeneous base catalyst which is expected to be tolerant 

of high free fatty acid vegetable oil and moisture. However, optimization of catalyst prepara-

tion condition is necessary in order to obtain best preparation parameters that will give a cata-

lyst with good activity for transesterification reaction and thus, should be improved and tested 

its performance with various oil types. 
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Abstract 

In this study, the solid package of Aspen plus is applied for simulating and optimizing temperatures of 
Claus convertors in an industrial scale sulfur recovery unit (SRU). At first, to prove the accuracy of the 

simulator developed for the target SRU, H2S conversion and rate of sulfur production which are 
calculated by Aspen plus, are compared with design data. It is observed that Aspen plus can predict 
the total H2S conversion of the process with the absolute average deviation (AAD%) of 1.59% at the 
average reaction temperature. Moreover, the total sulfur production rate of the plant can be simulated 
with the AAD% of 10.22%. From these results, it is concluded that the simulator is reliable to be 
applied for optimizing temperatures of Claus convertors in the target process. After performing the 
sensitivity analysis, it is shown that by decreasing the average temperatures of 2nd and 3rd convertors 

from 213.9°C and 199°C to 205°C and 190°C, respectively, the H2S conversion increases about 1.2% 
which is significant to decrease the emission of this harmful compound. 

Keywords: Claus process; Simulation; Aspen plus; Optimization; Sulfur. 

 

1. Introduction 

Hydrogen sulfide (H2S) is a toxic gas, and it is so harmful to live issues; therefore, its present 

in the exhaust gas of oil and gas refineries are under strict environmental regulations. The 

modified sulfur recovery unit (SRU) is favorably used to transform H2S into elemental sulfur [1-3]. 

This product is an extremely useful element, and its largest application is for the manufacture 

of fertilizers with other principal users including rubber industries, cosmetics, and pharma-

ceuticals [4]. Consequently, SRU is momentous from economic and environmental aspects.  

Respect to the simulation of a catalytic section of the modified Claus process, there are 

scarce studies reported in the literature. Asadi et al. [5] have studied the effect of H2S concen-

tration on the reaction furnace temperature and sulfur recovery. First, the simulation of Claus 

process was considered using a process simulator called TSWEET, and then the effect of H2S 

concentration and H2S/CO2 ratio in three different concentrations of oxygen (in input air into 

the unit) on the main burner temperature and sulfur recovery were studied and compared. 

Also, in this paper, it was shown that recovery rate of sulfur increases up to a maximum value, 

and then decreased as H2S concentration and H2S/CO2 ratio (in all three concentrations of 

oxygen) increased. In the other work, Pahlavan et al. [6] simulated the reaction furnace of a 

Claus process using a kinetic based model. The predicted outlet temperature and concen-

trations by this model were compared with experimental data published in the literature, and 

also data obtained by PROMAX V2.0 simulator. The results demonstrated that the accuracy of 

the proposed kinetic model and its simulator were almost similar. Nabgan et al. [7] proposed 

a simulation for a Claus process plant via Aspen HYSYS V8.8 simulator. In this study, it was 

shown that only factors which could affect the conversion of H2S were the feed composition 

and its molar flow rate. Eghbal Ahmadi [8] simulated the Claus process based on simultaneous 

data reconciliation and parameter estimation. The Claus process was characterized by several 
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problems for predicting the behavior of the reactors. In this paper, industrial plant was 

simulated using Hysys software based on simultaneous data reconciliation and parameter esti-

mation using a Genetic algorithm (GA). Analysis of the results proved that the standard deviation 

of the reconciled data was reasonably reduced comparing with their raw measured values. 

Accordingly, measuring errors caused by various unfavorable problems in the plant such as 

instrumentation inaccuracy were reduced. Having developed simulation model with accurate 

values of process variables, the behavior of the plant was precisely monitored. Moreover, the 

developed simulation model could be used for process optimization and control purposes. 

In the present study, the capability of Aspen plus to simulate the conversion of H2S and 

carbon-sulfur compounds are studied. The results are validated versus the design data 

provided by the licensor of the target SRU. After validating the simulation, the temperature of 

the catalytic Claus reactors are optimized, and the effect of the recommended operating 

conditions on the conversion of H2S is reported. Due to the importance of the SRU from the 

environmental view point, this research and the proposed methodology can be significant. 

2. Process description 

Sour Gas is routed through the sour gas separator D-101 to heat exchanger E-101. A sche-

matic process flow diagram of Claus process unit is shown in Figure 1. 
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Figure 1. Process flow diagram of Claus process unit 
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If water precipitates in D-101, it will be routed to the slop drum by means of the sour water 

pump. The central muffle is used to combust fuel gas for heating purposes during start-up, 

shutdown or low-load. The size of the combustion chamber H-101 is selected so as to 

approximately reach the thermodynamic equilibrium in the off gases from the central muffle 

and the H2S-burners. Many chemical reactions taking place in the combustion chamber H-101 

transform part of the H2S into sulfur vapor. 

Directly connected to the combustion chamber, H-101 is the Claus process gas cooler B-

101 with the steam drum, which serves to cool the process gas from about 1009°C to about 

250°C and precipitate part of the sulfur vapor. To control the gas temperature to the first 

Claus reactor R-101, part of the process gas is sent directly through Claus process gas cooler 

B-101 via a central pipe to a Claus mixing valve, which mixes the cooled gas with the hot gas. 

After leaving the Claus mixing valve, the process gas is routed to the first Claus reactor R-101. 

Here the sulfur components are further converted into elemental sulfur over a catalytic bed. 

The extent of conversion depends on prevailing temperature in this reactor. The reactor has 

an outlet temperature of approximately 325°C. After leaving the first Claus reactor R-101, the 

process gas enters the first sulfur condenser E-101 with the steam drum, which serves to cool 

the process gas to about 175°C and precipitates part of the sulfur vapor. The gas leaving the 

first sulfur condenser E-101 has to be heated to the inlet temperature of the second Claus 

reactor (205°C). In the second Claus reactor, R-102 converts the remaining sulfur compounds 

to elemental sulfur. The process gas leaves the second Claus reactor with a temperature of 

approximately 229°C and is cooled to about 130°C in the downstream second sulfur condenser 

E-105 to precipitate most of the sulfur vapor. Before the process gas is routed to the section 

for further treatment, it passes the sulfur separator D-105 where entrained liquid sulfur is 

separated from the gas stream.  

3. Simulation methodology 

3.1. Feed specifications 

The specifications of the feed introduced to the first reactor of the target SRU unit are pre-

sented in Table 1. 

Table 1. Specifications of the feed entered into the first catalytic reactor 

 Value  Value 

Mole flow (kmol/h) 1.77 Pressure (bara) 1.38 
Temperature (°C) 250   

Composition (mol%) 
H2S 3.61 CO 1.77 
SO2 2.86 CO2 24.30 
H2O 25.24 H2 1.03 
COS 1.91 N2 38.97 

CS2 0.17 S5 to S8   0.13 

The feed of the catalytic bed and also produced sulfur exited from the SRU convertors 

mostly included sulfur with 8 atoms (Octa-sulfur, the common allotrope of sulfur). Therefore, 

to simplify the simulation, all allotrope of sulfur (i.e., S2 to S8) is lumped as the S8 compound. 

3.2. Simulation of SRU convertors 

Aspen Plus (Aspen Tech, V7.2) can simulate the process in which solids are produced, or 

they should be handled. In this simulator, a wide range of unit operation models are provided 

for solid operations. In this study, to simulate catalytic reactors of SRU process, REquil model 

which is available in the model library of the Aspen Plus is applied. REquil models reactors 

when reactions meet the equilibrium. This module can calculate single phase chemical 

equilibrium, or simultaneous phase and chemical equilibria. Moreover, REquil is capable of 

calculating equilibrium by solving stoichiometric chemical and equilibrium state equations. To 

do this task, it is assumed that the following equations are carried out in the SRU convertors: 
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OHSSOSH 2822
16

3

2

1


  
                 (1) 

SHCOOHCS 2222 22                     (2) 

2822
8

3
COSSOCS 

   
                  (3)  

222 COSHOHCOS                     (4)  

8𝐻2𝑆𝑆8 + 8𝐻2                      (5)  

Since properties of sulfur and other phases cannot be estimated with the same type of 

models, produced sulfur is distributed over the other sub stream, and its properties are 

calculated by using Solid package. Additionally, the S8 product exited from each catalytic 

reactor is separated from the other components using a component separator (Sep module). 

4. Results and discussions 

4.1. Validation of SRU simulation 

Based on the design data and the described methodology, the target sulfur recovery facility 

was simulated in the Aspen plus (see Fig.2).  

 

Figure 2. Process flowsheet for simulating SRU catalytic convertors in Aspen plus  

The absolute average deviation (AAD%) of simulated data against the design data for total 

H2S, CS2, and COS conversions are shown in Table 2. These data confirm that the flowsheet 

simulation developed in Aspen plus for the target Claus process can satisfactorily calculate the 

main output variables of the process and it can be used for analyzing this process. As obser-

ved, such as the total conversions, Aspen model can appreciably predict these output variables 

with acceptable accuracy. 

Table 2 Comparison of simulation results and design data for H2S, COS, and CS2 conversion 

Conversion Design Simulation AAD% 

H2S (mol%) 93.94 92.44 1.59 

COS (mol%) 94.8 99.99 5.48 

CS2 (mol%) 90.2 100.00 10.86 
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To have a better justification, comparisons between the simulated sulfur production versus 

design data are illustrated Figure 3. As observed, such as the total conversions, Aspen model 

can appreciably predict these output variables with an acceptable accuracy. 

 

Figure 3. Comparison of simulation results and design data for sulfur production 

4.2. Sensitivity analysis for SRU simulation 

After validating the SRU simulator, the sensitivity analysis of the H2S conversion to average 

bed temperature for 1st, 2nd, and 3rd catalytic convertors are presented in Figs 4 to 6, 

respectively. As seen from these figures, by increasing the average temperature of beds, the 

H2S conversion decreases sharply. This phenomenon is expectable due to the exothermic 

nature of the Claus reactions; therefore, a cooler and condenser is provided between catalytic 

beds for decreasing the temperature and also removing the produced sulfur from the gas 

stream. If the partial pressure of sulfur increases through the catalytic beds, pore plugging 

due to the capillary condensation of sulfur will happen; consequently, the catalyst will be 

deactivated fast. Sulfur molecules formed during the Claus reactions can plug pores of catalyst 

even at a temperature higher than sulfur dew point temperature. 

 
Figure 4. Total conversion of H2S as a function of average temperature in the 1st catalytic convertor 
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Figure 5. Total conversion of H2S as a function of average temperature in the 2nd catalytic convertor 

It should be noted that the first convertor is more sensitive to the temperature because of 

the high partial pressure of H2S, and also higher operating temperature. In the 1st catalytic 

reactor, a layer of promoted pure titanium oxide (titania or TiO2) sulfur recovery catalyst after 

the first layer (activated alumina catalyst) is provided. This catalytic bed is considered for total 

hydrolysis of COS and CS2 compounds which their corresponding reactions promote at a 

temperature higher than 280°C, preferably 300°C.  

 

Figure 6. Total conversion of H2S as a function of average temperature in the 3rd catalytic convertor 

4.3. Optimizing temperatures of SRU catalytic reactors 

For determining optimum operating conditions, it is recommended that the average 

temperatures of the 2nd and 3rd convertor can be meticulously decreased. Therefore, by redu-

cing these temperatures, higher H2S conversion and lower emission can be expected. Due to 

the importance of the hydrolysis reactions carried out in the second catalytic layer of the 1st 

reactor (as described before), the average temperature of the first convertor is not included 

in the optimization program.  

If the target SRU currently operates at average bed temperatures of 214°C and 199°C, 

respectively, these temperatures can be slightly reduced. In Figure 7, variations of H2S conver-

sion versus temperature reduction in average bed temperature of 2nd and 3rd reactors are 

depicted. As seen, up to 2°C temperature reduction, no significant total H2S conversion of the 

plant has been observed. After this point, for each degree centigrade reduction in bed tempe-
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ratures, about 0.1 mol% increase in the H2S conversion is expected. If the temperature can 

be reduced to 205°C and 190°C for 2nd and 3rd convertors, respectively, about 1% in H2S 

conversion is accessible which is equal to 4% decrease in the H2S emission. 

 

Figure 7. Variations in the total conversion of H2S vs. temperature reduction of the 2nd and 3rd 
convertors  

5. Conclusions 

In this present research, it was demonstrated that Equilibrium reactor (REQUIL) and solid 

package provided in Aspen plus simulator could be successfully used to simulate Claus 

convertors of an SRU. In this industrial scale plant, three catalytic reactors were provided to 

convert H2S and carbon sulfide compounds (i.e., COS and CS2) to the sulfur (mainly 8-atomic). 

It was concluded that Aspen plus could calculate the H2S conversion of the 1st, 2nd and 3rd 

catalytic reactors with the accuracy of 22.19%, 0.59%, and 1.59%, respectively. The higher 

deviation of the simulation for the first reactor was mainly due to the multi-layers of alumina 

and titania catalyst loaded in that for converting H2S and hydrolysis of carbon sulfur 

compounds and, simultaneously. Additionally, based on the designed operating conditions, 

the rate of the sulfur product calculated by Aspen plus was 12.84 ton/h closed to the design 

value which was supposed to be 14.3 ton/h.  

After validating the SRU simulator, results confirmed that 5°C decrement in the average 

temperatures of the 2nd and 3rd converters could increase the total conversion of H2S from 

92.67 mol% to 93.21 mol% due to the exothermic nature of the Claus reactions. Because the 

1st reactor was designed to hydrolysis COS and CS2, and these reactions were substantially 

promoted at a temperature higher than 300°C, decreasing the temperature of this convertor 

was not recommended.  
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Abstract 

The challenges associated with natural gas Pipeline flow assurance is an increasingly important issue 
as the world supply for natural gas expands, and is expected to rise more strongly to match the global 

demand for a cleaner energy. Flow assurance challenges in pipelines include hydrate formation, 

paraffin wax deposition, asphaltene deposition, sand deposits, black powder, and on the wall of 
pipelines, all of which obstruct the flow of well fluids and associated produced hydrocarbons. This study 

addressed these flow assurance concerns from a technical view by quantifying the threats and 

establishing appropriate mitigation schemes, leading to designed solutions and operational procedures. 
Modeling and simulation approach was adopted to achieve the overall aim. The simulation software 

tools PVTsim and OLGA were used for both steady state and dynamic states. The phase envelope 

investigation indicates that the cricondentherm within the constraint of the delivery temperature. The 
slugging analysis, indicates that hydrodynamic slugging will not be predominant for the pipeline 

operations at the design flow rate of 30MMscfd along Alakiri – Obigbo, and at 70MMscfd along the 

Obigbo Tie-in - Intermediate scrap station; as the flow regimes are mainly stratified for both pipeline 
systems. From the hydrate analysis investigated, after a shutdown period (no-touch time); hydrate 

threat is envisaged during the shutdown period of the Intermediate scraper trap – ALSCON along 

pipeline system, since the temperature drops to the hydrate formation temperature. 

Keywords: Flow Assurance; Pipeline; Natural Gas; Modeling. 

 

1. Introduction 

Global energy demand has rapidly increased as a result of increase in population and 
industrialization, with oil and natural gas constituting over 65% of the primary sources. Mea-
sured in financial indicators, 90% of chemical products in industrially developed countries are 
from organic sources whose 98% production are based on oil and natural gas as basic organic 
chemical feeds [1]. Since petroleum as an energy source is non-renewable, the crude reserves 

are fast declining due to long period of utilization while the global focus is now shifting towards 
natural gas as the major source of energy due to its abundance availability, economic viability 
and environmental friendliness. The increasing use of natural gas as a primary fuel source has 
led to its greater production and exportation in gaseous and liquid (Liquefied Natural Gas 
(LNG) forms from many countries that hold sufficient reserves. This has equally increased the 

global transboundary pipeline networks with minimal considerations to the impacts of its 
failure it could have on the environment [2]. Natural gas is a combustible gaseous mixture of 
light hydrocarbon compounds and other components. Its main components are methane (CH4) 
and other non-reactive hydrocarbons in gaseous state at ambient temperature and 
atmospheric pressure. The gas with low energy density is either found in association with 

crude oil (either dissolved at high temperature and pressure or as gas cap in the same reser-
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voir) or as a non-associated gas. This origin of formation, coupled with type, location of 
deposit, geological structure of the region and other factors determine its composition. The 
gas is colorless and odorless in its pure state and when burnt, it gives off a great deal of 
energy with low level of pollutants compared with other fossil fuels [2]. 

The oil industry is currently working under completely different circumstances than thirty 

years ago. The oil companies have a desire to develop marginal fields far from land, and at 
other nodes at greater water depths than before. Oil recovery can now be accomplished down 
to 9,843ft of water depth. At such extreme depths, the seawater is cold, which inc reases the 
risk of hydrate formation in pipelines [3]. Flow assurance challenges in pipelines include hydra-
te formation, paraffin wax deposition, asphaltene deposition, sand deposits, black powder, 

and on the wall of pipelines, all of which obstruct the f low of well fluids and associated 
produced hydrocarbons. Oil and gas pipeline flow assurance technology puts forward flow 
assurance measures through predicting the flow variation of oil and gas in the pipeline and 
evaluating the flow safety. 

Flow assurance refers to ensuring successful and economical flow of hydrocarbon stream 
from reservoir to the point of sale and is closely linked to multiphase flow technology. Flow 

assurance developed because traditional approaches are inappropriate for deepwater production 
due to extreme distances, depths, temperatures or economic constraints. While flowing 
through a long pipeline, it is important to take an account of viscosity, acidity and salt content 
for field operations. All these factors can affect pipeline capacity. The process of ensuring a 
constant flow of oil despite different issues which can cause flow obstacles is known as flow 

assurance. Although flow assurance consists of a spectrum of issues, four main issues are: 
corrosion, salts, asphaltenes and waxes [4].  

The challenges associated with natural gas pipeline flow assurance is an increasingly 
important issue as the world supply for natural gas expands, and is expected to rise more 
strongly to match the global demand for a cleaner energy. This study was tailored towards 

addressing these flow assurance concerns from a technical view by quantifying the threats 
and establishing appropriate mitigation schemes that will lead to designing solutions and 
operational procedures. 

2. Flow assurance brief background 

During flow through pipeline, wax may be deposited on pipe walls. A thermal gradient 

between the outside ambient conditions and the internal oil flow must exist for flow deposition. 
The internal wall temperature due to the gradient must be below the initial wax appearance 
temperature. In addition, internal shear forces in the flow must be low enough to allow crystal 
growth. Wax deposits, can grow and restrict flow. While it is rare for deposition to completely 
shut down a pipeline, the loss in production capacity is a major concern during waxy crude oil 

transportation through pipelines. Flow assurance is an important area for multiphase flow of 
oil, gas and water to minimize financial loss for the petroleum industry [5]. 

The term flow assurance was first used by Petrobras in the early 1990s in Portuguese as 
Garantia do Escoamento (pt::Garantia do Escoamento), meaning literally “Guarantee of Flow”, 
or Flow Assurance. Flow assurance is extremely diverse, encompassing many discrete and 
specialized subjects and embrace all kinds of engineering disciplines. Besides network 

modeling and transient multiphase simulation, flow assurance involves handling many solid 
deposits, such as, gas hydrates, asphaltene, wax, scale, and naphthenates. Flow assurance is 
a most critical task during deep water energy production because of the high pressures and 
low temperature involved. The financial loss from production interruption or asset damage 
due to flow assurance mishap can be astronomical.  

What compounds the flow assurance task even further is that these solid deposits can 
interact with each other and can cause blockage formation in pipelines and result in flow 
assurance failure. Flow assurance is applied during all stages of system selection, detailed 
design, surveillance, troubleshooting operation problems, increased recovery in late life etc., 
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to the petroleum flow path (well tubing, subsea equipment, flowlines, initial processing and 
export lines). 

The gas is located thousands of meters below the earth surface with the fluid‘s pressure in 
the pores of the rocks ranging between 10MPa/km while in hydrostatic regime (only supporting 
the weight of the overlying fluid column) to 25MPa/km in geostatic regime (supporting all or 

part of the weight of the rock column) [6]. Various transportation options of natural gas from 
off-take include long pipelines transport, methanol, Liquefied Natural Gas (LNG) and 
compressed natural gas (CNG) of pressure between 3000 and 3600 psi [7]. From these options, 
only long pipelines and LNG are in common use. The unit cost of pipeline option is clearly 
superior to that of LNG due to the required high cost of refrigeration and liquefaction of boiled-

off liquids and the high risk of over-pressurization for LNG. Pipelines are mainly divided into 
gas and oil pipelines depending on the nature of the cargo conveyed. Main components of a 
pipeline network are operational areas and the pipeline segments. Operational areas may be 
distribution centers, ports or refineries and are connected by pipeline segments. Gas and liquid 
hydrocarbon pipelines are essentially similar with the greatest operational difference resulting 
from the varying needs of transporting gas versus liquid. Oil pipelines require pumps to propel 

the liquid contents while gas lines rely on compressors to force the resource through the pipes. 
From field processing facilities, the dried, cleaned natural gas enters the gas transmission 

pipeline system, analogous to the oil trunk line system [8]. Gas pipelines are usually buried 
underground about 3-7ft in lands or rights-of-way acquired by, or granted to the pipeline 
company. Whenever burying the pipe becomes less convenient, the strategy is to place the 

pipeline 5-6ft above the ground (under strict specifications to withstand environmental 
conditions) in order to allow for wildlife or any other factor that might damage the pipe. Surely, 
without pipeline we would not be able to satisfy the huge oil and gas demand of our planet. 
Pipelines have provided economic, reliable means to transport oil and natural gas from 
upstream production, often very remote regions, to downstream refineries, power stations, 

crossing nations, oceans, and continents. 

3. Methodology 

The system consists of network of pipelines connected in segments. The starting point is 
Alakiri field of Rivers State and the final receiving point is the ALSCON station at Ikot Abasi 
(Etetuk) of Akwa Ibom state. The primary fluid flowing is an associated gas from SPDC sources 

with the aim of supplying gas to the Aluminium Smelting Company of Nigeria (ALSCON). 
To study the flow assurance challenges associated with the operations of the Nigeria Gas 

Company limited (NGC) gas supply pipeline from Alakiri to ALSCON station at Ikot Abasi of 
Akwa-Ibom state of Nigeria, hydraulic data was collected from NGC.  

The pipeline network is about 114km which comprises of three major pipeline segments.  

SEGMENT 1: The line diameter is 14" and the length of the segment is about 32km. The 
starting point is Alakiri launching scraper trap station. The end segment is at Obigbo North 
tie-in receiving trap station. The first 17km of the pipeline runs parallel to the existing Nigerian 
Gas Company Alakiri-Onne gas pipeline, traversing mainly swamp area and cross the Bonny 
River. The last 15.2km of the pipeline traverses mainly build-up area and crosses the following 
features; railway, express road, tarred roads, pipelines. 

SEGMENT 2: The line diameter is 16" and the length is about 44.4km. Starting point is 
Obigbo North tie-in scraper station and the ends at Intermediate scraper trap station. 

SEGMENT 3: The starting point is Intermediate scraper trap station and the end of the 
segment is at Aluminium Smelting Company of Nigeria (ALSCON) at Ikot Etetuk.  The pipeline 
diameter is 24” and the length is about 37.7km. Currently, the flow assurance problems solved 

in the above pipeline network system were the hydraulic parameters verification (Pressure, 
temperature and flow rate). 

This study developed flow assurance studies using OLGA software tool, this tool was used 
to define pipeline operating procedures and control schemes with the aim of ensuring smooth 
operation during the transportation of the produced gas fluid. OLGA version 7.0 transient 
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simulator was used to build and analyze models for the Alakiri-Obigbo-Ikot Abasi (ALSCON) 
pipeline network system. The fluid composition was made suitable for use by OLGA via the 
use of PVTsim to create table files, which transfers fluid thermodynamic properties into OLGA 
software format. 

The model assume that inlet to the system is a closed node and a mass source that provides 

the specified flow rate is placed at the inlet node. Since the ALSCON conditions are known and 
specified at the outlet node of the model, the simulator is able to compute the required 
parameters along the pipeline length down to the inlet node, such that the entire process from 
the inlet to the receiving facilities are fully defined.  

PVTsim was used to characterised the fluid and predict the hydrocarbon phase envelope 

characteristics at the Alakiri gas source composition and Obigbo source gas composition. 

4. Development of the simulation models with available data 

Operating conditions: The information gathered from the acquired data shows that the gas 
will be delivered to ALSCON pipeline at the delivery points at a maximum pressure of 60 bar. 
Gas temperature at delivery points: Alakiri gas source: 37.5oC; Obigbo gas source: 46.7oC 

Gas operating conditions at the ALSCON Terminal station downstream of the metering 

system at the NGC battery limit are: 
Temperature: Maximum: +35oC; Minimum: +20oC. 
Pressure: Maximum: 40bar; Normal: 30bar; Minimum: 25bar. 
Gas flow rate: Alakiri-Obigbo: 30MMSCFD; Obigbo-Ikot Etetuk: 100MMSCFD. 

For the hydraulic calculation the following pipe characteristics have been assumed: 

14” OD wall thickness: 6.4mm; 16”OD wall thickness: 6.4mm; 24” OD wall thickness: 11.9mm. 

4.1. Modeling of the pipeline network using OLGA simulator 

Based on the available data, the pipeline network system was built using OLGA software 
tool. The pipeline wall is defined by the steel thickness and the insulation thickness is an 
unknown parameter, which is calculated based on the minimum required arrival temperature 

at the ALSCON terminal. The flow path is simulated using two major nodes, which are the 
upstream node which is defined as a closed node (no flow across the node) and the 
downstream node is modelled as a pressure node (flow across the node) in which the arrival 
pressure is 60 bar. The models in OLGA are as shown in Figure 1. 

 

Figure 1. Schematic diagram of OLGA models with nodes and source inlet 
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From the figures 2 and 3, we have two sources, four nodes, and three flow paths; these 
pipeline network system points are defined as stated below: 
SOURCES: Source 1: Alakiri source; Source 2: Obigbo source 
NODES:Node 1: Alakiri source; Node 2: ALSCON at Etetuk; Node 3: Intermediate scraper trap 
station; Node 4: Obigbo tie –in 

FLOW PATHS: Flow path 1: Alakiri-Obigbo; Flow path 2: Obigbo-Intermediate scrapper station; 
Flow path 3: Intermediate scrapper station- ALSCON at Etetuk. 

 

Figure 2. Schematic diagram of OLGA models with nodes and source inlet 

 

Figure 3. Schematic diagram of OLGA models with valves along the flow path with nodes and sources inlet 
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Geometry of the Pipeline 

 

Figure 4. Alakiri - Obigbo Tie-in Profile Plots 

 
Figure 5. The Alakiri – Obigbo Trap Station Profile Plots 

 

Figure 6. The Alakiri – Obigbo Profile Plots 

84



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 79-98 
ISSN 1337-7027 an open access journal 

 

Figure 7. The Obigbo – Intermediate Scrapper Trap Station Profile Plots 

 

Figure 8. The Obigbo – Intermediate Scrapper Trap Station Profile Plots 

 

Figure 9. The Intermediate Scrapper Trap Station- ALSCON at Etetuk profile plots 
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5. Results and discussion 

5.1. Phase envelope  

From the phase envelope in Figures 10 and 11, the cricondentherm which is the maximum 
temperature above which liquid cannot be formed regardless of the pressure for Alakiri is 
−7.270C and the corresponding cricondentherm pressure is 51.05bar. The cricondenbar which 

is the maximum pressure above which no gas can be formed regardless of the temperature is 
found to be 86.98bar and the corresponding cricondenbar temperature is -28.05oC; while the 
critical temperature is -47.33oC and the critical pressure is 76.87bar. 

Likewise, the cricondentherm for Obigbo is 18.18.40C and the corresponding cricondentherm 

pressure is 43.97bar. The cricondenbar is found to be 100.44bar and the corresponding 
cricondenbar temperature is −17.170C; while the critical temperature is −52.560C and the 
critical pressure is 75.15bar. From the available data, the gas will be delivered to the ALSCON 
pipeline at the delivery points at a maximum of 60bar. The gas temperature at the delivery 

points are: 
 Alakiri gas source is 37.50C 
 Obigbo gas source is 46.70C  

This suggests that for optimum transmission of natural gas with the given composition and 
condition and to ensure that no liquid entrainment is present; the temperature of the gas 

should be above the cricondentherm temperatures and the pressure should be above the 
cricondenbar pressure values found for Alakiri and Obigbo source respectively.  

However, the gas transmitted is at 37.50C and 46.70C for both Alakiri and Obigbo 
respectively, which implies that both sources are within the constraint of the temperature, 
which will not encourage the presence of a liquid phase in the gas. Conversely, liquid formation 
in the pipeline is still possible since the cricondenbar pressures are above the gas delivery 

pressure, this is expected because the gas is hydrocarbon wet which suggests the presence 
liquid hydrocarbon, hence two phase. So if there is a possibility of these undesired slugs of 
liquid, then a suction knock-out pots should be install as close as possible to the compressor, 
with drains, level detection and trip functions, in order to remove these liquid entrainment 
before it is allowed into a compressor. 

 
Figure 10. Alakiri Source Phase Diagram 
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Figure 11. Obigbo source phase diagram 

5.2. Steady state simulation model validation with reference to existing data 

The steady state analysis was based on gas flow rate of 100MMscfd at the ALSCON terminal 

station. The system is designed for a maximum pressure and minimum inlet pressure of 
40barg, and 25barg respectively, also, with a minimum temperature of 20OC at the ALSCON 
terminal. Other operating conditions are the Alakiri source temperature of 37.50C and Obigbo 
source temperature of 46.7OC. The model built was compared with the existing data. Although 
there is no conversion from Barg (Gauge pressure) to (Absolute pressure) as atmospheric 

pressure changes from day to day. However, an approximate conversion can be made by 
simply adding 1000mBar to Barg to obtain a pressure value in Bar, with error difference of 
50mBar.  

After performing series of steady state simulations the figures 12 - 17 were obtained and 
presented below: 

 

Figure 12. Pressure drop variation along Alakiri-Obigbo within the expected pressure 
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Figure 13. Temperature drop variation along Alakiri- Obigbo within the expected value 

 

 

Figure 14. Pressure drop variation along Obigbo-intermediate scrapper trap station within expected value 

 
Figure 15. Temperature drop/variation along Obigbo-intermediate scrapper trap station within expected value 
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Figure 16. Pressure drop/variation along intermediate scrapper trap-ALSCON less than expected value 

 

Figure 17. Temperature variation along intermediate scrapper trap-ALSCON less than expected value 

Following the steady state analysis, based on gas flow rate of 100MMscfd at the ALSCON 
terminal. Also the system was designed for a minimum pressure of 25barg and minimum 
temperature of 20OC at the ALSCON terminal. Other operating conditions are that the sources, 
Alakiri has temperature of 37.50C and Obigbo has temperature of 46.7OC.  

The simulation results when compared with the existing data indicates that the production 

system is operating within the pressure and temperature constraints for each platform and 
the set delivery values. 

5.3. Investigating hydrate risks and determining hydrate formation potential during 
"no touch" time of 24 hours after shutdown 

After running the hydrate check simulation in OLGA, the results are presented below: 
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Figure 18. Hydrate curve 

 

Figure 19. Alakiri – Obigbo different between Hydrate and section temperature 

 

Figure 20. Obigbo - Intermediate scrapper Trapper station different between Hydrate and section temperature 
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Figure 21. Intermediate scrapper trap station-ALSCON different between Hydrate and section temperature 

 

Figure 22. Alakiri Source Ramp-up 

The entire pipeline segment from Alakiri - Obigbo-ALSCON was shut down after 12 hours. 
After a total shutdown period (no-touch time) of 24 hours.The fluid temperature for Alakiri - 
Obigbo pipeline segments as shown in Fig. 21 and that of Obigbo - Intermediate scrapper 
station pipeline segments shown in Fig. 22, indicates that they are above the hydrate forma-
tion (Difference between hydrate and section temperature is negative for these respective 

pipelines). Thus, the hydrate analysis before shutting down the plant indicates that no 
hydrate was form along Alakiri and Intermediate scrapper station. Hence, there is no risk of 
hydrate formation during the operations and the shutdown period. However, Figure 23 which 
represent the pipeline Segment 3 indicates the possibility of hydrate formation along 
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Intermediate scrapper trap station – ALSCON; if the temperature drops to hydrate formation 
temperature more often than segment 1 and segment 2. Hence, hydrate threat is envisaged 
during this shutdown period. 

Ramp-up simulation was done based on turndown results, in an effort to return the pipeline 
back to its peak flow rate. However, in this simulation analysis the flow rate will be ramped 
up from 30MMscfd to 100MMscfd at the Alakiri source, and then ramped up from 100MMscfd 
to 160MMscfd at the Obigbo source respectively for 12 hours. To have a basis for surge 
volume calculation different withdrawal rates were considered. The aim of this simulation is 

to determine the liquid rate and surge volume into the ALSCON receiving facility at different 
withdrawal rate. 

 

Figure 23. Obigbo Source Ramp-Up 

 

Figure 24. Ramp-up Alakiri Source 
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Figure 25. Total Liquid volume at ALSCON 

 

Figure 26. Obigbo Source mass rate and surge liquid volume for Intermediate scrapper trap - ALSCON 
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Figure 27. Alakiri Source and Obigbo mass rate and surge liquid volume for intermediate scrapper trap 
- ALSCON 

From Figures 22 - 24, the flow rate was increase variably from 30MMSCFD to 100MMscfd 
at the Alakiri source while the Obigbo source was ramp up from 100MMscfd to 160MMscfd for 
12 hours. Generally, lower ramp-up duration will result in rapid rate of liquid sweeping from 

the pipeline into the receiving facility to achieve the final flow rate of 160MMscfd.When the 
gas flow rate is increased, the higher gas velocity will sweep the lines for excess liquid 
contents. From Figures 28 and 29, we observed that the surge volume increases to 40m3 at 
the ALSCON terminal. The surge volume is still within the limit of the recommended slug 
catcher dimension size of 83m3. 

Also, the pigging simulation using OLGA is intended to effectively remove condensate from 
the pipeline system and manage the liquid inventory associated with the maximum production 
rate. The aim of this pigging simulation is to determine the surge volume required at the 
ALSCON pipeline outlet to handle the liquid surge generated during the pigging operations. 
Pigging was performed on the ALSCON flow line. Prior to pigging, the ALSCON flow line has 

been flowing with gas from segment 1 and segment 2 at 100mmscfd. The pig was inserted at 
90 minutes and the gas flow rate was kept steady at 100mmscfd. 

The results are presented below: 
Where: UPIG is the Pig velocity as defined by OLGA; ZZPIG is the pig’s total distance 
travelled; SURGELIQ (liquid surge volume) is the required liquid surge capacity in the slug 

catcher. 
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Figure 28. Pig model view 1 

 
Figure 29. Pig trend plot of ZZPIG to determine when the pig reaches the trap 
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Figure 30. Pig velocity plot to determine the travelling velocity of the pig 

 

Figure 31. Plot of surge volume to determine the maximum pigging surge volume 

From Figure 29, we observed that the pig reached the trap at approximately 266 minutes 
or 4.33 hours of simulation. The pig travelling time was verified by plotting the pig velocity as 
shown in Fig. 32. From the analysis shown in Figure 33, the maximum surge volume evaluated 
was 190m3 with a corresponding pig velocity of 4.1m/s. During the pigging operation the liquid 

contents in the flow line increase and expel to the slug catcher as shown in Figure 34. 
From the foregoing analysis, it can be concluded that the maximum surge volume 

dimension of 100m3 and pig velocity of 4.1m/s values were not within the constraint for the 
slug catcher which was dimension for 83m3.   
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Figure 32. Plot of NSLUG to determine the total number of slugs in the pipeline 

6. Conclusion 

The research focus was on the Alakiri - Obigbo tie-in- Ikot Abasi, supplying gas to the 
Aluminum Smelter Plant (ALSCON) at Ikot Abasi. As designed, the pipeline network is about 
114km which comprises of three pipeline segments.  

From the phase envelope investigations, the natural gas composition used which is 
hydrocarbon wet suggesting two phase fluid. From the simulations the result indicates that 
the cricondentherm are within the constraint of the of the delivery temperature, since the 
cricondentherm is lower than the delivery temperatures for Alakiri and Obigbo. From the 
steady state analysis based on the gas flow rate of 100MMscfd at ALSCON receiving station, 

the production operating system is within the temperature and pressure constraints for each 
platform and the set delivery values, which is necessary to keep the pipeline insulation capable 
of preventing hydrate formation. 

From the slugging analysis, hydrodynamic slugging will not be predominant for the pipeline 
operations at the design flow rate of 30MMscfd along Alakiri –Obigbo, and at 70MMscfd along 

the Obigbo Tie-in - Intermediate scrap station respectively, as the flow regimes are mainly 
stratified for both pipeline systems. However, slugging tendencies will be pronounced during 
turndown. Conversely, the Intermediate scraper trap-ALSCON pipeline segment with gas flow 
rate 100MMscfd is predominantly operating in the hydrodynamic slug flow regime. Therefore, 
this pipeline is operating under an unstable condition. 

From the hydrate analysis investigated, after a shutdown period (no-touch time); hydrate 
threat is envisaged during the shutdown period of the Intermediate scraper trap – ALSCON 
along pipeline system, since the temperature drops to the hydrate formation temperature. 
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Abstract 

Two non-ionic ethoxylated surfactants were synthesized and confirmed by infrared spectral analysis 

and used individually as decrease of pour point for fuel oil then mixed with commercial flow additive. 

The critical micelle concentration (CMC), the surface excess concentration, Γmax, the minimum area 

per molecule, Amin, and the effectiveness of surface tension reduction, πCMC, were calculated using sur-

face tension data. The effectiveness of these molecules as pour point depressant for fuel oil with respect 

to concentration and alkyl chain length of the prepared additives were discussed. Correlation between 

pour point depression and wax modification appeared to be merely qualitative in such heterogeneous 
fuel system. From these measurements, Photomicrographic analysis showed that a clear effect of the 

additives on the wax crystal modification which is in agreement with above results. 

Keywords: Nonionic surfactants; Distillate fuel oil; Pour point depressant; Surface activity; Photo micrographic 
analysis. 

 

1. Introduction 

The sedimentation of paraffin wax at low temperatures during the transportation of heavy 
oil difficulty distillates reduces the flow rate of these fluids. The lamellar wax sedimented 
forming cage-like structures which impede liquid flow and tend to plug fuel lines, screens and 

filters [1-3]. Wax difficulty problems in distillate fuel oil can be solved partially dewaxing 
processes and a linear polymer with long site chains of specific length and nature is one of the 
general characteristic of decrement of pour point and wax dispersion for dist illate fuel oil [4-6]. 
Generally, pour point depressants change size of wax crystals that precipitate from the oil and 
diminish their tendency to interlock and set into gel [7-8].  Polymeric molecules that are consti-

tuted of hydrophobic chain are used as wax deposition inhibitors which facilitate the interaction 
between additive, paraffin and a polar part that is in charge of for the wax crystal, morphology 
modulation causing aggregation inhibition. For this reason, such wax inhibitors are known as 
wax crystal modifiers. For evaluation of the improved operability of the treated fuel oil, deter-
mination by cloud point and pour point tests are the most widely adopted photo analysis is 

used also as a screening tool confirming other laboratory tests for appraisal the flow properties 
of attended/unattended distillate fuel oil.  

The surface active agents are assessed by their adsorption behavior, which are controlled by 
different factors. The effect of some of these factors was dealt with by some researchers [9-10]. 
Nonionic ethoxylated compounds are applied in several applications as petroleum industry, 
corrosion, Detergents, and others [11-13]. 

In this manuscript, preparation and appraisal of two nonionic surfactants have been carried 
out. The efficiency of these surfactants as additives to improve pour point are estimated. Effect 
of additive kind and mixed with other commercial additive on wax modification studied. 
Interpenetration of synthetic and commercial additive is a helpful trend from the economic 
point of view. 
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2. Experimental 

2.1. Materials and synthesis 

The fatty acids, dodecyl and octadecyl acids were purchase from Aldrich Chemicals. The 
fatty acids were esterified by stirring with polyethylene glycol (Merck Chemicals) according to 
the methods that was mention before [14]. The chemical structures of the synthesized mole-

cules (I and II) are listed in Table 1. Commercial additive (III) was purchased from Merck. 

Table 1. The HLB values and surface properties of the investigated surfactants 

Surfactants Chemical Formula HLB 
T 
ºC 

CMC 
(mmol/L) 

πCMC 

(mNm -1) 

Гmax X1010 

(mol cm -2) 

Amin 
(Å2/molecule) 

I  C11H23COO(CH2CH2O)23H 16.67 
35 2.00 38.00 0.83 2.01 
45 1.26 37.50 0.95 1.75 
55 1.07 37.00 1.25 1.32 

II  C17H33COO(CH2CH2O)23H 15.60 

35 2.51 34.50 1.15 1.44 

45 1.35 34.00 1.06 1.57 
55 1.58 33.00 1.08 1.54 

2.2. Middle distillate fuel oil formation 

Fuel oil sample sourced from Alexandria Company derived from the waxy western desert 

crude oil was used in appraisal of the performance of the synthesized additives. The physico-
chemical preferential of the fuel oil are given in Table (2). In addition, the n-paraffin content 
of the used fuel oil tested to be specified by urea adduction [15]. Gas liquid chromatographic 
analysis (GLC) was applied to specify the average and distribution carbon number of the fuel oil. 

Table 2. Physical characteristics of fuel oil 

Properties Methods Result 

Specific gravity at 60/60oF IP 160/87 0.8512 

Kinematics viscosity at 40oC (cst) IP 71/80 4.7 

Cloud point (cp), oC IP 219/82 24 
Pour point (pp), oC IP 15/67(80) 15 

Sulfur content (wt%) IP 266/87 0.231 

Flash point, oC IP 34/82 (87) 123 
Total paraffins content (wt%) Urea adduct 21.3 

n-paraffin (wt%) GLC 20.9 

Iso-paraffins (wt%) GLC 0.40 

2.3. Characterization of additives 

The infrared spectra of sample (I) was recorded according to ATI Mattson Genesis series FTIR. 

2.4. Evaluation tests 

2.4.1. Pour point test (ASTM D 97 -96)  

Sample of the investigated crude oil was doped individually at concentrations 200, 400, 
600,1000 and 2000ppm with each of the prepared flow additives I, II, III, (I+II) at ratio (1:1) 
and (I+II+III) at ratio (1:1:1) successively according to IP 15/67 procedure, results are given 
in Table (3).  

2.4.2. Surface tension measurements 

The surface tensions of the synthesized surfactants were measured in aqueous solution by 
DeNouy Tensiometer (Kruss K6 type) at different temperature ranged from 35, 45 and 55oC 
for  concentration range 0.04-8 mmol/L. The ring was washed by ethanol after each reading 
then by distilled water. The critical micelle concentration (CMC) of the synthesized molecules 
were evaluated from the semi logarithmic plot of surface tension versus concentration.  
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Table 3. The effect of additives on the pour point of fuel oil 

Additives 

designation 
Additives 

Additive 

concentration, 
ppm 

PP, 
oC 

ΔPP, 
oC 

I C11H23COO(CH2CH2O)23 H 

0 15 0 

200 -3 18 

400 -3 18 
600 0 15 

1000 0 15 

2000 3 12 

II C17H33COO(CH2CH2O)23 H 

0 15 0 
200 3 12 

400 3 12 

600 6 9 
1000 6 9 

2000 6 9 

III Commercial additive 

0 15 0 

200 0 15 
400 3 12 

600 3 12 

1000 3 9 
2000 9 6 

PPD4 I+II 

0 15 0 

200 -3 18 

400 3 12 
600 3 12 

1000 6 9 

2000 6 9 

PPD5 I+II+III 

0 15 0 

200 -9 24 

400 -3 18 
600 0 15 

1000 0 15 

2000 3 12 
PP = pour point, ΔPP = pour point depression 

2.4.3. Photo micrographic analysis 

Photomicrographs declare the independent action for wax crystallization of the attended 
and unattended fuel oil (FO) sample with the prepared additives at different ratios.  

3. Results and discussion 

3.1. Surfactant structure and characterization of the prepared additives 

The chemical structure of the synthesized monoester was confirmed by the FTIR (Figure 1). 

Concerning the FTIR spectrum of the compounds, it is declared the following absorption bands 
at 2868.59 cm-1(CH2str.), 1459.85 cm-1 (CH2 bend.), 1108.87 cm-1 (C-O str.) and 1732.73 
cm-1 (C=O) [16]. 

3.2. Evaluation of fuel oil additives 

3.2.1. As pour point depressant 

Results illustrated in Table 3 showed that the pour point diminishes with increasing the 
additive ratio. This is due to the oil solvation power. It is well known that the decrease the 
temperature, the decrease the solvation power of any solvent and vice versa. This depression 

in solvation power becomes clears when the ratio increases. Sufficient surface coverage is 
obtained additive (I) pour point depressant ΔPP = 18ºC is better in reducing the pour point 
than (II) ΔPP = 12ºC. The combination of (I) and (II) at ratio (1:1) leads to reduction pour 
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point ΔPP = 18ºC. This reduction may be attributed to entire solubility in hydrocarbon phase 
and due to interaction, that occurred between the two additives of the same class. I, II and 
commercial additive III in ratios (1:1:1) was added to the fuel oil, very nice result in reducing 
the pour point (PP) is observed. The pour point reducing effect of the mixture I, II and III is 
better than I and II and (I+II) additives ΔPP = 24ºC. These results indicated that synergistic 
effect occurred between the pour point depressants and commercial additive in the fuel oil.  

 

Figure 1. FTIR spectrum of an additive (I) 

3.2.2. Surface properties 

The CMC of the investigated surfactants at 35, 45, 55ºC were calculated and listed in Table 
1. By carful inspection to CMC values at 35oC, it is cleared that as the hydrophobicity decreased 
the CMC decreased. These linear behaviors agree with the expected trend by some 

investigators [17]. Also, from Table 1, it is noted that rising the temperature leads to decrease 
the CMC values that may be attributed to the desolvation of the surface active molecules with 
rising temperature [18]. 

The surface excess concentration Γmax  in mol/cm2 by applying Gibbs equation: 

Γ𝑚𝑎𝑥 = −
1

2.303𝑅𝑇

𝑑𝛾

𝑑𝑙𝑜𝑔𝐶
                    (1) 

Amin in Å2/molecule were calculated using the following relationship: 

Amin =  
1014

NAΓmax
                      (2) 

Concerning the data listed in Table 1, slight increase in Γmax and decrease in Amin upon raising 

the temperature [19]. This was expined by the priority of surfactant molecules to orientation 
rather than dehydration [20]. The effectiveness values (πCMC), which determines their surface 

activity at CMCs [21] were decreased. Studies of the effectiveness of the synthesized molecules 
at 35ºC (Table 1) decreased with increasing the hydrophobicity. The decrease in the πCMC may 

be attributed to the increase in the area occupied at the interface. It was found that for all 
surfactants under investigation, πCMC  decreased with increasing the temperature [22]. 

The hydrophobic hydrophilic balance (HLB) 

For an ethoxylated non-ionic surfactant, the hydrophobic hydrophilic balance were 
calculated from the ethylene oxide percentage of the surfactant molecules using Griffin's 

equation [23]. 
 

HLB =
mas%EO

5
                        (3) 
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As the HLB increase the tendency of surfactant to partition between lypophilic and lypo-
phobic media increase (9). The data listed in Table (1) revealed that the nonionic molecules 
can be considered as very good wetting and detergent according to Griffin's scale (23).  

3.3. Kind of additive and wax inhibition 

Photomicrographs assisted in Figure 2(a-d) has showed different wax morphology changes 

according to the kind of surfactant. Figure 4(a) showed-like crystals of approximate size of 
100µm for the untreated fuel oil which on mixed with the additive (II) at 200ppm (Figure 4c) 
the wax crystals were impeded into the shot pointers but still of some conglomeration degree 
to size of 100 µm. On using the surfactants ( 2000ppm from I and 2000 ppm from I+II)  
higher wax inhibition degree was observed and fine disband wax crystals started to appear in 

(Figure 2b and 2d)  respectively and creation of many number of fine disbanded crystals 
particularly by action of additive (2000 ppm from I+II+III) Plate 1e. Concerning the corres-
pondent flow parameter measurement, was revealed that with the increments of additive 
activity in term of ΔPP, the induced wax inhibition efficiency increased according to the order: 
I+II+III>I+II=I >II, i.e. there is good correlation between measured flow parameters and 
wax. 

 

 
a- PP=15oC b- PP= -3oC 

  
c- PP=3oC d- PP=-3oC 

 

 

e- PP=-9oC  
Figure 2. Photomicrographs of a: Fuel oil (FO) untreated, b: FO +200ppm (I), c: FO +200ppm 

(II), d: FO +200ppm (I+II) and e: FO +200ppm (I+II+III) 
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4. Conclusions 

CMC and Γmax of the investigated surfactants were increased with increasing the 

hydrophobic chain length. Γmax increased while CMC decrease with increasing the temperature. 

Combination of commercial additive (III) with prepared additive (I+II) enhances the pour 
point depressant of the distillate fuel oil. 

The effective of the prepared surfactants as pour point depressant diminishes by increasing 

the dosages and by grow thing the alkyl chain of the surfactants.  
Compatibility of the combined additives in addition to bifunctionally in the one or more 

compound and commercial additive could be detected through photo micrographic analysis. A 
commit our self between the decrease of pour point for surfactant and grade of wax inhibitor 
has verified. 
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Abstract 

Catalytic hydrotreating is widely used in secondary petroleum refining industry. The main purpose of 

this process is to significantly lower sulfur content in the petroleum products. Currently, there is a lack 

of industrially applicable mathematical models of diesel hydrotreating, especially the models which 
take into account the reaction kinetics and catalyst deactivation. 

In this paper, research is focused at processing of experimental data from laboratory equipment and 

industrial hydrotreating unit and developing mathematical model, which adequately describe industrial 
data of hydrotreating industrial unit with the use of current view of chemical mechanism and catalyst 

deactivation. 
Keywords: Mathematical modeling; programming; hydrotreating process; diesel fraction; benzothiophene; dibenzo-
thiophene; reaction rate constant; activation energy. 

 

1. Introduction 

Hydrotreating of diesel fraction is used to remove heteroatoms (including atoms of sulfur, 

nitrogen and oxygen), polycyclic aromatic hydrocarbons and metals [1-4]. Concentration of these 
compounds is rising accordingly with a boiling temperature of the fraction [5-7]. The industrial 
process of hydrotreating is performed in relatively mild conditions but yet should be effective – 
conversion rate of the diesel fraction should not be lower than 98-99% [8-10]. The most general 
purpose of this process is to significantly reduce a sulfur amount in a wide range of petroleum 
products including naphtha, diesel, gas-oil, kerosene and heavy oil fractions which conse-

quently are used as a raw material for catalytic processes [11-12]. This prevalence of catalytic 
hydrotreating have such origins as, firstly, introduction of more high-sulfur crude oils extraction 
into petroleum refining industry all over the world in the last years [13-15], and, secondly, 
economically disadvantageous catalyst poisoning in consequent of refining processes, such as 
gasoline reforming and catalytic hydrocracking [16]. The third main reason is the introduction 

of strict environmental requirements to the content of heteroatom substances in fuel, as well 
as aromatic hydrocarbons amount [17]. All these reasons dictate the necessity not only for a 
wider use of hydrotreating process, but also more complex research of deep heterocatalytic 
mechanisms, including mathematical modeling, which could help in optimization of the process, 
development of new catalysts and proposal of new reactor construction concepts [18]. Use of 

mathematical modeling method allows researchers to predict new conditions and product 
quality, develop new proposals for industrial process optimization [19-21]. 

The aim of this research is to develop a dynamic mathematical model of diesel hydrotreating 
reactor with non-stationary material balance and thermal balance including calculation of coke 
formation. 

2. Object of research 

Technological scheme of the typical hydrotreating unit is shown in Figure 1. In the most 
general case the raw material arrives to the hydrotreating reactor “R” after being pre-heated 
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in the furnace “F”. Reactor is the major part of the whole process, where the catalytic 
hydrotreating of diesel fraction is performed. A group of reactions of hydrogen sulfide 
formation from sulfur compounds are occurring on the surface of the hydrogenation catalyst. 
The hydrogen-containing gas (HCG) is separated from the vapor-liquid mixture in the sepa-
rators “S-1” and “S-2” and enters the column “C-2” for recovery of pure hydrogen. Column 

“C-1” is used for separation of vapor-liquid mixture to a gas fraction and the main product – 
hydrotreated diesel fuel [22]. 

 

Fig. 1. Scheme of the typical hydrodesulfurization unit. Note: circles with arrow faced upwards are 
heaters; downwards – coolers 

The plant uses catalyst HR-538 manufactured by Axens (France). Properties of the catalyst 

are given in Table 1. The catalyst activity towards certain sulfur-containing compounds is counted 
as part of the effective rate constants, which was calculated previously [23-24]. 

Table 1. HR-538 catalyst properties 

Diameter of catalyst particles, mm 1.2; 1.6; 2.5 

Composition: 

Nickel (NiO), % mass. 
Molybdenum (MoO3), % mass. 

  

3.5 
17.0 

Surface, m2/g 210 

The data which was used to calculate kinetic parameters for developed model was obtained 

both from laboratory equipment and from industrial hydrotreating and deparafinization unit.  
The laboratory experiment was performed with use of such equipment as gas-liquid chroma-
tograph unit “Kristal-2000M” to measure sulfur-containing substances concentrations in diesel 
product. 

The fixed-bed mini-reactor was used to simulate industrial hydrotreating process in the 
laboratory. Fraction of diesel fuel (boiling range is 180–320 C) with a total sulfur content of 
1.4%wt. was used as the feed for the reactor. Al-Ni-Mo catalyst was used in the laboratory 
setup which consists of a flow system with an evaporator, reactor with a special metal grid where 
the catalyst was placed onto. The products of reaction were received into a condenser. The 

hydrotreating process was carried out with 10 mL of the Al-Ni-Mo HR-538 catalyst loaded onto 
a metal grid of mini-reactor in the form of granules with a diameter of 1-2 mm. 

The feed and hydrogen ran through a reactor from the top to the bottom. Diesel fraction 
was fed to the reactor with a high pressure dosing pump. Pure hydrogen supply was controlled 
with automatic dispenser. The temperature in the reactor was supported on desired level by 
an air thermostat. Temperature controller provides heating accuracy not worse than ±0.5°C. 

Thermocouple was used to measure the temperature in the catalyst bed. Catalyst was placed 
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in a pocket at the center of the reactor. The system pressure was set with a high-pressure 
reducer at the end of product flow. 

In current laboratory setup the water-cooled condenser is used to gather products of 
hydrotreating from the reactor. Then, liquid products were gathered to the receiver for further 
analysis. Unlike liquid products, gases were released to the atmosphere through six-way valve. 

Before an experiment the process of catalyst sulphidation was performed in the reactor. 
This process involved a straight-run diesel fraction as a sulphiding feed. Sulphur concentration 
in the feed was approximately 0.4%mass. Sulphidation was performed with the next steps 
and conditions: 
1. Catalyst drying using nitrogen gas stream with the temperature of 120°C; 

2. Increase of the pressure in the reactor to 3.5 MPa and start of hydrogen feed; 
3. The catalyst wetting by raw diesel fraction; 
4. Increase of the temperature to 240°C; 
5. 2-hour sulphidation process under 240°C (phase of low temperature); 
6. Increase of the temperature to 340°C; 
7. 2-hour sulphidation process under 340°C (the phase of high temperature); 

Feed ran through the reactor with 2 h-1 volume velocity. Volume ratio of hydrogen to the 
diesel was: H2/feed=300/1. After being sulphided the catalyst is ready to operate in 
hydrodesulphurization process under the next conditions: 

Table 2. In-laboratory hydrodesulphurization conditions 

Volumetric flow rate of feed 2 h-1 (relatively to catalyst’s volume) 

Pressure 3.5 MPa 

Hydrogen/Diesel volume ratio 300/1 
Temperatures 340°C, 360°C, 380°C 

Spectral photometer “Spectroscan-S” was used to determine and measure the initial 

containment of sulfur in diesel fuel. 
The method of gas-liquid chromatography was used to measure concentrations of sulfur in 

the products according to their homologue groups. Method of GLC was performed using a 
“Crystal-2000M” chromatograph. It has a quartz column with 25 m × 0,22 mm dimensions. 

Helium is used as a carrier gas. Under a temperature increase in the column of “Crystal-2000M” 
with a 4 degree/minute rate the flame photometric detector was used for analysis of sulfur 
compounds in products of desulfurization. 

3. Experimental 

3.1. Thermodynamics and chemical mechanism 

Sulfur compounds are present in diesel fractions mainly in the form sulfides, homologues 
of thiophenes and, in lesser amounts, by mercaptanes and disulfides. In general, the initial 
stage of mathematical model development is the thermodynamic calculation. This stage is 

based on the physical and chemical laws and ensures a high degree of model’s accordance to 
the real hydrotreating process. 

In the frame of current research the thermodynamic parameters were calculated including 
Gibbs energy and enthalpy for each individual reaction of hydrodesulfurization of sulfur-
containing-compounds [25]. In this work, the thermodynamic parameters of the hydrotreating 

process, including enthalpy, entropy, Gibbs energy were calculated using a computer program 
packages “GaussianView” and “Gaussian 09”. The calculation method of DFT (Density Func-
tional Study) was used. B3LYP model was chosen as a theoretical approach, as well as density 
functional theory (B3) and the electronic correlation (LYP). Basis is the set 6-311G. There 
were also the hydrotreating process conditions under which the calculation was performed, 

including a temperature of 340°C and a pressure of 3 MPa. Results of thermodynamic 
calculations of hydrogenation and hydrocracking reactions of several sulfur-containing 
compounds representatives are presented in Table 3. 
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Table 3. Values of enthalpy and Gibbs energy of sulfur compounds’ hydrogenation reactions 

On the basis of the data presented in Table 3 the next law is predicted: the rate of hydro-
genation of sulfur compounds decreased in the series: sulfides > benzothiophenes > dibenzo-
thiophenes, which is also confirmed by related data in the literature [26-28]. 

Like any process of secondary refining, hydrotreating of diesel fuel involves a large amount 
of chemical reactions which occur simultaneously. The so-called aggregation of different 
sulfur-containing components to the homologue groups is made to reduce the number of 
individual reaction components and, thus, reduce the amount of calculations. Any mathema-
tical model must keep predictive power [29]. In addition, it must to remain being sensitive to 
the feed composition changes through hydrotreating unit’s operational cycle.  

 

Fig. 2. Formalized kinetic scheme of hydrodesulfurization reactions* MDST–mercaptan, sulfide, disulfide, 

thiophene; BT – benzothiophene; DBT – dibenzothiophene 

Sulfur compounds 

group 
Reaction 

ΔН, 

kJ/mole 

ΔG, 

kJ/mole 

Sulfides 

SHH2C2HHSCHC

SHHCHSHHC

HCSHHCHHSCHC

21252125125

21552115

1251152115115







 
–65.60 

–67.66 
–133.26 

–81.32 

–77.45 
–158.77 

Mercaptan SHHCHSHHC 262252   –67.29 –78.35 

Disulphides 

S2HHCCH3HHSSCCH

SHHCHSHHC

SHCHHSHCH

SHCSHCHHHSSCCH

210442943

2104294

2423

9432943









 

–38.39 

–78.46 

–55.41 
–172.25 

–57.74 

–76.61 

–70.00 
–204.35 

Thiophenes 

SHHCH2SHC 264244 
 

84264 HCHHC 
 

104284 HCHHC   

SHHCH4SHC 2104244 
 

–78.56 

–121.06 

–111.04 
–310.66 

–52.47 

–62.89 

–46.92 
–162.29 

Benzothiophenes 
(BT) 

SHCHSHC 88268 
 

8 8 2 8 10

8 10 2 8 10 2

C H S H C H S

C H S H C H H S

 

  
 

SHHCH3SHC 2108268   

–78.97 

–50.61 
–72.00 

–201.58 

–17.96 

–13.21 
–84.16 

–115.33 

Dibenzothiophenes 
(DBT) 

SHHCHSHC 28122812 
 

–94.79 –64.99 
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On the basis of thermodynamic parameters calculations a formalized kinetic scheme of 
substances transformations had been created (Fig. 2.). 

All sulfur-containing substances (including mercaptanes, sulfides, disulfides, thiophenes, 
benzothiophene and dibenzothiophene) were joined together into separate groups (or “pseudo-
components”). The rule of isobaric-isothermal potential of hydrogenation was used. Additional 

data on the role and kinetic parameters of saturated hydrocarbons, arenes and olefins in the 
process of hydrogenation was gathered from literature [30-34]. 

3.2. Mathematical model 

The basis of the developed mathematical model is built on the hydrotreating reaction of 
individual groups of organic sulfur compounds such as sulfides, benzothiophene, dibenzo-

thiophene. Also, the model takes into account hydrogenolysis reaction products: saturated and 
aromatic hydrocarbons. 

The developed mathematical model based on the law of mass action and is a system of 
differential equations, which reflect changes in the concentrations of the reactants. Thus, the 
mathematical model performs a material balance calculation of sulfur compounds during hydro-
treating. 

Table 4. Material and thermal balance 

Reaction rate 
equations 

Differential equations 

𝑊1 = 𝑘1𝐶MDST𝐶H2

𝜈  

𝑊2 = 𝑘2𝐶BT𝐶H2

𝜈  

𝑊3 = 𝑘3𝐶DBT𝐶H2

𝜈  

𝑊4 = 𝑘4𝐶SHC𝐶H2

𝜈  

𝑊5 = 𝑘5𝐶Arom𝐶H2

𝜈  

𝑊6 = 𝑘6𝐶Olefins𝐶H2

𝜈  

𝑊7 = 𝑘7𝐶Ar𝐶H2

𝜈  

 

 

 

 

 

 

 
(there: 𝐴𝑟𝑜𝑚 – aromatic hydrocarbons) 
Thermal balance 

 

Initial conditions 

𝑍 = 0;  𝑡 = 0 
𝑉 = 0;  𝐶𝑖 = 𝐶𝑖,0 

𝑇 = 𝑇0 

there: Z – the volume of total refined feed, m3; V – volume of catalyst, m3; ki – chemical 
rate constant, h-1; Ci – the current concentration of the substance i, mole/m3; v – the 

stoichiometric ratio; Ai – relative catalyst activity towards certain route i; t – reaction time, h; 
p – amount of pseudo-components; Wi – chemical reaction rate on the route i; Qi – thermal 
effect of chemical reaction on the route i, kJ/mole; G – feed flow rate, m3/h. 

3.3. Experimental data 

Experimental data was obtained both from laboratory equipment and industrial hydro-
treating unit monitoring database. The excerpt of laboratory data is shown in the Table 5 
  

108



Petroleum and Coal 

                         Pet Coal (2018); 60(1) 104-112 
ISSN 1337-7027 an open access journal 

Table 5. Laboratory experiment results: initial and final concentrations of sulfur-containing compounds 
in diesel fraction 

Component 

Temperature, oC 

Initial 340 360 380 

Mass concentration, % mass. ·10-3 

MDST 218.00 17.46 17.52 14.74 

C1-BT 35.00 1.87 1.72 2.07 

C2-BT 200.00 12.47 12.70 15.16 

C3-BT 351.00 21.95 22.34 22.90 

(C4+C5)-BT 372.00 22.01 23.50 18.72 

DBT 40.00 3.00 3.56 2.77 

C1-DBT 87.00 7.05 9.52 6.49 

C2-DBT 82.00 7.77 10.32 7.29 

C3-DBT 19.00 4.72 4.72 3.87 

Total sulphur  1404.00  98.30  105.93  94.01  

The industrial data includes operational conditions for each day of unit operation. These 

conditions include diesel fraction feed flow rate, initial sulfur content, pressure, temperature 
of the feed and products, as shown in the Table 6. 

Table 6. Excerpt from “LG-24/7” hydrodesulphurization unit’s monitoring data 

Date Day 
Feed flow 

rate  
m 3/h 

Density of 
diesel 

fraction 

t/m 3 

Sulphur in 
diesel 

fraction, 

%m 

Initial 
temperature, 

°C 

Product 
temperature, 

°C 

Sulfur in 
product, 

ppm 

26.01.2014 153 110.138 0.796 0.40 330.146 338.216 4.0 

24.04.2014 241 115.339 0.798 0.38 325.107 332.149 11.0 

12.05.2014 259 109.835 0.797 0.42 328.085 335.097 9.0 

20.08.2014 359 100.073 0.798 0.50 341.712 349.556 2.0 

02.02.2015 525 84.810 0.790 0.35 320.069 327.103 1.9 

24.04.2015 606 90.853 0.791 0.30 313.942 319.845 12.0 

Experimental data was used in the calculation of the rate constants (Table 6) for the 
conversion of individual sulphur components in the industrial unit. The process of finding the 

kinetic parameters was performed by comparing the calculated sulfur content with the expe-
rimental total yield of sulfur using the method of least squares. 

Table 7. Effective reaction rate constants and relative error based on laboratory experiment data, h -1 

Identified component 340°C 360°C 380°C Relative error, % 

S 1.907 1.971 2.036 0.002 

C1BT 2.191 2.153 2.114 0.006 

C2BT 2.104 2.030 1.956 0.006 

C3BT 2.094 2.080 2.065 0.006 

(С4+С5)BT 2.140 2.201 2.262 0.007 

DBT 1.877 1.907 1.937 0.007 

C1DBT 1.907 1.938 1.969 0.006 

C2DBT 1.761 1.786 1.810 0.006 

C3DBT 0.968 1.043 1.118 0.007 
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4. Results discussion 

Table 8 shows the results of calculations used the developed model. 

Table 8. Product temperatures and sulfur concentrations 

Day 
Calculated sulfur in 

product, ppm 
Calculated temperature of 

product, oC 

153 4.0 341.4 

241 11.9 336.2 

259 9.4 339.8 

359 2.1 354.8 

525 2.0 327.5 

606 11.1 320.6 

Activity of the catalyst in the beginning and the end of examined period (3 years) of unit 

functionality, linear functional relation between total productivity and the activity of the catalyst 
are calculated and introduced in the mathematical model. Thus, the model takes the catalyst’s 
activity loss into account. The regression functional equation (1) was formed to adequately predict 
the catalyst activity due to coke formation after specified time period of hydrotreating unit 
functioning: 

A = 0.1·10-7·Z + 0.8948 (1) 

where: A – relative catalyst activity; Z – tons of refined feed. 

5. Conclusion 

General calculation of the main process parameters is satisfyingly accurate. Relative error 
of ending temperature calculation does not exceed 1.5%. Thermal effect of the hydrotreating 
process varies between 60–80 kJ/mole. The results of the sulphur-containing compounds 

material balance calculation with use of developed mathematical model are demonstrating 
high accuracy in accordance to the data which was obtained from industrial hydrotreating unit. 
The relative difference between monitored and calculated total sulfur concentrations in hydro-
treated products does not exceed 4–8%. 

HR-538 Al-Ni-Mo catalyst shows high activity with removal of sulfur up to 98–99%mass. 

from diesel fraction when performing diesel hydrotreating. Chemical activity of sulfur-containing 
compounds increases in the row from dibenzothiophenes, benzothiophenes to sulfides. Rate 
of hydrotreating decreases when the number of alkyl substituents in BT and DBT homologues 
is increasing, consequently, hydrogenation rate of DBT is much lower than that of BT. 

The conclusions made based on calculated data. Thus, the catalyst’s activity loss by nearly 

1/3 of its beginning activity is observed. This could be caused by imperfections in diesel fuel 
fraction composition and in technological parameters at hydrotreating reactors of industrial unit. 

Developed mathematical model allows making conclusions on initial reasons which influence 
the overall process quality and helps in making a decisions in the questions of process optimization. 
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Abstract 

The oxidation index is an important supplementary characteristic of coal and coal blends, indicating 
the change in coking properties during oxidation. The coke obtained from coal blend containing poorly 

coking oxidized coal has a higher content of isotropic carbon and a lower content of anisotropic carbon. 

That explains its increased reactivity and impaired mechanical and strength after reaction. The oxidation 
throughout storage is the greatest for small coal classes (<0.5 mm). Preliminary removal of <0.5 mm 

oxidized coal markedly improves the reactivity and also the mechanical and coke strength after reaction. 

A method of preparing oxidized coal for coking is proposed: finer grinding (until the content of the ≤1 
mm class is 100%). That considerably reduces the influence of the oxidized coal on the quality of the 

blast-furnace coke produced. 

Keywords: coal; oxidation; coal preparation; coke; isotropic carbon. 

 

1. Introduction 

The intensification of blast-furnace operation calls for stable high quality of the coke employed. 
Fluctuation in the coke quality disrupts blast-furnace operation, with loss of productivity and 
overconsumption of the coke. In such conditions, the composition and properties of the coal 

blends must be corrected so as to reduce these effects. 
Accordingly, one of the best means of improving the stability of blast-furnace operation today 

is to ensure uniform coke quality [1]. We know that one of the main factors responsible for 
constant coke quality is constant quality of the coal from which it is produced [2-3]. 

Recently, marked decline in coke quality in particular, in mechanical and strength of after 

reaction the coke has been observed with unchanged composition of the coal blends. This may 
be attributed to the introduction of domestic and imported oxidized coal in the blends. 

Accordingly, we need to correct the storage, preparation, and use of oxidized coal at coke 
plants. In the present work, we investigate means of preventing the impact of oxidized coal 
on the coke produced, by optimizing its preparation. 

2. Experimental 

The determination of oxidation and degree of oxidation was carried out accordingly DSTU 
7611:2014 Method for determination of the oxidation and degree of the oxidation.  The 
determination of proximate analysis was carried out ac cordingly ISO 17246:2010 Coal – 
Proximate analysis. The determination of ultimate analysis was carried out accordingly ISO 
17247:2013 Coal – Ultimate analysis. 

The determination of petrographic analysis was carried out accordingly ISO 7403–3:2009 
Methods for the petrographic analysis of coals – Part 3: Method of determining maceral group 
composition; ISO 7404–5:2009 Methods for the petrographic analysis of coals – Part 5: 
Methods of Determining microscopically the reflectance of vitrinite. 
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The determination of coke reactivity index (CRI) and coke strength after reaction (CSR) 
was carried out accordingly ISO 18894:2006 Coke-Determination of coke reactivity index 
(CRI) and coke strength after reaction (CSR). The determination of expansion pressure was 
carried out accordingly DSTU 8724:2017 Coal and charge based on it. Method for 
determination of expansion pressure that occurs during coking. 

The determination of size analysis of coals was carried out accordingly ISO 1953:2015 Hard 
coal. Size analysis by sieving. The determination of plastometric indices was carried out 
accordingly GOST 1186–2014 Hard Coals. Method for determination of plastometric indices. 

Microstructure of laboratory coke was determined by optical microscopy. Previously 
prepared 10 mm coke sample was used for analysis. The sample preparation included grinding 

and polishing. The sample was ground and polished under top water using automatic sample 
preparation unit. The 600 grit size send paper was used  for grinding and microcloth containing 
alumina aqueous suspension of 0,3 φm granulation was used in the polishing phase. After 
polishing, the sample was rinsed with water and alcohol and dried by hot air. 

Microstructure was analyzed by the «Olympus GX S1» with digital camera DP 70. 
Microstructure was observed at different magnifications under polarized light. 

The structural characteristics of the coal were calculated from formulas given in [12]. The 
aromatic content of the structure fa is  
𝑓𝑎 = 1.007− 0.3857(𝐻 𝐶⁄ )− 0.3725(𝑂 𝐶⁄ )           (1) 

The degree of molecular association of the coal cA is 

𝑐𝐴 = 1 −
𝐻 +0.125(𝑂+𝑁+ 𝑆)

0.333𝐶
       (2) 

3. Results and discussions 

Table 1 presents the proximate analysis and oxidation characteristics of Pokrovskoe coal of 
different size classes after open storage for four months [4-5]. Coal of the <0.5 mm class is 
the most oxidized throughout storage, as we see in Table 1. This corresponds to elevated 
oxidation index ∆t and degree of oxidation d0, which are more than double those for coal of 
other size classes. In our view, the <0.5 mm class is effectively an additive to the blend.  

Table 1. Proximate analysis and oxidation characteristics of Pokrovskoe coal of different size classes after 
open storage 

Size analysis Proximate analysis, % Oxidation characteristics 

class, mm yield, % Ad
 

Sd
t
 

Vdaf
 

Δt, oC d0, % 

>25 8.1       8.0 0.75 29.5 3 6.7 

25–13 10.8       8.8 0.77 29.8 3 6.8 

13–6 18.0       8.1 0.85 29.6 3 7.3 
6–3 14.5       8.0 0.80 29.4 3 6.7 

3–1 17.1       8.2 0.79 29.0 3 6.8 

1.0–0.5 6.3       8.2 0.81 28.8 3 7.2 
<0.5 25.2      10.3 0.75 27.5 8 17.5 

The ultimate composition and structural characteristics of the coal in Table 2 show that the 

oxidation of <0.5 mm coal sharply reduces the carbon and hydrogen content and leads to 
extreme increase in the oxygen content. Accordingly, the degree of aromatic structure and 
molecular association of the coal’s organic mass are significantly less for the <0.5 mm class 
than for the other coal. 

We now determine the change in coke quality when using both oxidized and unoxidized 
Pokrovskoe coal in the blend and assess the possibility of reducing the influence  of  the  
oxidized  coal  by  removing  the <0.5 mm class. 

Table 3 presents the properties and petrographic characteristic of the coals in the 
experimental blends and the characteristics of Pokrovskoe coal in three states: (1) initial 

unoxidized coal; (2) partially oxidized coal; (3) partially oxidized coal after the removal of the 
<0.5 mm class.  
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Table 2. Ultimate composition and structural characteristics of the coal’s organic mass  

Size class, 

mm 

Ultimate composition, % Degree of 

aromatic 
structure fa 

Molecular 

association cA Cdaf
 

Hdaf
 

Ndaf
 

Sd
t Odaf

d
 

>25 90.05 5.55 1.85 0.75 1.80 0.716 0.716 

25–13 89.76 5.38 1.86 0.77 2.23 0.742 0.742 

13–6 89.27 5.31 1.87 0.85 2.70 0.743 0.743 

6–3 89.45 5.29 1.88 0.80 2.58 0.744 0.744 
3–1 88.45 5.13 1.88 0.79 3.75 0.746 0.746 

1.0–0.5 88.34 5.08 1.89 0.81 3.88 0.747 0.747 

<0.5 78.04 4.65 1.85 0.75 14.71 0.698 0.698 

Table 3. Properties and petrographic characteristics of coal blends 

Supplier 
Proximate analysis, % 

Plastometric 

characteristics, mm 
Mean vitrinite 

reflection 

coefficient R0, % Ad
 

Sd
t Vdaf

 
x y 

Sentyanovskaya mine 5.6 0.95 31.1 22 18 1.06 

Kuzbassrazre zugol enrichment 

facility 
7.4 0.41 25.1 38 10 1.05 

Pokrovskoe facility, initial state 8.9 0.78 29.0 11 15 1.13 

Pokrovskoe facility, partially 

oxidized 
8.8 0.81 29.1 12 12 1.11 

Pokrovskoe facility, partially 
oxidized, <0.5 mm class 

removed 

8.2 0.80 29.4 12 14 1.12 

Analysis of Table 3 indicates that partial oxidation markedly impairs the coking properties. 
Thus, the plastic-layer thickness y falls from 15 to12 mm. The other properties are unchanged. 

After removing the < 0.5 mm class, y is restored practically to its initial value. Some reduction 
in ash content is observed but is unrelated to oxidation. 

Table 4 presents the composition of the experimental blends. The differ only in the degree 
of oxidation and blends size composition of the Pokrovskoe coal, with constant of the other 
components. 

Table 4. Composition of experimental blends 

Supplier 
Content (%) in blend 

1 2 3 

Sentyanovskaya  mine 5 5 5 

Kuzbassrazre zugol’ enrichment facility 15 15 15 

Pokrovskoe facility, initial state 80 0 0 

Pokrovskoe facility, partially oxidized 0 80 0 

Pokrovskoe facility, partially oxidized, <0.5 mm class 
removed 

0 0 80 

Total 100 100 100 

Table 5 summarizes the properties of the experimental blends, while Table 6 presents their 
vitrinite reflection coefficients. Analysis of these data indicates that the addition of partially 

oxidized Pokrovskoe coal to the blend mainly affects its coking power, with decrease in plastic-
layer thickness y from 15 to 10 mm. Note that removing the <0.5 mm class reduces the 
oxidation characteristics ∆t and d0 somewhat. 

The presence of the partially oxidized coal in the blend markedly affects the expansion 
pressure, which falls sharply from 16.8 to 2.7 kPa. Removal of the <0.5 mm class increases 

the expansion pressure to 15.6 kPa, which is close to its initial value. As we see in Table 6, 
the presence of partially oxidized coal considerably increases the oxygen content in the blend, 
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while reducing the carbon and hydrogen content. Removal of the <0.5 mm class somewhat 
restores the initial ultimate composition. 

Table 5. Properties of experimental blends 

Blend Proximate analysis, % Plastometric characteristics,  

mm 

Expansion 

pressure  
Ph

max, kPa Ad
 

Sd
t Vdaf

 
x y 

1 8.5 0.73 28.5 11 15 16.8 

2 8.4 0.76 28.6 19 10 2.7 

3 8.0 0.75 28.8 16 13 15.6 

Table 6. Vitrinite reflection coefficient and ultimate composition of experimental blends  

Blend Mean vitrinite 
reflection coefficient 

R0,% 

Ultimate composition, % 

Cdaf
 

Hdaf
 

N
daf Sd

t Odaf
d
 

1 1.12 87.28 5.82 5.82 0.70 4.30 
2 1.10 86.21 5.74 5.74 0.74 5.42 
3 1.11 87.07 5.80 5.80 0.75 4.47 

We conclude from the coking of the experimental blends in a 5-kg laboratory furnace 
(designed by the Ukrainian Coal-Research Institute) that the presence of partially oxidized 
coal reduces the mechanical strength of the coke by 1.7% in terms of the crushability M25, 

with 1.0% increase in the wear index M10 (Table 7). The total content of anisotropic carbon in 
the coke is reduced from 80 to 73%, while the content of isotropic carbon rises from 4 to 12%. 
In other words, the coke becomes less ordered (Table 8). Note that our results confirm the 
simultaneous change in mechanical strength and expansion pressure of the experimental 
blends reported in [6–8]. 

Table 7. Quality of coke from experimental blends 

Blend 
Proximate analysis, % 

Mechanical strength, 

% 

Reactivity and 
strength after 

reaction, % 

Ad
 

Sd
t Vdaf

 
M25 M10 CRI CSR 

1 11.1 0.65 0.7 90.0 8.1 38.6 49.1 

2 11.2 0.62 0.8 88.3 9.1 40.5 44.9 

3 10.4 0.63 0.7 89.8 8.3 34.4 53.6 

Table 8. Microstructure of coke 

Blend Inertinite Isotropic carbon (I) 
Anisotropic carbon (A) 

mosaic (M) striated (S) plate (P) ∑A 

1 16 4 78 2 0 80 

2 15 12 73 0 0 73 

3 17 6 75 2 0 77 

Along with the loss of mechanical strength and decrease in the content of anisotropic 

carbon, we note deterioration in the reactivity CRI and strength after reaction CSR of the coke. 
Specifically, CRI increases from 38.6 to 40.5%, while CSR decreases from 49.1 to 44.9%. 

For coke from blend 3, CRI and CSR are better than for the initial blend, thanks to the removal 
of the <0.5 mm Pokrovskoe coal. 

After removal of the <0.5 mm class, the M25 and M10 values of the coke are practically the 
same as for coke from blend containing unoxidized Pokrovskoe coal. After removal of the <0.5 
mm class, the CRI and CSR values are better than for blend 1. 

Our results indicate that it is advisable to use oxidized coals separately from the other 
flotation concentrate for example, as a fuel in thermal power stations or as an additive to coal 
blend in the production of the special types of coke. 
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We now consider the influence of the degree of grinding of oxidized coal in coking blend on 
the coke quality. 

Other researchers have reached a conclusion stated as follows by Gryaznov [9]: “Since the 
coking of coal grains is a surface process, the best coking will be observed when poorly coking 
components are ground more finely, while satisfactorily coking components are ground more 

coarsely. This will also reduce the internal stress in the coke.” 
Currently, Ukraine is importing large quantities of poorly coking coal and petrographically 

nonuniform coals, which is often oxidized. Accordingly, it is of interest to assess the prospects 
for reducing the negative influence of such coal on coke quality by grinding it more finely.  

Tables 9 and 10 present the properties and petrographic characteristics of the coals in the 

experimental blend. As we see, the properties of the coal samples correspond to their rank 
assignments. 

Table 9. Properties of coal in blends 

Supplier Proximate analysis, % 
Plastometric 

characterist ics, mm 
Oxidation 

index Δt, oC 
 Ad

 

Sd
t Vdaf

 

x y  

Taldinskii mine 8.7 0.62 38.2 39 10 1.0 

Shchedrukhinskaya enrichment 

facility, sample 1 
8.0 0.63 38.9 33 11 4.0 

Shchedrukhinskaya enrichment 
facility, sample 2 

7.6 0.42 39.4 32 10 10.0 

Duvanskaya enrichment facility 7.1 1.23 33.4 13 21 1.0 

Wellmore 7.0 1.08 33.7 23 19 1.0 

Pokrovskoe facility 8.6 0.75 27.7 13 13 1.0 
Bochatsk ii mine, sample 1 8.0 0.31 24.8 32 10 2.0 

Bochatsk ii mine, sample 2 8.0 0.36 26.3 33 9 11.4 
Pocahontas 7.7 0.82 17.9 8 12 2.0 

Table 10 Petrographic characteristics of coal in blend 

Supplier 
Petrographic  composition, % 

Mean vitrinite 

reflection 
coefficient R

0
, %  Vt Sv I L ∑FC 

Taldinskii  mine 73 2 2 2 25 0.67 

Shchedrukhinskaya  enrichment facility, sample 1 81 0 0 2 17 0.66 

Shchedrukhinskaya  enrichment facility, sample 2 82 0 0 2 16 0.61 

Duvanskaya enrichment facility 88 0 0 3 9 1.00 

Wellmore 78 0 0 4 18 0.96 

Pokrovskoe facility 87 1 1 2 10 1.19 

Bochatsk ii mine, sample 1 48 1 1 1 51 1.08 

Bochatsk ii mine, sample 2 55 1 1 1 44 1.07 

Pocahontas 74 0 0 0 26 1.58 

 

Supplier Vitrinite reflection, % 

 0.50–
0.64 

0.65–
0.89 

0.90–
1.19 

1.20–
1.39 

1.40–
1.69 

1.70–
2.59 

Taldinskii  mine 73 2 2 2 25  

Shchedrukhinskaya  enrichment facility, sample 1 81 0 0 2 17  

Shchedrukhinskaya  enrichment facility, sample 2 82 0 0 2 16  

Duvanskaya enrichment facility 88 0 0 3 9  

Wellmore 78 0 0 4 18  

Pokrovskoe facility 87 1 1 2 10  

Bochatsk ii mine, sample 1 48 1 1 1 51  

Bochatsk ii mine, sample 2 55 1 1 1 44  

Pocahontas 74 0 0 0 26  
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Marked oxidation of the petrographically uniform coal from Shchedrukhinskaya mine and 

the petrographically nonuniform coal from Bochatskii mine changes many of their properties. 
For example, volatile matter is higher in the oxidized coal, while the plastic-layer thickness is 
less. That significantly affects the coking properties, as will be shown later. The petrographic 
characteristics are partially unchanged, as noted in [10]. 

Table 11 presents the composition of the experimental blends containing oxidized coal. 
Blend preparation is as follows. Blend 1 is average coking blend used at Zaporozhcoke, produ-
ced by grinding until the content of the ≤3 mm class is 80%. In blend 2, 10% of the unoxidized 
Shchedrukhinskaya coal (sample 1) is replaced by oxidized coal of the same type (sample 2). 
Otherwise, blend preparation is unchanged. In blend 3, the oxidized Shchedruk-hinskaya coal 

is ground until the content of the ≤1 mm class is 100%. As before, the remainder of the blend 
is ground until the content of the ≤3 mm class is 80%. 

Table 11. Composition of experimental blends 

Supplier Content (%) in  blend 

1 2 3 4 5 6 

Taldinskii  mine 20 20 20 30 30 30 
Shchedrukhinskaya enrichment facility, sample 1 10 0 0 0 0 0 
Shchedrukhinskaya enrichment facility, sample 2 0 10 10 0 0 0 
Duvanskaya enrichment facility 10 10 10 10 10 10 
Wellmore 18 18 18 18 18 18 
Pokrovskoe facility 35 35 35 25 25 25 
Bochatskii mine, sample 1 0 0 0 10 0 0 
Bochatskii mine, sample 2 0 0 0 0 10 10 
Pocahontas 7 7 7 7 7 7 

Blends 4–6 are produced analogously but with petrographically nonuniform Bochatskii coal 
(samples 1 and 2), instead of the Shchedrukhinskaya coal. 

Analysis of Table 12 indicates that, in the experimental blends, which have a relatively low 
content of oxidized coal, the ash content, total sulfur content, volatile matter, plastic-layer 
thickness, and vitrinite reflection coefficient are practically the same. Consequently, we may 
assess the influence of the blend preparation on the coke quality. 

Table 12. Properties of experimental blends 

Blend 

Proximate analysis, % Plastometric characteristics, mm Mean vitrinite  

reflection 

coefficient R0, 

% 

Ad
 

Sd
t Vdaf

 
x y 

1 8.1 0.82 31.9 22 14 1.00 

2 8.0 0.80 31.9 22 14 0.99 

3 8.0 0.80 31.9 21 14 0.99 

4 8.1 0.78 31.5 24 14 0.99 

5 8.1 0.78 31.7 24 13 0.99 

6 8.1 0.78 31.7 24 13 0.99 

We conclude from the coking of the experimental blends in a 5-kg laboratory furnace 

(designed by the Ukrainian Coal-Research Institute) that the presence of partially oxidized 
coal Shchedrukhinskaya enrichment facility, sample 2 and petrographically nonuniform coal 
impairs the crushability reactivity, and coke strength after reaction (Table 13). 

As already noted, the introduction of oxidized coals has practically no influence on the 

blend-in particular, on the volatile matter and plastic-layer thickness, which are generally used 
to assess the blend properties. However, as is evident from the coking results, these 
characteristics are insufficient to assess the change in coking properties of the blend on 
introducing oxidized coal. 
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Table 13. Quality of coke from experimental blends 

 

Blend 
Proximate analysis, % 

Mechanical strength, 

% 

Reactivity and strength 

after reaction, % 
Ad

 
Sd

t Vdaf
 

M25 M10 CRI CSR 

1 10.7 0.74 0.3 92.9 5.8 32.6 52.7 
2 10.8 0.72 0.2 91.7 6.3 33.5 51.2 

3 10.9 0.72 0.3 92.5 6.1 32.7 52.6 
4 10.6 0.70 0.4 92.8 5.9 32.8 52.4 
5 10.8 0.71 0.2 91.4 6.2 34.0 50.3 
6 10.7 0.71 0.3 92.7 6.0 32.9 51.9 

The volatile matter and plastic -layer thickness are also practically unchanged during 

oxidation (Table 9). Accordingly, we may suppose that the oxidation index ∆t is an important 
supplementary characteristic of coal and coal blends, reflecting the change in coking properties 
on oxidation. 

Finer crushing of poorly coking oxidized coal practically eliminates its effect on coal quality 
specifically on M25, M10, CRI, and CSR. 

4. Conclusions 

The oxidation index is an important supplementary characteristic of coal and coal blends, 
indicating the change in coking properties during oxidation. The coke obtained from coal blend 

containing poorly coking oxidized coal has a higher content of isotropic carbon and a lower 
content of anisotropic carbon. That explains its increased reactivity and impaired mechanical 
and strength after reaction. 

The oxidation throughout storage is the most for small coal classes (<0.5 mm). Preliminary 
removal of <0.5 mm oxidized coal markedly improves the reactivity and also the mechanical 

and coke strength after reaction. 
A method of preparing oxidized coal for coking is proposed: finer grinding (until the content 

of the ≤1 mm class is 100%). That considerably reduces the influence of the oxidized coal on 
the quality of the blast-furnace coke produced. 

Symbols 

Ad  ash content of coal in the dry state, %;  Δt  oxidation index, °C; 

Vdaf  volatile matter in the dry ash-free state, %; d0  degree of oxidation, %; 
St

d  sulphur of coal in the dry state, %; y  thickness of the plastic layer, mm; 

cA  the degree of molecular association; Ph
max  expansion pressure of coal (blend), kPa; 

fa  the aromatic content of the structure;  CRI  coke reactivity index, %; 
R0  mean vitrinite reflection coefficient, %; CSR  coke strength after reaction, %; 

Vt  vitrinite, %; I  isotropic texture of carbon in coke, %; 

Sv  semivitrinite, %; M  mosaic texture of carbon in coke, %; 
I  inertinite, %; S  striated texture of carbon in coke, %; 

L  liptinite, %; P  plate texture of carbon in coke, %; 

∑FC  sum of fusinized components, %;   
∑A sum of anisotropic texture of carbon in coke, %; 

Cdaf, Hdaf, Ndaf, Odaf
d  carbon, hydrogen, nitrogen and oxygen in the dry, ash-free state, %; 

M10, M25  indices of resistance of coke abrasion and fragmentation, respectively, %. 
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Abstract 

The effect of zirconium on nano-structure iron catalysts were compared to the unpromoted nano-struc-
ture iron catalyst for Fischer-Tropsch Synthesis. The catalysts were prepared by micro-emulsion method. 

The composition of the final nano-sized iron catalysts, in term of the atomic ratio contain as: 100Fe/5Cu, 
100Fe/5Cu/2Zr. XRD , BET , H2-TPR and TEM techniques were utilized to assess the catalysts phase, 

structure and morphology. The promoted catalyst compare to the unpromoted cata -lyst , has higher 

FT  rate and CO2 production. Zr promoter has the best performance than unpromoted iron catalyst. 

Keywords: Nanoparticles iron catalyst; Microemulsion; Fischer–Tropsch Synthesis; Zr Promoter. 

 

1. Introduction 

The Fischer-Tropsch Synthesis (FTS) is a heterogeneous surface catalyzed polymerization 

process. During this process, CHx monomers formed via hydrogenation of adsorbed CO on 
transition metals  produce hydrocarbons and oxygenates with a broad range of chain lengths 
and functional groups. FTS is an important step in the manufacture of hydrocarbon fuels from 
coal or syngas. Although several metals are active for the FTS, only iron and cobalt catalysts 
are economically feasible on an industrial scale. The use of iron-based catalysts is suitable not 

only for their low cost and  availability, but also their high water-gas shift activity makes it 
possible to use these catalysts with low H2/CO ratios [1-7]. 

Among promoters, potassium has been used as a promoter for iron catalysts. Potassium can 
also increase the catalytic activity for FTS and WGS reactions . Copper is normally added to Fe-
based FTS catalysts as a chemical promoter. It is added to enhance hematite reducibility [8-10]. A 

positive affect of other transition metals, such as Mo, Ta, V, and La, on the iron based cata-
lyst activity for both CO hydrogenation and WGS activity also has been reported [11-14]. 
Although the studies on the Fe -based FT catalysts are extensive, the investigations on the 
effect of Zr on the catalyst is scarce. In this study, a micro-emulsion method has been deve-
loped to prepare two nano-sized iron catalysts by preparing nano-size iron with copper and 

zirconium oxide separately from their solutions. Effect of Zr promoter was investigated on 
catalyst morphology, activity and product selectivity in FTS. The catalysts  were tested in a 
fixed-bed reactor at FTS conditions. 

2. Experimental 

2.1. Catalyst preparation 

Nano-structure iron catalysts were prepared by water-in-oil microemulsion method. A water 
solution of metal precursors, FeCl3·6H2O and Cu(NO3)2.4H2O were added to a mixture of an oil 
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phase containing 1-propanol and chloroform and sodium dodecyl sulfate (SDS) as a surfactant. 
Hydrazine in the aqueous phase was added as precipitating agent and stirred for 3 hour. The 
obtained mixture was left to decant overnight. The solid was recovered by centrifugation and 
washed thoroughly with distilled water, ethanol and acetone. Finally, the samples were dried 
overnight at 120oC, and subsequently calcined in air at 390oC for 3 h. Nanostructured zircon-

nium oxide was prepared like nanostructured iron and copper. At the next step, they were 
mixed together. The promoted catalysts was dried at 120oC for 20 h and calcined at 390oC for 
3 h in air [12]. The catalyst compositions was designated in terms of the atomic ratios as: 
100Fe/5Cu, 100Fe/5Cu/2Zr. All samples were pressed into pellets, crushed and sieved to obtain 
particles with 16-30 mesh. 

2.2. Catalyst characterization 

BET surface area, pore volume and average pore size distribution of the catalysts were de-
termined by N2 physisorption using a Micromeritics ASAP 3020 automated system. A 0.2 g 
catalyst sample was degassed in the system at 100°C for 1 h and then at 300oC for 2 h prior 
to analysis. The analysis was done using N2 adsorption at -196oC. XRD spectra of fresh catalyst 
was conducted with a Philips PW1840 X-ray diffractometer with monochromatized Cu (Kα) ra-

diation for determining of iron phases. Temperature programmed reduction (TPR) profiles of 

the calcined catalysts were recorded using a Micromeritics TPD-TPR 290 system. The TPR of 
50 mg of each sample was performed in 5% hydrogen/argon gas mixture. The H2 reduction 
process illustrated three stages in the temperature range between 200-800oC. Average 
particle size of the calcined powders was measured by LEO 912AB TEM. The composition of 
catalysts was determined using atomic absorption instrument (Perkin-Elmer model 2380).  

2.3.  Cata-test system and operation procedure 

The catalytic experiments were conducted in a fixed-bed stainless steel reactor. The reactor 
was loaded by 1.5g catalyst. The catalyst was reduced in a %10 H2/N2 flow at 400oC for 2h. 
The catalyst activation was followed in a stream of synthesis gas with H2/CO=1 and SV= 
2NL.h-1.gCat-1 for 24 h in atmospheric pressure and temperature of 270oC. Following the acti-
vation process, the reactor pressure and temperature raised to 20 bar and 290oC, respectively 

and the reaction initiated in synthesis gas stream with H2/CO =1 and GHSV= 2.8 NL.h-1.gCat-1. 
The products were analyzed by a gas chromatograph (Varian CP 3800), equipped with three 

subsequent connected columns: Two packed columns connected to two thermal conductivity 
detectors (TCD) which used for analyzing H2 ,CO, CO2 , CH4 and other non-condensable gases. 
A petrocol Tm DH100 fused silica capillary column attached to a flame ionization detector (FID) 

for analyzing organic liquid products [9,15]. The activities and product selectivities were as-
sessed after 60 h from initial time. 

3. Results and discussion 

Transition elements are used as promoters because they can modify the adsorption pattern 
of the reactants (H2 and CO) on the active sites. The effect of Zr promoter on the behavior of 

the iron-based FTS catalysts; namely, CO chemisorptions enhancement has been justified as 
a consequence of the iron tendency to withdraw electronic density from zirconium. Therefore 
the strength of the Fe–CO bond was enhanced [12]. Elemental analysis was performed to 
determine the composition of elements in the nano-sized iron catalysts. Table.1 shows results 
of catalysts surface area.  

Table 1. Textural properties of the catalysts 

Catalyst BET surface area 

(m2/g) 

Pore volume, 

(cm3/g) 

Average pore size 

(nm) 

100Fe/5Cu 46.3 0.25 15.2 

100Fe/5Cu/2Zr 43.2 0.23 13.4 
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By adding of zirconium, the BET surface area, pore volume and average pore size in the 

catalysts decrease as it promotes the aggregation of the catalyst crystallites and blocks up 
the pore volume of the catalyst. 

Nanostructured iron catalysts were characterized by X-ray diffraction (XRD) after calcina-
tions. Fig.1 shows the XRD patterns of the catalysts prepared by the microemulsion method. 

The addition of Zr did not cause any obvious change, and no phase containing metals above 
were detected. All the catalysts showed the Fe2O3 crystalline phase. The characteristic peak 
at 2θ = 33.3◦ corresponds to the hematite 104 plane . 

 

Fig. 1. XRD spectra of the fresh catalysts; (a)100Fe/5Cu (b) 100Fe/5Cu/2Zr 

The morphology of the catalyst was illustrated by TEM images as shown in Fig.2. TEM revealed 
that the nanoparticles diameter was in the range of 10–30 nm. 

 

Fig 2. TEM micrograph of 100Fe/5Cu/2Zr catalyst 

Fig.3 shows the H2-TPR profiles of the nano-sized iron catalysts. H2-TPR determined re-
duction behavior of the catalysts. The first stage is ascribed to the transformations of CuO to 

Cu, the second stage is attributed to the transformation of Fe2O3 to Fe3O4 whereas the third 
stage represents the transformation of Fe3O4 to Fe .  
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Fig.3. H2-TPR profiles of the catalysts;  (1) 100Fe/5Cu (2) 100Fe/5Cu/2Zr 

Addition of promoter increased reduction temperature and reaction time. The promoter 
increases the catalyst activity. The addition of copper accelerates the deactivation of  the 
catalyst, whereas the addition of Zr  improve the FTS activity of iron-based catalysts. Fig.4 
shows  FTS rate and Water Gas Shift (WGS) rate. During FTS process, one part of H2O 
produced by FTS reaction is a by WGS reaction. 

 

Fig. 4. RFTS and RWGS of the catalysts 

Zr promoter into iron-based catalyst can promote CO adsorption, increases the 
concentration of CO species, shifts WGS reaction to right and thus improves WGS activity 
(Equation.1).  

CO   +   H2O CO2 +  H2 (1) 
The high WGS activity decreases the H2O pressure and stabilizes the iron carbides. Zr 

promoted iron catalyst has higher CO conversion than unpromoted catalyst. Products 
selectivity of the catalysts shows in fig.5. It shows selectivities to gaseous and light hydro-

carbons (methane and C2–C4) and heavy hydrocarbons (C5
+). All of these results imply that 

the chain growth reaction is incresed and the hydrogenation reaction is decreased while Zr 
was added in the catalyst. Both the amount of the promoters and the reaction conditions 
influence the product selectivity.  
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Fig 5. Products selectivity of the catalysts; Reaction condition: Time on Stream  60 h, 290 ◦C, 20MPa, 
H2/CO = 1  and SV= 2.8nl.gCat -1. h−1.a Selectivity to oxygenates was negligible (<3%) in all cases 

In this work, addition of  Zr promoter facilitates the CO dissociative adsorption, leading to 
a higher coverage of carbon species on the surface and thus promotes the chain growth 
reaction.  

4.Conclusions 

Nano- structured iron  catalysts were prepared by microemulsion method. Effect of the zir-
conium into nanoparticles iron catalyst was investigated on the performance of the CO hydro-
genation. Zr promoter into nano-sized iron catalyst has significant influences on the catalytic 
performances during Fischer–Tropsch synthesis. The changes in the catalytic performances 

can be attributed to the effect of promoter on H2 and CO adsorption, which further significantly 
affects the FTS performances of the catalysts. Zr promoter significant ly improve the FTS and 
WGS activities . 
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Abstract 

This article describes the compounds of energetic material costs of the oil refining at the refineries and 
some tendencies of energy – saving technologies. It also shows the possibility of applying heat pumps, 

refrigeration machines, heat pipes for refining plants modernization and reduction in energy 

consumption. 

Keywords: : temperature; pressure; energy-saving; heat pumps; refrigeration machines; heat pipes; heat recovery; 

screw compressor. 

 

1. Introduction 

Oil refining industry has defined the direction of development which stipulates deeper oil 
processing and increase of light products output, the requirements for motor oils quality 
increase as well. All these obstacles lead to considerable complication of the technological 
schemes and sharp increase of the refining expenses. Decrease of the energy costs is one of 

the most relevant problems, and its solving is connected with upgrade of equipment, 
integration of heat flux by using Pinch analysis. Also of interest is implementation of the 
modern hi-tech designs such as the absorbing heat inverter (AHI), compressor heat pump and 
heat pipes, which found a wide application in the nuclear and many others branches of industry [1]. 

 

Fig. 1 presents typical structure of oil processing according to the fuel scheme. 

Analysis of this scheme has shown that summary energy costs of oil processing reach from 
15 to 17 % of extracted oil (fig. 2). That means not only immense material expenses but also 
a large amount of atmospheric emmisions.  
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Fig. 2. Summary energy costs of oil processing 

The primary oil processing facility is very energy-intensive due to the large amount of raw 
products. It is followed by hydrotreating and reforming facility, then – catalytic cracking and 

hydrocracking. The distinctive feature of these processes is the comparative low temperatures 
for their implementation (about 423 – 473 K). The raw is heated, as usual, by water vapour 
or high-temperature coolant, that has been heated previously in a furnace. The low tempe-
rature of output products does not allow to achieve high level of heat level of heat recupe-
ration. The specific energy consumption is 70-100 kg of fuel per 1000 kg of refining materials.  

One of the most perspective hi-tech designs are the absorbing heat inverter (AHI), com-
pressor heat pump and heat pipes, how it was already mentioned before.  

The AHI has these following advantages: ability to work in coolness production mode and 
heat production mode at the same time, herewith secondary products may be used as the 
sources of energy. The secondary products are water vapour under pressure 0,15 – 0,17 MPa, 
hot water with the temperature about 360-370 K etc.  

The most popular among the AHI’s are absorbing lithium bromide refrigeration machines 
(ABRM). The production cost of the cold, produced by these machines is 2-3 times lower than 
the production cost of the cold, produced in compressing cold machines. Applying the ABRM 
allows to reduce energy consumption and the capital expenditures pay off in less than 2 years [2]. 

Domestic and foreign manufacturers propose the wide range of screw compressors for 

compressing the hydrocarbon gases, including oil gas, torch gases etc. Screw compressors do 
not become fouled because compressed vapour takes the impurities out.  

Heat pump is the advice, which is able to transfer a large amount of power at the low tem-
perature gradient. It has encapsulated design which is partly filled with liquid coolant [2-3].  

In the heating zone liquid coolant evaporates with absorption of heat. The movement of 

vapour from the evaporation zone to the condensation zone occurs due to the gradient of 
pressure of saturated steam in these zones. The liquid moves back to the evaporation zone 
through the capillary structure (wick), which is located inside the heating tube, mainly on its 
walls, by the gravity force or capillary pressure gradient. The effective thermal conductivity of 
heat pipe is 10 times more than thermal conductivity of copper, silver or aluminum and 

reaches 107 W/m∙K. 
The wick heat pipes, in which the transfer of liquid phase occurs due to the capillary forces, 

have wide application in nuclear, space and electronic industry, in the environment where the 
gravity is low or absent. The most perspective for applying in petroleum industry are smooth 
gravity tubes with phase transition – they are also called thermosiphon. The wick-fed 
structures of inner surface of the pipe produce additional hydraulic resistance for the 

condensate flow. As a results, the heat flux in wick pipes is less than in thermosiphons.  
The heat pipes may be also applied for utilization of heat of exhausted gases, cooling of the 

liquid flux, warming of the thermolabile liquids at the constant temperature etc.  
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Several ways of application of the AHI, compressing heat pumps, screw compressors and 
heat pipes in the oil processing are given below. 

2. Primary oil processing 

As it was mentioned above, the primary oil processing equipment is the most energy-
intensive. There is two possible ways of cost reduction: increase of the recuperation level of 

waste products and optimization of the technological schemes and parameters of  the oil 
distillation.  

The first way deals with the optimization of heat-exchange scheme and decrease of 
temperature of oil that comes to the heating furnace. In the modern equipment this 
temperature reaches 540-550 K. At the same time, waste products with the temperature lower 

than 420 K may transfer its heat to the air in numerous air-cooling units (ACU), but they’re 
not practically applied at all. Therefore, we have great possibility to decrease the amount of 
ACU and reduce the energy consumption [4].  

The second way deals with the optimization of the separation scheme, decrease the 
pressure level in atmospheric and vacuum columns. All these obstacles allow to reduce the 
heat load in furnace and reduce the heating temperature in atmospheric and vacuum columns 

to 630 and 650 K respectively, reduce the raw decomposition level and coking of furnace coil. 
Due to the decrease of pressure the conditions of steam condensation at the top of the column 
get worse. The screw compressor may be used to support the pressure to supply the gas to 
the hydrotreating unit and the liquid gas emission unit [5-6].  
 

 

Fig.3 – The principal scheme of atmospheric distillation unit: 1 – preliminary separator; 2,11 – heating 

furnaces; 3 – atmospheric column; 4,5 – stripping-sections;  6,9 – reflux vessels; 7 – screw compressor; 
8 – stabilizer; 10 –vacuum column; 12 – barometric vessel; 13 – ACU; I – oil; II – kerosene fraction; 

III – light diesel fraction; IV – heavy diesel fraction; V – fuel gas; VI – liquid gas; VII – stable gasoline 

fraction; VIII – diesel fuel compound; IX – vacuum gasoil; X – tar; XI – low-pressure water vapour  

Fig. 3 presents the technological scheme of the primary oil processing with applying the 
power saving technologies. It has the following features: 
 The temperature of oil after the desalter unit rises up to 550 K due to the effective heat-

exchange scheme 

 The furnace has a separator to decrease the pressure drop 1 
 The excessive pressure on the top of the atmospheric column 3 is about 0,14 MPa 
 The temperature of oil at the furnace exit is 630 K 
 The screw compressor 7 has been installed to feed the stabilizer 8 with the steam. 

Pressure in the compressor raises up to 0,9 MPa 
The calculations have shown that due to the decrese of pressure in atmospheric column by 

0,8 MPa, specific energy costs decrease by more than 10 %. 
In vacuum unit due to the low pressure drop at the top of the vacuum column (3,99 kPa) 

and low pressure drop inside the column and transfer pipeline it is possible to decrease the 
temperature of fuel oil heating at the furnace exit to 650 K. To support the required pressure 
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of 3,99 kPa in vacuum column, the water steam is injected into the cube and it is also 
necessary to keep the temperature at 293 K. These conditions are provided by ABRM 13, in 
which the circulating water is cooled down to 288 K. Pressured steam (0,15 MPa) may be used 
in ABRM as a coolant.  

In general, application of energy-saving technologies in the primary oil processing may 

provide the decrease of effective energy costs, the recoupment of capital expenditures is 
approximately 1,5 years [5]. 

3. Hydrotreatment of medium distillates 

The hydrotreatment of medium distillates is widely used in modern technology of oil pro-
cesssing and takes the second place by the energy expenditures (after the primary processing). 

The main ways of the energy expenditures reduction are: 
 Improving of the catalysts’ system 
 Decrease of the hydrogen concentration (integration of the concentrated hydrogen unit 

into the plants ) 
 Combination of the cold and hot separation for more effective hydrogen emission and 

maximal extraction of the liquefied gas 

 Optimization of the heat-exchange scheme, exclusion of the air-cooling units, which use 
refrigeration machines  

4. Izomerization, production of Methyl tert-butyl ether (MTBE) and fractioning of 
gases 

These processes are performed at relatively low temperatures with clear rectification of 

fractions, at are required high energy expenditures. For reduction of these expenditures it is 
reasonable to use the heat pump and ABRM 

 
Fig. 4 – Principal scheme of isomerisation unit: 1 – dryer; 2 – reactor of isomerisation; 3 – stabilization 

column; 4 – deisohexanizer; 5 – ACU; I – raw material, II – hydrogen; III – isomerizate; IV – C7+ 

fraction; V – recycled material; VI – fuel gas. 

Fig. 4 presents the principal technological scheme of isomerization unit with ABRM, which 
is able to produce cold and hot water at the same time. Cold water is used for reduction the 
temperature of recycling water and in rectification columns and hot water is used for heating 
of the columns’ cubes. The water steam of fuel gas may be used as coolants. 

The application of AHI provides the reduction of energy expenditures in more than 1,5 
times. 
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Fig. 5 – Principal scheme of gas cooling with the heat pipe: 1 – compressor; 2 – evaporator of heat pipe; 
3 – condenser of heat pipe; I – hot gas; II – cold gas; III – vapour; IV – condensate; V – water  

Fig. 5 presents the principal scheme of gas cooling between the compressor stages with 

application of heat tube. The hot steam after the first compressor’s stage goes to the tubular 
or plate evaporator 2 where it transfers the heat to the intermediate coolant, that boils in the 
tubes. Then, steam goes to the condenser 3 through the heat pipe, and the condensate goes 
back to the evaporator by the gravity. As a result the heat-transfer process is closed. 

 

Fig. 6 Principal scheme of heating of the column cube with the heating pipe:  
1 – heating furnace; 2 – evaporator of heat pipe; 3 – condenser of heat pipe;4 – rectification column; 
I – coolant vapour; II – coolant condensate; III – raw material; IV – bottom stream  

Fig. 6 presents the principal scheme of heating of the column cube with application of heat 
pipe. The evaporator of heat pipe (2) is placed into the heating furnace 1, and the condenser 
3 is used for heating of the column cube (4). The heating tube can be up to tens meters long 
and requires the relevant support. And it is also necessary to calculate the hydraulic resistance 
of the whole system.  

The choice of coolant depends on temperature level of heat transfer, physical and chemical 
properties and other. Therefore, as a coolants we may use alcohols, freons, distillated water, 
metals etc. 

The heat pipe provides effective heat transfer with the minimal temperature drop and 
maximal heat transfer coefficients due to the phase transitions. And due to the absence of 
pumps the operation and capital costs are reduced to a minimum. 

Symbols 

AHI     absorbing heat inverter 

ABRM   absorbing lithium bromide refrigeration machines  

ACU     air-cooling units  
MTBE -  methyl tert-butyl ether  
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Abstract 

In this paper, the fractal dimension of carbon deposits from coke oven chamber is defined. The surface 

of the carbon deposit has been examined using a scanning electron microscopy. The images of surfaces 

of the carbon deposit are given. The analysis and measurements of fractal clusters images have been 
presented. The data on the actual density of the deposit and its electrical resistance is given. The 

sphere-like clusters of the fractal structures are layered bodies. The fractal dimension D of the carbon 

deposit that is formed in the cells of coke ovens is 2.925. 

Keywords: fractals; carbon deposits; clusters; layered structures; scanning electron microscopy. 

 

1. Introduction 

Fractal solid bodies are formed under conditions of energy dissipation in the open self-
organizing systems. The driving force of self-organization in dissipative systems is the ten-
dency of the substance to decrease the entropy [1]. The typical features of the fractal struc-
tures are a self-similarity, scale invariance, a structural hierarchy, nanoscale porosity and a 
fractal dimension. 

Fractal structures are formed from atoms, molecules, nanoscale particles, and clusters. 
Substance clusters form three-dimensional structures with the characteristics of fractality. The 
typical examples of fractal structures are carbon deposits (cathode deposit) at graphite 
sputtering in the plasma of electric arc during the process of fullerenes obtaining [2-7]. Besides 
that, carbon films deposited in fusion devices are also fractal structures [8]. 

The above mentioned characteristic features of fractal structures were most  clearly obvious 

in carbon deposit, obtained by plasma sputtering of graphite in an electric arc [2-3]. In the 
initial stage of carbon deposits, formation spherical carbon cluster size of 6-8 nm are formed, 
from which spherical aggregates of size 0.3-0.6 microns are formed. Carbon deposit has 
micro-hardness, vastly greater than graphite, the density of 1.32 g / cm3, while the density 
of graphite is 2.3 g / cm3. The low density of the carbon deposit is the evidence of its porosity. 

It is well known that during the carbonization the growth of carbon deposits in the coke 
oven chambers is observed. The presence of carbon deposits can cause a number of serious 
problems in the coke oven operation. They may inhibit the gas flow from the furnace, and 
their removal can cause damage to the refractories and the coke pusher equipment. Some 
plants burn carbon deposits in the empty furnace, and this obviously leads to the loss of effi-

ciency and damage of the brickwork, which can also lead to the environmental problems [9-10]. 
Carbon deposits from the coke oven chambers are heterogeneous materials, but most of 

them are composed of spherical formations, similar in structure to the carbon deposit, 
obtained by plasma sputtering of graphite in an electric arc. As the carbon deposits from the 
coke oven chambers have not considered as fractal structures yet, in this paper, we make an 

attempt to identify and assess their fractal characteristics. 
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2. Experimental 

2.1. Samples preparation 

The samples of the carbon deposits, selected from the existing coke oven chamber were 
examined. Sampling was conducted during the period between the chamber loadings. The 
outer layer of the carbon deposits parallel to masonry furnace was used for analysis. The parts 

for research (block sizes of 20 x 20 mm) were cut with a diamond cutter. The carbon deposits 
from the coke oven chambers, which are on the surface from the side of coking coal charge, 
have globular clusters that are apparent to the naked eye. 

2.2. Electronic scanning microscopy 

The depositing surface of the coking chamber has been examined using a scanning electron 

microscopy (SEM) with an electron microscope Jeol JSM 5800LV. The accelerating voltage was 
20 kV. To conduct the research, we have prepared carbon deposit cleavages of  size 3 x 3 mm, 
on which we have deposited a graphite layer in a vacuum, and then we have deposited a layer 
of gold. Thereafter, the samples have been placed under a microscope and examined. The 
analysis and measurements of the images have been presented using Altami Studio 2.1 
software. 

2.3. Characterization 

For carbon deposits samples we have determined the yield of volatile substance on the dry 
and ashless dry mass, ash content, the actual density (pyknometric method) and resistivity 
(a two-probe method). Electrode graphite has been used as a comparison sample. We have 
also determined the density and electric resistance of graphite. 

3. Results and discussion 

Devolatilization for carbon deposit dry weight Vd constituted 1.63 % for dry ashless weight 
Vdaf it constituted – 1.69 %. Ash deposit – Ad – was 3.42 %. Table 1 shows the results of deter-
mining the actual density and the electric resistance of the samples of carbon deposits and 
the graphite electrode. 

Table 1. The characteristics of the examined samples 

The name of the sample 
Actual density, 

g/cm3 
Electrical resistance, 

10–4 Ohm/m 

Carbon deposit 1.982 9.7 

Graphite 2.250 3.8 

Our experiments have shown that the density of the carbon deposit is less by 12 % than 
graphite, and its resistivity is about 2.6 times as much as graphite. The differences in the 

density of graphite and deposit are probably due to the deposit porosity. A higher value of the 
deposit electrical resistance can occur due to special features of electron transfer in the fractal 
bodies as well as the deposit porosity. 

 There is every reason to determine the carbon deposit of the coking chamber as a fractal 
structure in the following ways: self-similarity, scale invariance, and a structural hierarchy. 

The results of the electron microscopic research confirm the fractality of the examined carbon 
deposit samples from the coke oven chamber, Fig. 1(a-c). Fig. 1c shows that the spherical 
clusters, in turn, are superficial and contain the surface clusters.  

The surface clusters sizes are within 0.5-2.8 µm. It is difficult to determine the exact 
dimensions since the surface clusters are not the planar shapes and they present bulges of 

different height on the spherical surface. The surface appearance of the carbon deposit clusters 
resembles foam, though globular clusters are not hollow, they are a multi-layer formation of 
the bulbous carbon type. The layering of clusters is clearly visible in places of clusters 
separation from each other (Fig. 2). 
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Fig. 1 (a,b,c). The fractal structure of the carbon 

deposits from the coke oven at different magni-

fications 

Fig. 2. Multi-layer structure of the cluster from the coke 

oven deposit 

The average diameter of the carbon deposit clusters is 18.5 µm. But there are opened or 

"destroyed" clusters with a diameter of 100-200 µm. One of such carbon deposit clusters from 
the chamber coke oven is shown in Fig. 3. 

In the center of this cluster, we can see the embryonic structure, whose dimensions do not 
differ significantly from the mean size of the fractal clusters. The layered structure of the 
carbon cluster is visible. The layer thickness is 0.5-1.0 microns. Part of the layers is "fused."  

The texture of layers resembles a cabbage leaf. Each such "cabbage leaf" has a fractal 
structure of the same type as the spherical surface of the clusters in Fig. 1c. 

The layer thickness of the carbon clusters deposit is not apparently associated with coking 

periods as during the coking period of coal loading a layer carbon deposit from 200 µm or 
more can be formed on the surface of refractories.  
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Fig. 3. Destroyed cluster of the carbon deposit from the coke oven chamber  

To calculate the fractal dimension, we should use the model of fractal aggregates 
composing of clusters with radius r0 and having a density of graphite P0. With a radius of a 
fractal aggregate R >> r0, the number of clusters is defined as [11] 

N(r) = (R / r0)D, 1 < D < 3,               (1) 
where D is a fractal dimension.   

From (1) it is followed the expression that determines the density of substance in the sphere 
of radius R 
  = 0 (r0 / R)3 – D,                   (2) 

where  is the density of the carbon deposit. 
With an average value of r0 = 9.25·10-3 g / cm3 and  = 1.982 g/cm3, 0 = 2.250 g / cm3, 

and R = 50·10-3 cm we obtain the fractal dimension D = 2.925. 

The fractal structure of the carbon deposit from the coke oven chambers are not spherical 
bodies in the pure form, and therefore the value of R is estimated. Nevertheless, in our 
opinion, the obtained value of the fractal dimension is very close to reality. 

In order to "get rid" of the specific sizes of fractals and clusters, we have calculated the 
fractal dimension of the deposit for a fairly wide range of radii ratio of clusters and fractal 
structures (Fig.4). 

 

Fig. 4. The dependence of the fractal dimension D on the ratio 0r /R 

We have shown the calculated dependence on the fractal dimension D of the ratio r0/R. This 
dependence is well described (the determination coefficient R2 = 0.99) with the equation of 
the following type: 
D = ln(a – bx),                    (3) 

Spherical clusters have a fairly narrow size distribution. Virtually small spherical clusters 
with a diameter of 10-12 µm are almost absent. Furthermore, we note almost a total absence of 
the separate spheres carbon deposit in micrographs. The lack of small spherical clusters suggests 
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that small clusters on the surface of a sphere with the accumulation of masses of carbon depo-
sits increase in size and become spherical clusters. Carbon deposit clusters "grow" one from 
another, forming a conical fractal structure. 

Perhaps this is due to the temperature difference between the coke gas in the furnace 
containing carbon aggregates, such as the ones that are described in work [11], and the 

chamber wall, resulting in their precipitation and an intensive growth mainly of existing "em-
bryonic" cluster structures. Their growth speed is expected to be maximum in the direction, 
coinciding with the direction of the maximum gradient of "concentration," i.e., it is perpen-
dicular to the chamber wall, which also explains the "relief angle" formations. 

Obviously, the presence of attractive forces between the complexes of carbon atoms leads, 

as in the case with liquids, to the formation of sphere-like structures, as evidenced by a 
number of experimental studies [10]. 

4. Conclusions 

Our research of the carbon deposits samples taken from the operating coke oven chamber 
has been carried out with the help of electron microscopy. The study has discovered that the 
carbon deposits samples have an evident fractal structure. 

The analysis of the obtained results suggests that the fractal dimension of the carbon de-
posit D, which is formed in the coke oven chambers is very high and has the value D = 2,925. 
We can also assume that the spherical clusters are also fractal bodies and they "grow" from 
the surface of clusters, increasing in volume during the accumulation of carbon in the 
sediments of the coke oven chambers. 
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Abstract 

A multi performance characteristics optimization based on Taguchi approach is proposed for Vacuum 

Gas Oil (VGO) hydrocracking process. Experimental runs have been planned as per Taguchi’s principle 
with three important input parameters such as reaction time, temperature, and kind of catalyst. Results 

show that the kind of catalyst is the predominant variable for the desired performance characteristics. 

Discrete lumping model is developed to predict pseudo-components (gas, naphtha, kerosene, and 
diesel) produced during the process. Finally, a production model for the produced pseudo-components 

in the presence of the selected catalyst was formulated. 

Keywords: : Vacuum gas oil; Hydrocracking, Catalyst; Naphtha; discrete lumping model. 

 

1. Introduction 

To improve the quality of petroleum fuels, the environmental regulations have led to the 
development of hydrocracking process as the second important refining process. Hydro-
cracking is a catalytic cracking process for conversion of complex feedstocks, such as vacuum 
gas oils (VGO), into lighter and valuable products such as LPG, naphtha, kerosene, and diesel [1]. 

As the demand for light fuels is going to increase rapidly, the quality and yield of hydrocracking 
products have to be further improved to meet the future demands [2]. 

To understand more about hydrocracking of unconventional crude oils, information about 
the effect of reaction conditions on selectivity, conversion, and type of feedstock is essential. 
This information can be obtained either from experiments or by simulation. It should be 

considered that experiments are highly desired, but they are costly and time consuming. 
Simulations are usually very rapid and cheap to conduct. However, modeling hydrocracking 
of heavy oils is not an easy task, since it requires detailed characterization of products and 
feed, in contrast to other lighter petroleum streams, is more complex to perform due to the 
huge amount of heavy hydrocarbons present on its composition. An accurate kinetic model 

must be employed during the simulation of hydrocracking reactor. There are different 
approaches for modeling hydrocracking kinetics which have been recently reviewed by 
Ancheyta et al. [3]. Modeling kinetics of the reactions which are occurring during hydrocracking 
of petroleum feedstocks has been traditionally studied by discrete approximation, specifically 
by lumping compounds of feed and  produced products into a few cuts which are characterized 

by ranges of normal boiling points (e.g. naphtha, middle distillates, residue, etc.), which 
undergo different series and parallel reactions [3]. The important advantages of the lumping 
technique are its easy computational implementation and a small amount of data required for 
parameter estimation. The more lumps, the better description, but increasing the number of 
lumps increases the number of parameters to be estimated [3].  In the lump modeling, 

compounds have been classified based on certain factors. These pseudo-components have a 
same molecular structure and classified based on different properties such as boiling point, 
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molecular mass, a number of carbon atoms and so on [4]. Some examples of research done 
in this field are given as follows. 

In 2013, Al-Humaidan et al. have investigated the effect of operating conditions (i.e., 
residence time and reaction temperature) on the quality of the products and yield. They also 
determined the kinetic parameters from the experimental data and compared them with each 

other [5]. Browning et al. based on analyzing results which are obtained from two-dimensional 
gas chromatography have developed a kinetic model for hydrocracking of a real VGO in a 
semi-batch reactor [6]. In 2014, Ignacio Elizalde and Jorge Ancheyta studied the kinetics of 
the hydrocracking of residue and catalyst deactivation by using the continuous kinetic lumping 
approach [7].  

To simulate and design the behavior of heavy oil upgrading processes at commercial scale, 
adequate reactor modeling tools are required. The objective of this work is the development 
of a kinetic model based on experimental data, to account major VGO hydrocracking reactions 
capable of describing the behavior of both pilot and industrial scale reactors. The experiments 
were designed by Taguchi method to produce naphtha from VGO hydrocracking, and then the 
discrete lumping model of the selected catalyst is studied. 

2. Reaction systems 

2.1. Testing procedure of the catalysts in hydrocracking of VGO 

Hydrocracking of n-hexadecane was conducted on a steel tubular fixed-bed down-flow reactor. 
The experimental setup was depicted in figure 1.  

 

Figure 1. Schematic of the experimental setup 

For each test, 1 gr catalyst was filled in the reactor and reduced by H2 gas at 30 bar pressure 
and space velocity of 200 h−1 with constant heating rate from ambient to 453 K and maintained 
at this temperature for 1 h. for pre-paring Ni-Mo-S phases, the catalysts were sulfided by a 

stream of 1wt% of dimethyl disulfide in hexane. Conditions of sulfidation were as follows: 
hydrogen atmosphere with an H2/Oil volumetric ratio of 80 nL/L at 30 bar and a space velocity 
of 200 h-1. Then, the samples were heated from 453 to 583 K with a constant heating rate of 
0.5 K/min and kept at this temperature for10 h. After the activation step, the performances 
of catalysts were evaluated using n-C16 hydrocarbons. Conditions of the reaction are as 
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follows: Feed injection rate of 30 cm3/h and H2/Oil = 175 nL/L, 30 bar, WHSV = 3 kg/ (L·h), 

LHSV = 4.2 h-1. Physical and chemical properties of the feedstock are presented in table 1. 

Table 1. Physical and chemical properties of the feedstock 

Property Feedstock Property Feedstock 

Sp. Gr. 0.893 10 Vol%, °C 380 
Viscosity @ 100°C 4.8 30 Vol%, °C 407 

S, wt% 1.57 50 Vol%, °C 426 

C7 insoluble wt% 0.12 70 Vol%, °C 443 
Distillation ASTM D-86 90 Vol%, °C 473 

IBP, °C 250 95 Vol%, °C 489 

5 Vol%, °C 356 100 Vol%, °C 506 
Lumps of feed comp. (wt%) Diesel %10  

 VGO %90  

2.2. Experimental Design method 

The Taguchi method has been usually selected to optimize the design parameters [8] 
because this approach can strikingly minimize the overall experimental costs and the testing 
time. The optimum experimental conditions, using the orthogonal array can be determined by 

the Taguchi method, [9]. In this study, Taguchi model with L16(43) orthogonal array was based 
on three controllable factors with four levels (Table 2). 

Table 2. Factors and levels of each factor 

Factor Description Level 1 Level 2 Level 3 Level 4 

A Catalyst USY-ASA/Ni-Mo USY-ASA/Ni-W β-ASA/Ni-W β-ASA/Ni-Mo 

B Temperature, (ºC) 380 395 400 410 
C Reaction time, (hr.)  1 2 4 6 

The analysis of the signal-to-noise (S/N) ratio is an important parameter in this model. 

Three usual types of S/N ratio analysis are as follows: (1) higher is bet ter (HB), (2) nominal 
is best (NB), and (3) lower is better (LB) [9]. Since the target of this study is to maximize the 
naphtha cut produced from VGO hydrocracking using co-impregnated catalysts, the S/N ratio 
with HB characteristics is required, which is calculated by:  

n
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i 1
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where: n is the number of repetitions which are under the same experimental conditions and 

Y is the measurement result.  
The analysis of mean (ANOM) statistical approach is adopted herein to determine the 

optimal conditions. Initially, the mean of the S/N ratio of each controllable factor must be 

calculated at a certain level. For example,  
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M
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
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In Eq. (2), Iin
is the number of appearances of factor I in the level i, 

Level=i  

Factor=l(M)
j

   is the S/N 

ratio of factor I in level i and thj
is its appearance sequence in Table 2. The analysis of variance 

(ANOVA) statistical method is also used to analyze the influence of each controllable factor 
under discussion process of VGO hydrocracking. The percentage contribution of each factor,

F , is given by:  

141



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 139-151 
ISSN 1337-7027 an open access journal 

 
100


 

F F Er

F

T

SS DOF V

SS
               (3) 

In Eq. (3), DOFF is the degree of freedom of each factor, which is obtained by subtracting 
one from the number of the level of each factor (L). In equation (3) SST is the total sum of 

squares and given by: 
__
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In equation (4), 
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In equation (5), m represents the number of experiments carried out in this study, and n 
is the number of repetitions under the same experimental conditions. In equation (3) SSF is 

the factorial sum of squares and given by: 
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Here 
__ F

KY  is the average value of the measurement results of each factor in the kth level. 

Furthermore, the variance of error, ErV
, is given by 
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In this research, the minimum applied temperature was set at 380ºC, and the maximum 
temperature was set at 410ºC. In temperatures above 500ºC, all of the liquid feedstock can 
be converted into gas [10], on the other hand, at temperatures below 350oC; hydrocracking of 

VGO to the liquid product is ineffective. Reaction time is also an important factor in effectively 
designing catalytic process of hydrocracking [12], so it considered in this model investigation. 
The reason could be explained by the fact that when the reaction time exceeds the optimum 
time, the majority of the liquid feed will be converted into other products such as naphtha and 
gas [10]. Experiments designed using Taguchi method is listed in Table 3. 

Table 3. Experiments design by Design-Expert software and Taguchi method 

Test 

number 

Factor A: 

catalyst 

Factor B: 

Temperature, (ºC) 

Factor C:   

reaction time (hr.) 

1 USY-ASA/Ni-Mo 380 1 

2 USY-ASA/Ni-Mo 395 2 

3 USY-ASA/Ni-Mo 400 4 

4 USY-ASA/Ni-Mo 410 6 

5 USY-ASA/Ni-W 380 2 

6 USY-ASA/Ni-W 395 1 

7 USY-ASA/Ni-W 400 6 

8 USY-ASA/Ni-W 410 4 

9 β-ASA/Ni-W 380 4 

10 β -ASA/Ni-W 395 6 

11 β -ASA/Ni-W 400 1 

12 β -ASA/Ni-W 410 2 

13 β -ASA/Ni-Mo 380 6 

14 β -ASA/Ni-Mo 395 4 

15 β -ASA/Ni-Mo 400 2 

16 β -ASA/Ni-Mo 410 1 
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3. Kinetic model development 

Hydrocracking models have significantly been developed over the last few decades [13]. A 

number of kinetic models have been suggested to hydrocracking process which has been 
composed of a limited number lumps (generally less than 10) [13-16]. These models can be 
used to simulate a small number of quantities which are important to the designer and/or 
operator of an HCK unit, such as naphtha yield [13]. Two different kinetic lumping models have 
been used to VGO hydrocracking reaction, (1) continuous and (2) discrete lumping models [17]. 
The kinetics of gas oil hydrocracking in a continuous fixed-bed tubular flow reactor was studied 

by Qader and Hill [4]. They found that rate of hydrocracking is of first order with respect to 
feed concentration [4]. The hydrocarbon mixture is studied in terms of a continuous assign-
ment (i.e., in terms of boiling point) rather than being made up of discrete entities. Then, the 
reactivity of the hydrocarbon mixture is defined as a continuous function. This subject without 
an exponential increase in the number of parameters let a fine resolution of the distillation 

curve. Besides, it is possible to combine the continuous and discrete lumping approaches by 
defining more than one continuous distribution [18]. The Increase of computational capabilities 
and the availability of sophisticated analytical techniques (e.g. [19]and [20]) are caused to 
develop of microkinetic models for HCK of heavy petroleum fractions. In order to reduce the 
size of the reaction networks, computational algorithms have been made. The single event 

microkinetic modeling method was originally developed by Froment et al. [21]. Before a 
rigorous lumping model is performed, the single events coefficients [22-23] are calculated for 
each individual reaction in order to reduce the size of the network without loss in information.   

3.1. Discrete lumping model 

3.1.1. Models based on wide distillation range fractions 

The kinetics of VGO hydrocracking was studied by Hill and Qader in a continuous fixed-bed 
tubular flow reactor [4, 14, 17]. They found that the rate of hydrocracking is followed by first 
order with respect to the concentration of feed [17] and activity energy of this reaction is about 

21.1kcal/mol. In this investigation, the kinetic data were obtained at 80 bar pressure, 
temperatures between [380-410ºC], a constant H2/oil ratio of 5900 scfb. Then based on 
boiling point range of product, it was classified into LPG (0-39ºC), naphtha (IBP-150 ºC), 
kerosene (IBP-150-250ºC) and diesel (IBP-250-380 ºC). In this investigation, it was observed 
that depend on temperature, hydrocracking of VGO using a catalyst has been followed by 

different models. In this letter, a discrete lumping model of the selected catalyst, ẞ-ASA/Ni-
W, is considered and changing procedure of their products during the hydrocracking process 
of VGO was formulated. 

3.1.1.1. Discrete lumping model of VGO hydrocracking in presence with β-ASA/Ni-
W catalyst 

After conducting research on catalyst β-ASA/Ni-W, it was found that in temperatures 380ºC 
this catalyst follows the model listed in Fig. 2. In this model, the four produced cut oils 
followed by parallel reactions.  
 
 

 

 
 

 

Fig. 2 Schematic of model 1 of hydrocracking process in parallel reactions 

Attentive to one-degree kinetic of VGO hydrocracking, kinetic equations of this process in 

presence with the β-ASA/Ni-W catalyst are as follows. In this process, VGO was converted as 
equation 3:  

 

Feed 

Diesel  

Kerosene  

Naphtha 

LPG  

k1 

k2 

k4 

k3 
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1 2 3 4( )0 1

1 2 3 4 1 2 3 4( ) ( )
k k k k tt F

F

dF
r k k k k F k k k k F F e
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                 
 (3) 

In mentioned process, the differential kinetic equation of the produced diesel cut follow of 
equation 4: 

1 2 3 4( )

1 1

k k k k tdD
k F k e

dt

   
                    (4) 

Kerosene was changing follows of equation 5: 

1 2 3 4( )

2 2

k k k k tdK
k F k e

dt

   
 

 
                  (5) 

The differential kinetic equation of produced naphtha follows of as equation 6: 

1 2 3 4( )

3 3

k k k k tdN
k F k e

dt

   
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                  (6) 

The differential kinetic equation of the produced gas is followed of equation 7: 

1 2 3 4( )

4 4

k k k k tdG
k F k e

dt

   
 

                   (7) 

By this suppose that amount of gas, naphtha, kerosene and diesel were zero at first, solving 
above equations are as follows: 
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In above equations, kinetic constants, k1, k2, k3, and k4, was calculated by fitting between 

experiment data and the equations [8-11] by Levenberg-Marquart algorithm. After considering 
experimental data in temperatures between 395-410ºC, it could be found this catalyst don’t 
follow the model depicted in Fig. 1. So, another model (Fig. 3) was proposed to explain the 
performance of the catalyst and changing procedure of different oil cuts.  
 

 

Fig. 3 Schematic of model 2 of hydrocracking process 

Kinetic equations of oil cuts during VGO hydroc racking are as follows:  

1 2 3 4( )0 1

1 2 3 4( )
k k k k tt F

Fr k k k k F F e
           

  
   (12) 

 

144



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 139-151 
ISSN 1337-7027 an open access journal 

Diesel is changed during two steps. In step (1) diesel is produced from VGO conversion 
and (2) converted into naphtha. Differential kinetic equation of diesel is as follows: 

1 5

dD
k F k D

dt
 

   
                    (13) 

At this model, Kinetic equation of kerosene is as follows:  

2

dK
k F

dt


     
                     (14) 

Kinetic equation of naphtha is: 

3 5

dN
k F k D

dt
 

  
                    (15) 

Kinetic equation of gas is: 

4

dG
k F

dt


  
                      (16) 

By this suppose that initial amount of gas, naphtha, kerosene, and diesel were zero, solving 

above equations are: 
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4. Results and discussion 

4.1. Results from Taguchi method  

Using Taguchi method in this research, 16 experiments (Table 2) were chosen to consider 
a suitable catalyst from among four catalysts, β-ASA/Ni-Mo, β-ASA/Ni-W, USY-ASA/Ni-Mo, 

and USY-ASA/Ni-W, to grow conversion of VGO and naphtha cut produced during the process. 
Results of these experiments and S/N of them were calculated using equation (1) and listed 
in Table 4. 

To choose an appropriated choice for each factor in conversion in Taguchi method, the 

amount of 
level= i

1(M)Factor  (equation 2) was calculated, and the optimum condition for enhancing 

conversion of VGO hydrocracking is achieved. Using Minitab software, yield and S/N of VGO 
conversion were calculated in optimum condition and listed in Table 5. 
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Table 4 Results of experiments designed and S/N of them calculated using equation 20 

Test number Conversion % S/N naphtha % S/N 

1 3.936 11.9369 0.44 -7.05799 

2 11.3066 20.6455 1.6666 3.83324 
3 26.4279 28.8168 4.6096 13.9044 

4 51.7 34.2796 12.2 21.6265 

5 7.42 17.4549 0.8 -1.64193 
6 5.376 14.9477 0.783 -1.89061 

7 35.8901 31.2487 6.52452 16.8119 

8 40.75 31.6680 9.4 18.4112 
9 38.76 31.9946 15.3 24.1038 

10 74.7 37.6170 40.4 32.4866 

11 24.599 27.1801 13.733 21.6413 
12 59.3486 35.7290 37.7 31.8719 

13 53.6 34.2737 23.4 26.6051 

14 55.722 34.8526 27.716 28.8649 
15 41.84 32.5453 21.6 26.6511 

16 30.25 29.8785 17.65 25.7418 

Table 5. Optimum condition for conversion of VGO hydrocracking 

Optimum condition catalyst Temperature (ºC) Reaction time 

(hr.) 

Yield (%wt.) S/N 

Conversion β-ASA/Ni-W 410 6 78.6333 43.4901 

S/N curve of conversion of VGO hydrocracking is depicted based on reaction factors by 
Taguchi method. This figure comes in Fig. 4: 

 

Fig. 3. Conversion of VGO during hydrocracking in different reaction time and temperature  

Based on Fig. 4, as time and temperature of reaction are increased, the amount of VGO 
conversion is increased. This could be because the hydrocracking reaction is done more with 
increasing temperature and reaction time. This subject is in accordance with references [10] 
and [24]. In comparison with two catalysts, USY-ASA/Ni-W and USY-ASA/Ni-Mo, the amount 

of VGO conversion was very much when β-ASA/Ni-W and β-ASA/Ni-Mo catalysts were used in 
this process. Since USY and β are two different zeolites which have two different crystallites 
and since crystallite of the catalyst is much important factor affected the performance of 
catalyst, and this is in accordance with reference [25], it could be said that crystallite of two 
both catalysts could be caused by the difference between amount conversion of VGO. By 

comparing the performance of two catalysts, β-ASA/Ni-W and β-ASA/Ni-Mo, in VGO 
hydrocracking, it could be said that capability of W metal in VGO hydrocracking is more amount 
than that of Mo metal. This should be by reason of the difference of electron properties of W 
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and Mo. To choose a suitable choice for each factor in producing naphtha, the amount of 
level= i

1(M)Factor  (equation 21) is calculated. optimum conditions for producing naphtha is listed in 

Table 6. Using Minitab software, yield and S/N of naphtha in this condition were calculated. 

Table 6 the optimum condition for producing naphtha during VGO hydrocracking 

Optimum condition catalyst Temperature (ºC) Reaction time 
(hr.) 

Yield (%wt.) S/N 

Conversion B-ASA/Ni-W 410 6 41.0759 37.4115 

S/N Produced naphtha is depicted in different factors. This is depicted in Fig. 5: 

 

Fig. 4. Produced naphtha during VGO hydrocracking in different reaction time and temperature 

According to above, as reaction time and temperature were increased, the amount of 
produced naphtha was increased. This subject could be approved that when the temperature 
is increased, production of light products is increased [26], in other hand; kerosene and diesel 

produced are decreased. This subject could be approved that hydrocracking of VGO is 
thermally controlled [24]. In VGO hydrocracking, the amount of produced naphtha was 
increased when β-ASA/Ni-W or β-ASA/Ni-Mo were used as a catalyst; this subject could be 
due to crystallite of β zeolite because crystallite of the catalyst has an effective impact on the 
performance of catalyst [25]. These observations showed that effect of W metal should be more 
than Mo in producing naphtha from VGO hydrocracking. This could be because of different 

electronic properties of these two metals. Obtained results approved that although 
temperature and resistance times are very important parameters an effective parameter to 
produce a certain cut from VGO hydrocracking should be kind of catalyst. 

4.2. Results from modeling VGO hydrocracking  

Obtained experimental data from VGO hydrocracking in temperature 380ºC, when β-

ASA/Ni-W catalyst was used, have been listed in Table 7: 

Table 7 Experimental data obtained from VGO hydrocracking using β-ASA/Ni-W catalyst in temperature 
380ºC 

Time(hr.) Temperature (ºC) Gas (%wt.) Naphtha 

(%wt.) 

Kerosene 

(%wt.) 

Gas oil 

(%wt.) 

1 380 0.19 1.32 2.16 3.66 

2 380 0.39 2.47 4.18 6.9 
4 380 0.82 4.76 7.77 12.83 

6 380 1.098 6.5 10.6 17.864 
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It was observed, in 380ºC temperature, the production model pseudo-components (gas, 

naphtha, kerosene, and diesel) during VGO hydrocracking has been followed by model 1. 
Based on this figure, it could be said that in this temperature diesel, kerosene, naphtha, and 
gas produced during VGO hydrocracking were followed by four parallel reactions and 
equations. This subject has also come in references [27] and [17]. Kinetic equations (3-11) 

describe kinetic behavior of this catalyst in 380ºC. Kinetic constants, k1, k2, k3, and k4, of these 
equations, were calculated by fitting between experiment data and the equations using the 
Levenberg-Marquart algorithm. These Kinetic constants, k1, k2, k3, and k4, were listed in Table 8.  

Table 8 Kinetic constants calculated by fitting experimental data obtained from VGO hydrocracking using 
β-ASA/Ni-W catalyst in temperature 380ºC  

Changing procedure of each pseudo-components produced during VGO hydrocracking in 
the presence of the β-ASA/Ni-W catalyst in 380ºC were shown in Fig. 6: 

 

Fig. 5 Procedure of changing of products 
produced during VGO hydrocracking using β-

ASA/Ni-W catalyst at 380ºC  

Fig. 6 shows that produced naphtha 

during the process is more amount than 
other products, in other words, it could be 
said that this catalyst is selective to produce 
naphtha and this result is in accordance with 
what is reported previously [28].   

The amount of gas, kerosene, and diesel 
produced in the process was less than 
naphtha. In temperature range 395-410ºC, 
it was found that behavior of this catalyst 
wasn’t followed by parallel reactions, in 
other words, diesel produced from VGO 

hydrocracking could be converted into 
naphtha. This model could approve that the 
catalyst, β-ASA/Ni-W, is selective to 
produce naphtha. Experimental data in this 
temperature range are listed in Table 9: 

 

Table 9 Experimental data obtained from VGO hydrocracking using β-ASA/Ni-W catalyst in temperature 
range 395-410ºC 

Time 

(hr.) 

Temperature 

(ºC) 
Gas (%wt.) Naphtha (%wt.) 

Kerosene 

(%wt.) 

Gas oil 

(%wt.) 

1 395 2.3 10.733 4.75 2.3 

2 395 4.3 19.466 8.6 4.2 
4 395 6.8 31.85 14.07 6.7 

6 395 8.2 40.4 17.7 8.4 

1 400 3.3 13.733 5.2 2.366 
2 400 5.9 23.966 9.0 4.132 

4 400 9.2 38.08 14.1 6.03 

6 400 11.1 46.5 17.4 7.6 
1 410 6.116 22.35 4.9833 1.9 

2 410 10.132 37.7 8.5666 2.95 

4 410 14.3 54.8 11.93 2.975 
6 410 16.3 62.1 13.7 3 

Between temperature ranges 395-410ºC, changing procedure of each pseudo-component 

produced during VGO hydrocracking using β-ASA/Ni-W catalyst is shown in Fig. 7: 

Temperature (ºC) k1 k2 k3 k4 

380 0.0281 0.0329 0.0484 0.0124 
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Fig. 6 Procedure of changing of products produced during VGO hydrocracking using ẞ-ASA/Ni-W 

catalyst in temperature range 395-410ºC 

Based on data obtained in temperature range 395-410ºC (Table 4-7), it could be found 

that VGO hydrocracking was followed by the model showed in Fig. 2 and equations (12-20). 
Kinetic constants, k1, k2, k3, k4, and k5, of these equations in the presence of this catalyst, 
were calculated by fitting experiment data and the equations using the Levenberg-Marquart 

algorithm. These Kinetic constants, k1, k2, k3, k4, and k5, are listed in Table 10.  

Table 10. Kinetic constants calculated by fitting experimental data obtained from VGO hydrocracking 
using β-ASA/Ni-W catalyst in temperature range 395-410ºC 

Temperature (ºC) 
1k
 2k

 3k
 4k

 5k
 

395 0.027 0.0536 0.1205 0.0254 0.0207 
400 0.0282 0.0593 0.157 0.0382 0.0315 

410 0.0296 0.0637 0.2781 0.0762 0.2539 

According to Arrhenius equation (19), Arrhenius constants (k0) and activation energy 

(Ea/R) of VGO hydrocracking were calculated and listed in Table 11: 

Table 11. Arrhenius constants (k0) and activation energy (Ea/R) of VGO hydrocracking using ẞ-
ASA/Ni-W catalyst 

I=lump No. K0i (1/hr) Ei/R (°K) 

1 1.588833 2719.1 

2 94.59456 4982.8 

3 4.95E+15 25566 
4 9.8E+19 33199 

5 3.83E+49 78996 
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As it is shown in Fig. 6, it could be found that with increasing temperature, the amount of 

naphtha produced during VGO hydrocracking is increased and amount of the produced diesel 
is decreased when β-ASA/Ni-W catalyst is used in this process. This subject could be approved 
the fact that diesel could be converted into naphtha as the temperature is increased. Obtained 
results approved that conversion of VGO into lighter products (i.e., gas, naphtha, kerosene, 

and diesel) is thermally controlled [24]. It is also shown that whatever temperature is 
increased, naphtha is increased, in other word; diesel could more be converted into naphtha. 
According to the trend of changing diesel with the temperature in Fig. 6, it could be said that 
amount of produced gas is increased with time and temperature.  

5. Validation of the model 

First according to experiment data the parameters affected by the process were properly 
estimated and adjusted with the one-degree kinetic reaction of VGO hydrocracking. then 
kinetic equations of the process were written. Good agreement was observed between 
experimental and predicted values. Average deviation was also lower than 5% for the total 
set of operating conditions. An analysis of residuals was conducted, and the results are showed 
in Fig. 6 and 5. All these results approve that the values of the optimized model parameter, 

their dependence with temperature in the range 380-410ºC, and in general the discrete kinetic 
model represent a good compatibility with experimental data curve of heavy oil distillation 
hydrocracking. 

6. Conclusion 

In this investigation, a multi performance characteristics optimization based on Taguchi 

approach is proposed for Vacuum Gas Oil (VGO) hydrocracking process. Experimental data 
obtained in presence of four catalysts, β-ASA/Ni-Mo, β-ASA/Ni-W, USY-ASA/Ni-Mo and USY-
ASA/Ni-W, and different conditions; pressure 80bar, four temperatures (380ºC, 395ºC, 
400ºC, 410ºC) and eight reaction times (0.33, 0.4, 0.5, 0.667, 1, 2, 4, 6 hr), were analyzed 
by design expert software and Taguchi method. The production model was based on 

temperature and time and kinetic constants of discrete lumping equations and calculated by 
experimental data and Levenberg-Marquardt algorithm. As a result of this investigation, it 
should be proposed that effect of the β-ASA/Ni-W catalyst on conversion of VGO and producing 
light products (i.e., gas and naphtha) during the hydrocracking process is more than those of 
β-ASA/Ni-Mo, USY-ASA/Ni-W, and USY-ASA/Ni-Mo.  
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Abstract 

A new approach to synthesis of automatic control of objects is proposed, based on application of the 

inverse dynamics concept. A nature of PID control of objects is studied as well as causes that stipulate 
search for automatic control methods alternative to PID control; the above-mentioned approach to 

synthesis of automatic control methods is developed. A new generation PID controller is synthesized, 

featuring higher control quality, simplicity of adjustment and high accuracy. Such results were obtained 
thanks to application of a new method of digital differentiation of signals. Currently Russian oil pipelines 

use controllers from the different manufacturers, international, such as ABB, Foxboro, Honeywell, 

Yokogawa, Toshiba, Siemens, Omron, and Russian, such as Kontravt, Oven, Tekon, NIL AP; they all 
have a common disadvantage that they use a finite difference algorithm for differentiation, thus leading 

to lower quality of control and increased complexity of adjustments. 

Keywords: automatic controller; PID control; inverse dynamics; derivative. 

 

1. Introduction 

The purpose of this paper is to lay out a new approach to synthesis of automatic control, 
based on application of the inverse dynamics concept. In this concept, just like in reality, any 
changes in behavior of the controlled object are considered consequence of some change in 

control action, which is formed by the automatic controller and delivered to the controlled 
object. At that, the task to form the control action ut in any moment of time t (at the t th cycle 
of object control) is formulated as an inverse problem, that is, as a problem to find an unknown 
value (in this case a value of ut), whose inputs are predefined (desirable) value of yt+1,z of the 
control variable Y of the controlled object in the following moment of time t+1 and a difference 

equation linking its values yt+1, yt, yt-1…, to values  ut, ut-1, ut-2,…. 
A nature of PID control of objects is studied as well as causes that stipulate search for 

automatic control methods alternative to PID control; the above-mentioned approach to 
synthesis of automatic control methods for objects is developed below. 

2. The essence of PID control  

As it is known from multiple sources [1–3], one of the types of automatic controllers finding 
the widest range of application in automatic and automated control systems for different 
process parameters (APCSs), are so-called PID controllers. The main idea, determining the 
name and essence of this type of controllers is that the value ut of the control action U exerted 
onto the process variable Y of the controlled process (CP) in any given moment of time t is 

formed in accordance with the following equation (law of control): 
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Here 
ty  is a deviation (error value) of an actual value yt of the process variable Y in the 

moment t from a predefined value yzt of the variable (setpoint of the controller), which is 
calculated with the equation in the form of 

zttt yyy                       (2) 

where: с1, с2 and с3 are adjusted parameters (coefficients) of the PID controller; t0  is the 

initial moment of CP control;   is the integration variable all the values of which satisfy the 

condition tI , where  It  is the time interval, described by the equation  

].,[ 0 ttIt                        (3) 

The most important advantage of PID controllers, which has determined and is still 

determining their popularity and wide application in automation of diverse processes, is that 
the law of control (1) has tuning parameters с1, с2 and с3. Having such parameters in (1) allows 
selecting their numeric values in each concrete case (adjusting the PID controller) in such a 
way that the values of ut, t=1, 2, 3,…, calculated from the equation (1), provide satisfaction 
of a sequence of equations in the form of 

,....3,2,1,  tyy ztt                    (4) 

Here, just like in equation (2), yzt is a predefined (desirable) value of Y in moment t. Taken 
together the equations (1) and (4), evidently, mean, that the control actions ut exerted onto 
the process variable Y shall provide change of its values in time and in accordance with a 

preset (desirable) law of change. 

3. Two problems arising from practical application of PID controllers  

The vast number of theoretical and experimental studies of PID controllers [1–3], as well as 
over a hundred years of practical application in automation of diverse processes [1–4] revealed 
two topical issues, which significantly complicate and limit practical use of such controllers. 

The first one is the PID controller tuning problem, which comes down to determination and 
setting of numeric values of parameters с1, с2 and с3 in the law of control (1) such, that their 
implementation allows for calculation of controlling actions ut, providing satisfaction to the 
equation (4). Finding such parameters is a non-trivial task and its solution is available only to 
high quality specialists with expertise not in process automation, in specific domain knowledge 

of the controlled process itself. 
The second problem that limits practical application of PID controllers is due to the fact that 

the law of control (1) includes the derivative dtyd t /)(  of ty  deviation. As it is known [5-6], 

calculation of a derivative of any signal (signal differentiation) is one of a classical examples 
of ill-posed problems. The characteristic feature of such problems is that their solutions are 

extremely sensitive to even the slightest changes in input data. As for the error value ty  

differentiation problem, whose solution and inputs are, respectively, a derivative dtyd t /)(  

and a error value ty , the above noted feature of ill-posed problems means, that in case 

where the values yt, t=1,2,3,… are not exact, the value of the derivative that is calculated and 
then applied in (1), may be indefinitely different from its actual value. As evident from (1), in 
any such cases, the value of ut will be indefinitely far from its actual value as well. Taking this 

into account, as well as the fact that in real life the values of yt are the results of measurement 
of the process variable Y with some kind of a transmitter or other measurement instrument, 
thus introducing the measurement errors, it is evident, that, first, the process of adjustment 

153



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 152-156 
ISSN 1337-7027 an open access journal 

of the variable Y with the help of the PID controller is unstable as a whole. Second, the cause 

of this instability is the fact that PID controllers use a derivative of error value 
ty  with 

respect to the deviation time. 

4. Two possible solutions for the problem of practical implementation of PID 
controllers 

If we set our goal as to remove PID controller instability thus extending their practical 

applicability, and consider the facts set out before, it is evident, that to achieve this goal we 

may either regularize the differentiation of the error value ty , using some regularization 

method applied to ill-posed problems [6-7], or withdraw from application of PID controllers and 
replace them with an analogue which does no use the derivative of the process variable. The 
first way was implemented by the authors in [8]. At that, regularization of differentiation of 
the process variable is provided by the use of moving quadratic approximation of change in 
the variable and analytical differentiation of algebraic second order polynomials. The results 

of the work show that the PID controller proposed there has a higher interference immunity 
and provides a higher control accuracy. 

The second possibility to improve the automatic control methods and their efficiency is 
shown in this paper. From the above-mentioned concept of inverse dynamics problems we 
propose a method of process automatic control, alternative to the PID control and other 

automatic control methods based on process variable differentiation. At that, second order 
difference equations are used as a mathematical model to describe the connection between 
the values yt, t=1,2,3… of the process variable Y and the values ut of the controlling action U. 
For this case a numerical algorithm is synthesized for calculation of controlling actions ut, t = 
1,2,3….  

5. Synthesis of an automatic control method based on difference equations and 
inverse problem concept 

Taking into account the features of the inverse dynamics problems noted above, we 
synthesis the automatic control method. To simplify the following, we will hold that: 
1. Values yt+1, yt, yt-1, yt-2 of the process variable Y of the controlled object (CO) in moments 

of time t+1, t, t–1, t–2 are linked among themselves and with the values ut, ut-1 of its 

input U (control actions) by a difference equation in the form of  

154231211   tttttt uuyyyy           (5) 

coefficients 51  ,are some constants independent of values  ut, ut-1 of the input U of the 

CO and of the values yt, yt-1 and yt-2 of its input Y. 
2.  A desired (necessary) law of changes in values yzt of the process variable Y through time 

is determined by the equations 

...,,,t,tyzt 321)(                    (6) 

where 
)(t
 is a certain function of time t. 

3.  Values ut of the control actions shall be selected in such a way that values yt of the 

controlled object output Y in any moment t satisfy the equations 
yt = yzt, t=1,2,3…,                    (7) 
and the equation (5) holds true. 

The initial data, represented by the equations (5) – (7), are necessary and sufficient 
conditions for synthesis of an automatic control method, which is of our interest. Indeed, the 

equation (5) links values yt+1, yt, yt-1 of the process variable Y in each moment t  to the values  
ut and ut-1 of the control action U and thus, using this equation and equation (5), to 
calculate the desirable values  uzt, t = 1,2,3..., we may compose an equation in unknown 
value ut 
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ztttttt yuuyyy   15423121             (8) 

Values yt, yt-1, yt-2 and yzt, in this equation are known, as well as those of ut-1 , and as 
evident form (8), only the value ut. , which is of interest to us, is unknown.  Having moved 

the known summands  23121   ttt y,y,y
 and 15  tu

 to the right part of the equation, let 
us represent it in a form, which is more compact and traditional in linear algebra: 

,....3,2,1,4  tzu tt                  (9) 

here 15231211   ttttztt uyyyyz . The resulting equation is the simplest 

linear algebraic equation in ut. Its solution is determined by the following evident equation: 

,....,,t,/zu tt 3214                   (10) 

4. Let us check the correspondence of the calculated value ut to the conditions of its physical 
realizability which appear as a formula 

 max
t

min
ttt u,uIu                     (11) 

where 
min
tu

 and 
max
tu

 are some given numbers, selected with respect for physical limitations 
applicable in a moment of time t to the values of the control action ut. 

If the calculated value ut  satisfies this formula, we suppose that it is the desirable control 
action uzt, and, correspondingly assume 

uzt = ut                        (12) 
Otherwise, that is, if the calculated value ut does not satisfy the given formulas, we use it 

to calculate the desirable value uzt, which is obtained from the equation 
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Here 
min
tu  and 

max
tu  are some given functions of time t, such, that 

max
t

min
t uu  . In the 

simplest case these functions are defined by the equations 
minmin

t uu   and 
maxmax

t uu  , 

where umin and umax are some given constants, satisfying the inequality umin< umax. 
To finalize the synthesis of the proposed automatic control method let us produce the 

following comments that provide more insight into its nature, features and possibility of 
practical implementation. 

1. As directly seen from equations (5)–(10), none of them includes derivative dtyd t /)(  of 

the error value ty , defined by the equation (2), and thus, the method lacks the main 

cause determining instability of PID controller and other control types that employ such 

derivative. 
2. The synthesis of a proposed automatic control method given above is performed for a 

particular case of a controlled object, where the link between the process variable values 
and those of the control action are described by a difference equation (5). However, it is 
evident, that similar reasoning and actions may lead to synthesis of such method for other, 

both simpler and more complex controlled objects where the link between the process 
variables and control actions is described by a difference equation [9-10]. Such methods will 
differ from the controller synthesis given above only in their respective difference equations 
used, primarily by the number of summands with the value of process variable and control 
actions in the difference equation. General scheme of calculations that implement the 

control method being synthesized stays the same in all cases. 
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3. Currently, a number of methods is known for transformat ion of the ordinary differential 
equations commonly used in theory and practice of automatic control into difference 
equations.  
Thus, as it was undertaken above, when synthesizing a certain automatic control method 

it is always possible to hold that the link between a process variable and control actions is 

described by a difference equation of some sort. 

6. Conclusion 

Summarizing the above, let us note the following main results. 
1. The nature of inverse dynamics problems is explained as applied to the automatic control 

tasks. 

2. PID control, being one of the most popular methods of control, is discussed and problems 
in its practical application are noted; those problems are new to instability of calculated 
control actions when there are measurement errors prominent in the process variable of 
the controlled object. 

3. An automatic control method was synthesized on the basis of inverse dynamics problem 
and difference equations linking process variable values to the controller's control actions. 

4. It is shown, that the proposed method of automatic controller synthesis is quite universal 
and allows synthesizing regulators for any controlled objects whose functioning may be 
described with either ordinary differential equations or difference equations of any order. 
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Abstract 

In this present study, the transesterification of waste frying oil with methanol over anthill-eggshell-Ni-
Co mixed oxide catalyst was investigated. The composite catalyst was prepared via co-precipitation 

method and characterized by Brunauer-Emmett-Teller (BET), basicity, X-ray diffraction (XRD) and 

Fourier transform infrared (FTIR) techniques prior to its activity study. The effects of reaction tempe-
rature and reaction time on the catalytic reaction were investigated. The reaction order, activation 

energy and reaction mechanism based on Eley-Rideal principle were evaluated. From the BET analysis, 

it was revealed that calcination process has a positive effect on the textural properties of the catalyst. 
The high basicity exhibited by the catalyst implied that Lewis base sites are active centers for the 

catalytic reaction. From the XRD analysis, the active phases in the catalyst were determined to be 

calcium oxide (CaO), silica (SiO2), nickel oxide (NiO) and cobalt oxide (CoO). From the FTIR studies, 
the peak changes of the spectra obtained before and after calcination process corresponded to tem-

perature effect. The obtained results showed that both reaction temperature and reaction time had 

significant influence on transesterification reaction. The reaction was first order with respect to 
triglyceride and second order with respect to methanol. The activation energy and collision factor were 

23.99 kJ/mol and 1.62 x 106 M-1 min-1 respectively. The reaction mechanism agreed reasonably well 

with Eley-Rideal kinetic. 

Keywords: Biodiesel; composite catalyst; kinetics; transesterification; waste frying oil. 

 

1. Introduction 

The global realization of the finite nature of fossil hydrocarbon and the deleterious effect 
arising from its consumption has triggered a worldwide search for alternative fuels. The utili-
zation of diesel fuel from petroleum source continues to rise due to increase in population, 
energy consumption and rapid industrialization [1]. These have triggered a worldwide search 
for alternative fuels which include biodiesel, bio-alcohol, biogases and other biomass sources. 

Among the aforementioned renewable fuels, biodiesel has received considerable attention 
mainly because it provides a solution to problems associated with fossil fuel which include its 
depletion and environmental degradation [2]. Besides, it could be obtained from biomass [3]. 
Generally, biodiesel is prepared from plant oils or animal fat [4]. Biodiesel is an alternative and 
biogenic fuel which comprises of different esters of fatty acid and has been attracted worldwide 

because of the problems associated with the petroleum derived fuel [5]. 
There are four major techniques, which are usually used for biodiesel synthesis. They 

include pyrolysis (thermal cracking), micro-emulsification, blending, and transesterification or 
esterification. Transesterification is a commonly used method whereby triglyceride contained 
in the vegetable oil or animal fat reacts with primary alcohol (methanol, ethanol, and propanol) 

to produce alkyl esters and glycerol in the presence of catalyst [7-8]. The required catalyst can 
either be homogeneous, enzyme or heterogeneous. However, homogeneous catalyzed trans-
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esterification process has some disadvantages, which include the formation of the unwanted 
product, corrosion problems, generation of wastewater, and difficult  to recycle [3]. Although, 
enzymatic transesterification has the advantage to provide high yields, but cannot be employed 
industrially as a result of the exorbitant cost of the enzyme. Another problem is that of 
deactivation usually caused by impurities present in reaction feed. Therefore, heterogeneous 

catalysts are very important for biodiesel production as they possess many advantages over 
homogeneous catalysts and enzymes [5]. They are noncorrosive, environmentally benign and 
do not form soaps through free fatty acid neutralization or saponification of triglyceride. 
Besides, product purity and regeneration of the catalyst are achievable in heterogeneous 
catalysis [9-10].  

Many types of heterogeneous catalysts for biodiesel production have been reported ranging 
from the use of strong acid catalysts to strong base catalysts [11]. Findings have proven that 
rare earth metals are the most suitable heterogeneous catalyst in biodiesel production [12], 
but unfortunately, these catalysts are expensive, and their preparation is quite complex. Therefore, 
to make biodiesel production sustainable, the use of low cost solid heterogeneous catalysts 
from waste and naturally occurring materials is suggested [13]. These are being investigated 

to replace the homogeneous catalysts and enzymes, and this research constitutes part of that 
investigation. These low cost materials include chicken eggshell [14], ostrich eggshell [15], quail 
eggshell [16], waste shells of mollusk [17], waste animal bone [18], solid waste coral fragment [19], 
alum [20], montmorillonite clay [21], modified- peanut husk ash [22], just to mention, but few. 

Although there is an increasing interest in deriving solid catalysts from naturally occurring 

and waste materials, but locally sourced anthill has not been explored as a catalyst to 
transesterify vegetable oil to fatty acid methyl esters. This also includes its modification by 
any of the metal oxides. Moreover, previous research has not provided detailed work on the 
catalytic performance of two or more of these materials in a combined form (composite) to 
synthesize fatty acid methyl esters. Furthermore, to the best of our knowledge no literature 

on the kinetic studies for the transesterification of waste frying oil over mixed metal oxides 
promoted anthill-eggshell is reported. It has been widely reported that transesterification 
reaction occurs much faster when uses basic catalyst compared to acidic  [23]. Thus, the 
technique involving the use of the heterogeneous base catalyst in converting waste oil to biodiesel 
is adopted for this present study.  

This research work, however, considers the development of anthill-eggshell-Ni-Co mixed 
oxides (AENiCo) composite catalyst for biodiesel production from waste frying oil. Waste frying 
oil is selected for this study because it offers advantages which include a reduction in environ-
mental pollution and the production cost [24]. Following this, the prepared catalyst was charac-
terized to gather information about its properties. The effects of reaction temperature and time 

on the catalytic reaction process were investigated. Moreover, kinetic of transesterification of 
waste frying oil (WFO) over AENiCo catalyst was studied in details and all the parameters 
contained in derived models were evaluated.   

2. Materials and methods 

2.1. Materials 

Chicken eggshells and waste frying oil (WFO) were collected from students’ Cafeteria 1, Afe 
Babalola University, Ado-Ekiti, Nigeria. The specific gravity, acid value, free fatty acid and 
saponification value of the oil are 0.9147, 3.824 mg KOH/g, 1.412 wt% and 183.1 mg KOH/g, 

respectively. The anthill employed in this study is situated in Ado-Ekiti, Nigeria on an elevation 
of 1165 ft above sea level, having latitude (N007o36.409/) and longitude (E005o18.627/) with 
height and base of 2.59 m and 4.60 m. The anthill was sprayed with insecticide before it was 
harvested. Cobalt nitrate hexahydrate [Co(NO3)2.6H2O] and nickel nitrate hexahydrate 
[Zn(NO3)2.6H2O] used as precursors in this current study were procured from Topjay Chemical 

Enterprise, Ado-Ekiti, Nigeria. The methanol (JHD, AR China) used was of analytical-grade and 
was used as received. 
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2.2. Preparation and characterization of AENiCo composite catalyst 

The procedure employed in preparing AENiCo catalyst was referred to our previous study [25]. 

The nickel nitrate hexahydrate, cobalt nitrate hexahydrate, anthill powder and eggshell powder 
were mixed in the proportion of 4.3, 8.6, 17.4 and 69.7%, respectively. The rationale behind 
this adopted mixing proportion was based on preliminary studies. The mixtures were dissolved 
in 150 mL of deionized water under continuous stirring for 5 h at 80oC. The pH of the resulting 
slurry was adjusted to 8.0 by adding 0.1 M Na2CO3 and then age in a fume hood at 80oC for 
2 h with stirring. The solution was then filtered with filter paper and residue collected was 

dried in an oven at 110oC for 12 h. Thereafter, the raw catalyst was calcined at 1000oC for 4 
h. The basicity of the calcined catalysts was determined by colorimetric titration method 
reported by Abdoulmoumine [27]. The physical properties of the catalysts were obtained by 
BET method using a Quantachrone Instrument (Nova station-A model No: 11.03). The catalyst 
samples were degassed at 200oC for 5 h before taking adsorption data. The functional groups 

present on the catalyst surface were examined by Fourier transform infrared (FTIR) spectro-
photometer (IR Affinity-1S, Shimadzu, Japan). The crystalline phases in the as-synthesized 
catalyst were identified using a GBC eMMA XRD analyzer. A Cu-kα radiation (1.54051 Å) was 

employed to generate diffraction patterns at ambient temperature in the scanning angle 2𝜃 of 
5-70 o 

2.3. Transesterification reaction process 

The activity of the as-synthesized AENiCo catalyst was tested by subjecting it to transeste-
rification reaction. The reaction was conducted in a batch reactor made up of a 250 mL one 
way round bottom flask. The inlet mouth of the flask was connected with a condenser, while 
a thermometer was inserted through the side neck of the flask in order to monitor the 
temperature of the reaction mixture and was placed on temperature and speed controlled 
orbital shaker. The WFO was reacted with methanol under the operating conditions; different 

reaction temperature of 60, 70 and 80oC, the reaction time of 2 h, catalyst loading of 3 wt% 
and methanol to oil ratio of 12:1 [25]. The stirring speed was kept constant for all experiments. 

After the completion of the transesterification reaction, the resulting mixture comprising of 
unreacted methanol, crude methyl ester (biodiesel), glycerol, and used catalyst was left for 2 
h to settle, after which, it was poured into the separating funnel without catalyst. After settling 

in the separating funnel, the two layers of liquid were observed, the top layer is methyl ester 
(biodiesel), while the bottom liquid layer is glycerol. The synthesized biodiesel was 
characterized by FTIR analysis, and its physicochemical and fuel properties were deter-mined 
in order to ascertain its quality. 

2.4. Kinetics of waste frying oil transesterification 

The transesterification kinetics of waste frying oil (WFO) on AENiCo catalyst was studied at 
60oC, 70oC, and 80oC. In the reaction process, three consecutive reactions were involved as 
illustrated in Eqs. 1-3. The first reaction is the one between triglycerides (TG) molecules 
present in WFO and excess methanol (A) which gave diglyceride (DG) (intermediate) and 
methyl ester (ME). The diglyceride (DG) then reacted with part of the remaining methanol 

leading to the formation of another intermediate (monoglyceride [MG]) and more methyl ester 
(ME). The monoglyceride then also combined with remaining methanol to give more methyl 
ester (ME) and glycerol (G).  

3 ( ) catalystTG CH OH A DG ME  
             (1) 

3 ( ) catalystDG CH OH A MG ME  
            (2) 

3 ( ) catalystMG CH OH A G ME  
             (3) 

33 ( ) 3catalystTG CH OH A G ME  
             (4) (Overall reaction) 
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(a) Equations (1) - (3) are transesterification reaction steps (b) Equation (4) is the overall 
transesterification with methanol. 

The reaction order, activation energy, and mechanism were determined as explained in 
details below. 

2.4.1. Determination of reaction order and activation energy 

The method adopted to investigate the reaction order of WFO conversion was previously 
documented by Singh et al. [26] and Abdoulmoumine [27]. As widely reported in the literature, 
the transesterification reaction is a reversible type. Thus, the rate expression for the overall 
reaction equation presented in Eq. (4) could be written as: 
−𝑑𝐶𝑇𝐺

𝑑𝑡
= 𝑘𝐶𝑇𝐺

𝑛 𝐶𝐴
𝑚                     (5) 

𝐶𝑇𝐺 = 𝐶𝑇𝐺𝑜
(1 − 𝑋)                    (6) 

𝐶𝐴 = 𝐶𝑇𝐺𝑜
(𝜃 − 3𝑋)                    (7) 

𝜃 =
𝐶𝐴𝑜

𝐶𝑇𝐺𝑜

                       (8) 

Bringing Eqs. (5), (6), (7) and (8) together and also express left hand side of the Eq. (5) 
in term of fractional conversion (X) to obtain Eq. (9) 
𝑑𝑋

𝑑𝑡
= 𝑘𝐶𝑇𝐺𝑜

(𝑛+𝑚−1)
(1 − 𝑋) 𝑛(𝜃 − 3𝑋)𝑚               (9) 

where X = fractional conversion; t = reaction time (min); 𝐶𝑇𝐺 = concentration of triglyceride 
(M); 𝐶𝐴 = concentration of methanol (M); 𝐶𝐴𝑜

= initial concentration of methanol (M); 𝐶𝑇𝐺𝑂
= 

initial concentration of triglyceride (M); 𝜃 = molar ratio of methanol to triglyceride; n and m 

represent the reaction order with respect to triglyceride and methanol; 𝑘= reaction rate constant 
(mol-1. min-1.g-1cat). 

In most of the researches conducted on transesterification kinetics of vegetable oils, the 
overall reaction order was obtained to be equal to or less than three [26-29]. This implies that 
the reaction order of triglyceride and methanol could be zero, first or second. In this study, 

Eq. (9) was solved by integration by partial fraction coupled with excel solver and it was 
assumed that the reaction order of triglyceride (n) and methanol (m) was either zero, first or 
second order. Meanwhile, the activation energy and collision factor were both determined 
using Arrhenius expression given in Eq. (10). Eq. (10) was linearized to obtain Eq. (11) and a 
plot of 𝐼𝑛𝑘 against 1 𝑇⁄  yields slope equal to −𝐸 𝑅⁄  and 𝐼𝑛𝑘𝑜 as intercept. 

𝑘 = 𝑘𝑜exp (−
𝐸

𝑅𝑇
)                    (10) 

𝐼𝑛𝑘 = 𝑙𝑛𝑘𝑜 − (𝐸 𝑅)
1

𝑇
⁄                    (11) 

where: 𝑘 (mol-1.min-1.g-1cat), is the reaction rate constant of the rate determining step; 𝑘𝑜 
(M-1.min-1), is the collision factor; E (kJ/mol) is the activation energy; R (J.mol-1.K-1) is the 
gas constant and T (K) is the reaction temperature. 

2.4.2. Investigation of the reaction mechanism 

In order to develop a kinetic model able to represent adsorption, desorption and surface 
reaction steps (mass transfer phenomena), the following probable assumptions are made: 
(1) The catalyst behaviour is a single site, Eley-Rideal (ER), that is, only methanol is adsorbed 

on the catalyst surface. 
(2) The reaction takes place at the active site of the catalyst. 

(3) The surface reaction step is the rate-controlling step (RCS), and the adsorption and 
desorption are quasi-equilibrated steps, which are used to eliminate the intermediates (DG 
and MG) that could not be taken into account. 

(4) The rate of reaction is not influenced by internal and external diffusion. 
However, the following mechanistic scheme can then be written for the overall transeste-

rification reaction (Eq. 4). 
Adsorption step: 
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1

2

3 3 3 .



k

k
A S A S        𝐾1 =

𝑘1

𝑘−2
             (12) 

Surface reaction step: 
3

4

. .


 
k

k
A S TG DG ME S           𝐾 2 =

𝑘3

𝑘−4
                (13) (RCS) 

5

6

. .


 
k

k
A S DG MG ME S           𝐾3 =

𝑘5

𝑘−6
             (14) 

7

8

. .


 
k

k
A S MG G ME S               𝐾4 =

𝑘7

𝑘−8
             (15) 

Desorption step: 

9

10

3 . 3 3



k

ME S ME S
k

            𝐾5 =
𝑘9

𝑘−10
            (16)  

The total concentration of catalyst active sites is: 
𝐶𝑇 = 𝐶𝑆 + 𝐶𝐴.𝑆 + 𝐶𝑀𝐸.𝑆                   (17) 

Thus, based on those aforementioned assumptions and reaction mechanisms, the global/overall 

rate equation was derived and given in Eq. (18). 

𝑅 =
𝐶𝑇𝑘3 𝐾1(𝐶𝑇𝐺𝐶𝐴 −

𝐶𝑀𝐸
3 𝐶𝐺

𝐾𝐾1
2𝐾5

2𝐶𝐴
2 )

1+ 𝐾1𝐶𝐴+ 
𝐶𝑀𝐸
𝐾5

                  (18) 

where A.S = adsorbed methanol on catalyst surface, S = vacant site, ME.S = methyl esters 

on catalyst surface, CT = total concentration of catalyst active sites (M); 𝐶𝐴.𝑆 = concentration 
of adsorbed methanol on catalyst surface (M); 𝐶𝑀𝐸.𝑆 = concentration of adsorbed methyl ester 
on catalyst surface (M); 𝐾𝑖 = equilibrium rate constant; 𝑘𝑖 = forward reaction rate constant, 

mol-1 min-1 g-1 cat and 𝑘−𝑖 = backward reaction rate constant, mol-1 min-1 g-1 cat. 

3. Results and discussions 

3.1. Catalyst characterization 

The textural properties and basic sites of raw and calcined AENiCo catalysts are presented 
in Table 1. The result revealed that the surface area of calcined catalyst was higher than that 
of the raw. This implies that calcination process has a positive effect on performance of the 
composite catalyst [15]. According to Olutoye and Hameed [21], calcination of solid catalyst at 

an elevated temperature eliminates adsorbed gases, moisture content and volatile 
components, thus opening up the surface of the catalyst  

Table 1. Summary of the textural properties and basic sites of raw and calcined AENiCo catalyst 

Sample BET surface 

area (m2/g) 

Total pore 

volume (cm3/g) 

Average pore diameter 

(Å) 

Basic sites  

(mmol/g cat) 

Raw 8.12 0.0228 12.40 2.40 

Calcined 424.9 0.1119 17.72 12.80 

In addition, as can be seen in Table 1, the total pore volume and average pore diameter of 

the calcined AENiCo catalyst were determined to be 0.1119 cm3/g and 17.72 Å respectively 
and found to be higher than those values obtained in the case of raw. Therefore, these results 
imply that external surface of the calcined catalyst is largely dominated by active sites and it 
has a tendency to eliminate the mass transfer limitation [15]. This explains the reason why 
calcined catalyst exhibited better performance in the transesterification reaction.  

The high activity of calcined catalyst was also attributed to the large number of basic sites 
12.80 mmol/g.cat, which exceeds that of raw catalyst. The increase in basic strength of the 
composite catalyst is partly attributed to the presence of oxides of calcium, nickel, and cobalt 
as revealed by XRD analysis (Fig. 1) [21]. According to Di Serio et al. [30], the high biodiesel 
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yield could be achieved in short period of time when stearate metal oxides are used as hetero-
geneous catalysts in the transesterification reaction. However, those stearate metals in their 
oxides form possess Lewis acidity (electron acceptor), and negative oxygen ions are thus 
Lewis bases (proton acceptor) [2, 31]. Therefore, the high basicity exhibited by calcined AENiCo 
catalyst implied that Lewis base sites are active centers for transesterification reaction. 

Figure 1 shows the XRD spectrum of calcined sample of AENiCo catalyst. The main peaks 
observed at 2𝜃 = 32.34o, 54.05o, 64.33o and 67.69o were attributed to CaO, while the peak 
at 2𝜃 = 34.35o was a characteristic of Ca(OH)2 and its appearance is as a result of hydroscopic 
nature of CaO, which may have reacted with atmospheric moisture [15]. More so, the XRD 

patterns in spectrum shown in Figure 1 displayed peaks at 2𝜃 = 20.80o and 26.70o, which 
were attributed to SiO2. According to Hassani et al. [32], the two observed peaks indicate 
crystal phases. The peak occurred at 2𝜃 = 37.52o was a characteristic of NiO, while peak at 

2𝜃 = 42.97o was for CoO. However, it could be noted that the calcined AENiCo catalyst is made 
up of CaO, Ca(OH)2,SiO, NiO and CoO.. 

 

Figure 1. X-ray diffraction spectrum of the calcined AENiCo catalyst 

The FTIR spectra of raw and calcined AENiCo catalysts presented in Figure 2 revealed that 
some peaks were shifted, changed or vanished after calcination process. However, in the raw 

AENiCo catalyst the absorption band occurred around 3689 cm-1 was attributed to O-H stret-
ching vibration mode. The appearance of band at 2517 cm-1 was assigned to C-H symmetric 
stretching bond, while peaks around 1406 cm-1, 874 cm-1 and 712 cm-1 were due to the sym-
metric stretch, out-of plane bend and in-plane bend of C-O vibration modes, respectively [14]. 
These peaks confirmed the presence of CaCO3, which was decomposed into CaO upon calcina-
tion [15]. This is corroborated by XRD analysis. The observed peak around 1089 cm-1 could be 

attributed to the Si-O-Si stretching [21]. As well the band at 538 cm-1 was due to Al-OH stret-
ching. For calcined catalyst, the peaks around 1647 cm-1 and 1001 cm-1 were due to C=O and 
C-O stretching respectively. Appearance of peak at 1055 cm-1 could be attributed to Al-Al-OH 
vibration of anthill clay [33]. The wide absorption band at 428 cm-1 was due to CaO vibration 
formed as a result of complete decomposition of CaCO3 in eggshell [34]. Moreover, there was 

a new peak form around 3641 cm-1 which could be attributed to O-H stretching vibration and 
this peak is usually assigned to hydroxyl bond in calcium hydroxide, Ca(OH)2 [15]. However, 
formation of Ca(OH)2 was as result of adsorption of atmospheric moisture onto calcined cata-
lyst surface during analysis. This is corroborated by XRD analysis and is attributed to why calci-
ned AENiCo exhibited high basicity. A similar observation was reported by Margaretha et al. [35] 
in the production of biodiesel using CaO based catalyst derived from Pomacea sp. shell.  
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Fig. 2. FTIR spectra of A- raw and B-calcined AENiCo catalysts 

3.2. Kinetics of waste frying oil transesterification 

The influence of the reaction temperature on the transesterification of WFO to biodiesel 
using AENiCo catalyst is shown in Figure 3.  

 

Figure 3. Effect of time and temperature on the biodiesel yield 

It can be observed that considering reaction temperature from 60oC to 70oC, the biodiesel 
yield (%) increased with increased temperature and remained constant after the reaction 
attained equilibrium. As reflected in literature, higher reaction temperature enhances mass 
transfer of reactants and dispersion of the catalyst particles [15]. High temperature also favours 

high reaction rate, which eventually results to high conversion to biodiesel [36]. Meanwhile, at 
lower reaction temperature, there would be poor interaction between methanol and catalyst 
particles, thus leading to slower reaction rate [37]. Relatively, either high reaction temperature 
or reaction time is needed to achieve a maximum yield of biodiesel in most of the 
heterogeneous catalyzed transesterification reactions [37]. This is attributed to why maximum 

biodiesel yield of 89.22% was attained at reaction temperature of 70oC. However, with 
reaction temperature above 70oC, that is 80oC, lower yield was recorded. This is due to liquid 
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methanol in the reaction medium that had been totally gasified, therefore favouring the 
formation of glycerol over biodiesel [15].  

3.2.1. Determination of reaction order and activation energy 

In an attempt to determine the order of the overall reaction with respect to triglyceride and 
methanol (n and m) at temperatures 60, 70 and 80oC, eight cases were examined. The best 

overall reaction order was chosen based on the values of correlation coefficient (R2). The closer 
the R2 value to unity, the more accurate the order for the overall reaction could give the best 
fit with the experimental results [27]. The R2 values for all the three temperatures considered 
were highest when reaction is first order with respect to triglyceride and a second order with 
respect to methanol. The values of R2 were obtained to be 0.835, 0.914 and 0.948 for 60oC, 

70oC and 80oC respectively. Thus, a third overall order (n =1 and m = 2) indicates better 
agreement with the experimental data. This confirms that rate of reaction is sensitive to 
change in temperature. As reported by Noureddini and Zhu [38], transesterification process 
being a multiple and reversible reaction often exhibits an optimal temperature with respect to 
the biodiesel yield. Thus, these findings show that an optimal reaction temperature favours 
reac-tion rate.   

The activation energy (E) and collision factor (𝑘𝑜) were determined from the plot of Ink 
against 1/T (the plot is not given) to be 23.99 kJ/mol and 1.62 x 106 M-1min-1 respectively.    

3.2.2. Reaction mechanism 

In order to evaluate the kinetic parameters contained in overall reaction rate expression 

(Eq. 18), it was assumed that the concentration of glycerol was extremely low and eliminated. 
The reduced model derived based on Eley-Rideal kinetic was solved by using least mean 
square analysis. The estimated kinetic parameters are presented in Table 2. 

Table 2. Estimated kinetic parameters based on Eley-Rideal principle 

Reaction temperature β x 10-5 𝐾1 𝐾5 x 10-6 (mol-1) 

60oC 8.35 5.19 1.12 
70oC 14.03 5.60 3.84 

80oC 2.23 3.10 0.96 

where β is 𝐶𝑇𝐾𝑠   

Based on the results obtained, it could be concluded that the transesterification of waste 
frying oil over AENiCo composite catalyst obeyed Eley-Rideal mechanism. The result obtained 

herein is in trend with the work reported by Abdoulmoumine [27]. 

3.3. Analysis of synthesized biodiesel 

3.3.1. FTIR analysis 

The functional groups of biodiesel prepared at reaction temperature of 70oC, catalyst 
loading of 3 wt%, reaction time of 2 h and methanol to WFO ratio of 12:1 was confirmed by 
FTIR analysis. As shown in Figure 4, the broad absorption band at 3439 cm-1 was attributed 
to O-H stretching vibration. Those sharp peaks around 2926 cm-1 and 2854 cm-1 were due to 
C-H stretching vibrations of methylene groups. The strong peak at 1745 cm-1 (C=O ester) and 

at 1165 cm-1 (C-O ester) which are obviously present in the spectrum were assigned to 
carbonyl functional groups. These two functional groups confirm the presence of esters and 
are only attributed to biodiesel [39]. While the band at 1466 cm-1 could be attributed to the 
CH3 group in the methyl ester mixtures [40]. As well the peak at 721 cm-1 was attributed to C-
H2 methylene rock. The presence of these functional groups confirmed the quality of the 
synthesized biodiesel and this observation is in trend with the experimental data reported by 

Yadav et al. [41]. 
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Figure 4. FTIR spectrum of synthesized biodiesel at reaction temperature of 70oC 

3.3.2. Determination of physicochemical properties 

The biodiesel prepared under the reaction temperature of 70oC, catalyst loading of 3 wt%, 
the reaction time of 2 h and methanol to WFO molar ratio of 12 was characterized based on 
its physicochemical and fuel properties. Table 3 shows the properties of the WFO-biodiesel. 
However, these properties were compared with those of commercial biodiesel [23] and 
ASTM/EN standard for biodiesel. Some of these properties were found to be comparable and 

in reasonable agreement with ASTM/EN standard for biodiesel. 

Table 3. WFO-biodiesel physicochemical and fuel properties  

Parameter WFO-biodiesel 
Commercial 

biodiesel 
Biodiesel standard 

ASTM/EN 

Specific gravity 0.886 0.844 0.86-0.90 

Kinematic viscosity at 40oC 

(mm2/s) 

3.58 - 1.9-6.0 

Acid value (mgKOH/g) 0.92 0.34 >0.8 

Flash point (oC) 148 70 100-170 

Cloud point (oC) -9 - - 
Pour point (oC)  -12 -10 -15-10 

Lower heating value (MJ/kg) 37.49 40.9 40.13 

4. Conclusion 

The activity of anthill-eggshell-Ni-Co mixed oxide composite catalyst in transesterification 
of WFO to biodiesel was investigated. The results of BET and basicity analyses revealed that 
the surface area and basic sites of as-synthesized catalyst increased upon calcination. XRD 

analysis showed that the calcined AENiCo catalyst contains a mixture of CaO, Ca(OH)2, SiO2, 
NiO and CoO, thus indicating a composite catalyst. Various surface functional groups of the 
catalyst were identified from the FTIR results. A detail study on the kinetics of WFO 
transesterification at 60oC, 70oC and 80oC showed that the reaction was first order with respect 
to triglyceride and second order with respect to methanol. The activation energy and collision 

factor were found to be 23.99 kJ/mol and 1.62 x 106 M-1 min-1 respectively. After evaluation 
of model parameters, it was found that the transesterification reaction obeyed Eley-Rideal 
kinetic. 
  

0

10

20

30

40

50

60

70

80

90

100

010002000300040005000

Tr
an

sm
it

ta
n

ce
 (%

)

Wavelenght (cm-1)

165



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 157-167 
ISSN 1337-7027 an open access journal 

References 

[1] Lin L, Cunshan Z, Vittayapadung S, Xiangqian S, Mingdong D. Opportunities and challenges for 
Biodiesel fuel. Applied Energy, 2011; 88: 1020-1031. 

[2] Refaat AA. Biodiesel production using solid metal oxide catalysts. International Journal of 

Environmental Science and Technology, 2011; 8(1): 203-221. 
[3] Zabeti M, wan Daud WMA, Aroua K. Activity of solid catalysts for biodiesel production: A 

Review. Fuel Processing Technology, 2009; 90(6): 770-777. 

[4] Refaat AA. Different techniques for the production of biodiesel from waste vegetable oil. 

International Journal of Environmental. Science and Technology, 2010; 7(1): 183-213. 
[5] Basumatary S. Transesterification with heterogeneous catalyst in production of biodiesel. A 

Review. Journal of Chemical and Pharmaceutical Research, 2013; 5(1): 1-7. 

[6] Aijaz B, Flora TTN. A single step solid acid-catalyzed process for the production of biodiesel 
from high free fatty acid feedstock. Energy & Fuels, 2010; 24(9): 4712-4720. 

[7] Shah B, Sulaimana S, Jamal P, Alam MZ. Production of heterogeneous catalyst for biodiesel 

synthesis. International Journal of Chemical and Environmental Engineering, 2014; 5(2): 73-75. 
[8] Serio MD, Cozzolino M, Tesser R, Patrono P, Pinzarij Bonelli B, Santacesaria E (2007). Vanadyl 

phosphate catalysts in biodiesel production. Applied Catalysis A: General, 2007; 320: 1-7. 

[9] Alonso DM, Mariscal R, Granados ML, Maireles-Torres P. Biodiesel preparation using Li/CaO 
catalysts: Activation process and homogeneous contribution. Catalysis Today, 2009; 143(1-2): 

167-171. 

[10] Olutoye MA, Hameed BH. A highly active clay-based catalyst for the synthesis of fatty acid 
methyl ester from waste cooking palm oil. Applied Catalysis A: General, 2013; 450: 57-62  

[11] Kondamudi N, Mohapatra S, Misra M. (2011). Quintinite as a bifunctional heterogeneous 

catalyst for biodiesel synthesis. Applied Catalysis A, General, 2011; 393(1-2): 36-43. 
[12] Pinzi S, Gandia LM, Arzamendi G, Ruiz JJ, Dorado MP. Influence of vegetable oils fatty acid 

composition on reaction temperature and glycerides conversion to biodiesel during transeste-

rification. Bioresource Technology, 2011; 102: 1044-1050. 
[13] Boey PL, Mariam GP, Hamid SA, Ali DMH. Utilization of waste cockle shell (Anadara granosa) 

in biodiesel production from palm olein optimization using response surface methodology. Fuel, 

2011; 90: 2353-2358. 
[14] Sharma YC, Singh B, Korstad J. Application of an efficient nonconventional heterogeneous 

catalyst for biodiesel synthesis from Pongamia pinnata oil. Energy Fuels, 2010; 24: 3223-3231. 

[15] Tan YH, Abdullah MO, Hipolito CN, Taufiq-Yap YH. Waste ostrich and chicken-eggshells as 
heterogeneous base catalyst for biodiesel production from used cooking oil: catalyst charac -

terization and biodiesel yield performance. Applied Energy, 2015; 2: 1-13.  

[16] Cho YB, Seo G. High activity of acid treated of quail eggshell catalysts in the transesterification 
of palm oil with methanol. Bioresource Technology, 2010; 101: 8515 -8524. 

[17] Viriya-Empikul N, Krasae P, Nualpaeng W, Yoosuk B, Faungnawakij K. Biodiesel production over 

Ca-based solid catalysts derived from industrial wastes. Fuel, 2012; 92: 239-344. 
[18] Obadiah A, Swaroopa GA, Kumar SV, Jeganathan KR, Ramasubbu A. Biodiesel production from 

Palm oil using calcined waste animal bone as catalyst. Bioresource Technology, 2012; 116: 

512-516. 
[19] Roschat W, Kacha M, Yoosuk B, Sudyoaduk T, Promarak V. Biodiesel production based on 

heterogeneous process catalyzed by solid waste coral fragment. Fuel, 2012; 2: 194-202. 

[20] Aderemi BO, and Hameed BH. Alum as a heterogeneous catalyst for the transesterification of 
palm oil. Applied Catalysis: A Gen., 2009; 370: 54-58. 

[21] Olutoye MA, Hameed BH. Synthesis of fatty acid methyl ester from used vegetable cooking oil 

by solid reusable Mg1-xZn1+xO2 catalyst. Bioresource Technology, 2011; 102: 3819-3826. 
[22] Dai Y, Chen K, Wang Y, and Chen C. Application of peanut husk ash as a low-cost solid catalyst 

for biodiesel production. International Journal of Chemical Engineering and Applications, 2014; 

5 (3): 1-8. 
[23] Pratap SR, Shamshuddin SZM, Thimmaraju N, Shyumsundar M, Reena SS. Kinetic of 

transesterification of Madhuca Indica oil over modified zeolites: biodiesel synthesis. Bangladesh 

Journal of Scientific and Industrial Research, 2015; 50(4): 271-278. 
[24] Talebian-Kiakalaieh A, Amin NAS, Mazaheri H. A review on novel processes of biodiesel 

production from waste cooking oil. Applied Energy, 2013; 104: 683-710. 

166



Petroleum and Coal 

                         Pet Coal (2018); 60(1): 157-167 
ISSN 1337-7027 an open access journal 

[25] Yusuff AS, Adeniyi OD, Olutoye MA, Akpan UG. (2017). Performance and emission charac -
teristics of diesel engine fuelled with waste frying oil derived biodiesel-petroleum diesel blend. 

International Journal of Engineering in Africa, 2017; 32: 100-111. 

[26] Singh AK, Fernando SD. Reaction kinetics of soybean oil transesterification using hetero -
geneous metal oxide catalysts. Chemical Engineering & Technology, 2007; 30(12): 1716-1720. 

[27] Abdoulmoumine N. Sulphated and hydroxide supported on zirconium oxide catalyst for 

biodiesel production. Published M.Sc Thesis. (2010), Faculty of the Virginia Polytechnic Institute 
and State University, USA. 

[28] Liu X, He H, Wang Y, Zhu S, Piao X. Transesterification of soybean oil to biodiesel using CaO 

as a solid base catalyst. Fuel, 2008; 87: 216-221.  
[29] Marjanovic AV, Stamentovic OS, Todorovic ZB, Lazic ML, Veljkovic VB. Kinetics  of the base-

catalyzed sunflower oil ethanolysis. Journal of Energy and Fuel, 2010; 88(3): 665-667. 

[30] di Serio M, Dimiccoli M, Cammarota F, Nastasi M, Santacesaria E. Synthesis of biodiesel via 
homogeneous Lewis acid catalyst. Journal of Molecular Catalysis A: Chemical,2005; 239(1): 

111-115. 

[31] Chorkendorff I, Niemantsverdriet JW. Concepts of modern catalysis and kinetics: We inhem, 
Germany: Wiley-VCH press, (2001). 

[32] Hassani M, Najafpour GD, Mohammadi M, Rabiee M. Preparation, characterization and appli -

cation of zeolite-based catalyst for production of biodiesel from waste cooking oil. Journal of 
Scientific & Industrial Research, 2014; 73: 129-133. 

[33] Yusuff AS, Preparation and characterization of composite anthill-chicken eggshell adsorbent: 

Optimization study on heavy metals adsorption using response surface methodology. Journal 
of Environmental Science and Technology,2017; 10(3): 120-130.  

[34] Li H, Niu S, Lu C, Cheng S. The stability evaluation of lime mud as transesterification catalyst 

in resisting CO2 and H2O for biodiesel production. Energy Conversion and Management, 2015; 
103: 57-65. 

[35] Margaretha YY, Prastyn HS, Ayucitra A, Ismadji S. Calcium oxide from Pomacea sp. shell as a 

catalyst for biodiesel production. International Journal of Energy and Environmental 
Engineering, 2012; 3: 1-9. 

[36] Olutoye MA, Wong SW, Chin LH, Asif M, Hameed BH. Synthesis of fatty acid methyl esters via 

transesterification of waste cooking oil by methanol with a barium-modified montmorillonite  
K10 catalyst. Renewable Energy, 2015; 86: 392-398. 

[37] Yee KF, Lee KT. Palm oil as feedstock for biodiesel production via heterogeneous transeste -

rification: Optimization Study. International Conference on Environment (ICENV), 2008; 1-5. 
[38] Noureddini H, Zhu D. (1997). Kinetic of transesterification of soybean oil. Journal of the Ame-

rican Oil Chemist Society, 1997; 74: 795-804 

[39] Taufiq-Yap YH, Abdullah NF, Basri M. Biodiesel production via transesterification of palm oil 

using NaOH/Al2O3 catalysts. Sains Malaysiana, 2011; 40(6): 587-594. 
[40] Siatis NG, Kimbaris AC, Pappas CS, Tarantitlis PA, Polissiou MG. Improvement of biodiesel 

production based on the application of ultrasound: Monitoring of the procedure by FTIR spectro -

scopy. Journal of the American Oil Chemists’ Society, 2006; 83(1): 1-7. 
[41] Yadav PKS, Singh O, Singh RP. Performance test of palm fatty acid biodiesel on compression 

ignition engine. Journal of Petroleum Technology and Alternative Fuels, 2010; 1(1): 1 -9. 

 
 
To whom correspondence should be addressed: Dr. A. S. Yusuff, Department of Chemical and Petroleum Engineering, 
Afe Babalola University, Ado-Ekiti, Nigeria, yusuffas@abuad.edu.ng 

 

167

mailto:yusuffas@abuad.edu.ng


                               Jubilant  profesor  Martin Bajus 

 

 

Začiatkom tohto roku oslavil 75. narodeniny profesor Martin  Bajus v zdraví, pokoji, 

pokore a spokojnosti v kruhu svojej rodiny. V septembri minulého roku rektor STU prof 

Ing. Robert Redhammer, PhD., ocenil jeho doterajšiu prácu na FCHPT udelením 

čestného titulu profesor emeritus. Na dielo, ktoré vytvoril vo vede a v pedagogike môže 

byť hrdý.  Prof. Martin Bajus je významnou osobnosťou v oblasti rafinérskych,  

petrochemických, energetických a recyklačných technológií. Charakteristickým rysom 

bratislavskej školy pyrolýzy nie sú len získané výsledky, ale aj ich priemyselná 

realizácia v navrhovaných petrochemických technológiách nielen na Slovensku ale 

i v zahraničí (ČR). 

        Profesor Bajus naďalej aktívne vedecky a pedagogicky pôsobí na FCHPT. 

V roku 2016 sa aktívne zúčastnil na 4. ICCT, v  Mikulove plenárnou prednáškou: 

Uhľovodíkové technológie, trendy a výhľady petrochémie.  Prednášku mal aj na 68. 

Zjazde chemických spoločnosti v Prahe. Pre študentov na oddelení OTKR urobil úvod 

do predmetu „Petrochémia“. O tradícii vedeckej školy na FCHPT STU prednášal 

v „Emeritus klube“ (zima 2017). Bol predsedom komisie ŠVOČ na fakulte. Doplnil 

údaje do encyklopédie Beliana. Naďalej spolupracuje s firmou Dron-Industry pri 

inovovaní existujúcej technológie v Mliečanoch.  

         Začiatkom roka 2018 sa profesor Bajus tešil z vydania jeho novej knihy 

Hydrocarbon Technology - Petrochemistry, ktorú vydalo nakladateľstvo Slovenskej 

Chemickej knižnice Fakulty chemickej a potrvinárskej technológie v Bratislave.  



Profesor Martin Bajus napísal veľmi potrebný a pedagogicky vynikajúci text, ktorý na 

slovenskom trhu chýbal takmer 30 rokov. Vytvoril originálnu koncepciu petrochémie 

založenú na štyroch základných pilieroch.  

        Predložená vysokoškolská učebnica je aktuálna, napísaná moderným štýlom 

v angličtine. Predstavuje komplexné poňatie spracovanej tematiky. Široký a rozsiahly  

záber problematiky na 430 stranách zaiste znamenal pre autora veľké úsilie 

a trpezlivosť. Predovšetkým obrovské vedomosti z oblasti uhľovodíkových technológií. 

Kniha je vhodná najmä pre pedagógov a študentov vysokých škôl, v bakalárskych, 

inžinierskych a doktorandských študijných programoch. Zameraných na výučbu 

chemickej technológie, prípadne špecializovaných na petrochémiu (recenzia knihy je 

v  ChemZi č.1 (2018)). 

        Sme veľmi radi, že sa pán profesor Martin Bajus dožil významného životného 

jubilea v pevnom zdraví a vysokom pracovnom nasadení. Želáme Martinovi do 

ďalších rokov veľa zdravia, úspechov a spokojnosti v pracovnom i rodinnom živote. 

 

                                                                                Viktor Milata 

 



                               Professor Martin Bajus celebrates 

 

 

Earlier this year, Professor Martin Bajus celebrated his 75th birthday in health, feeling 

peaceful satisfaction as a humble member and head of his family. In September last 

year the Rector of the Slovak University of Technology, prof. Ing. Robert 

Redhammer, PhD., praised his life-long work at the Faculty of Chemical and Food 

Technology by awarding Mr. Bajus the title of honorary professor emeritus for his 

considerable contribution to science and education. Prof. Martin Bajus is a proud 

contributor to the field of refining, as well as petrochemical, energy and recycling 

technologies. The characteristic features of the Bratislava School of Pyrolysis headed 

by Professor Bajus are not only the results obtained, but also their industrial 

applications in the newly devised petrochemical technologies, not only in Slovakia 

but also abroad (Czech Republic). 

        Professor Bajus is still active in science and is still an active  supervising teacher 

at the Faculty. In 2016 he participated in the 4th International Chemical Technology 

Conference in Mikulov and contributed with the plenary lecture Hydrocarbon 

Technologies - Trends and Prospects of Petrochemistry. Mr. Bajus had a lecture at 

the 68th Conference of Chemical Societies in Prague. He lectured on "Introduction to 

Petrochemistry" for the students at the Department of Organic Technology, Catalysis 

and Petroleum Chemistry. His lectures on traditions of the scientific school at the 

Faculty were of great interest in the "Emeritus Club" (winter 2017). Still another 

activity of this great scholar and excellent teacher was his leading role as a chairman 

of the Commission for Student Scientific and Specialist Presentation at the Faculty. 



Professor Bajus contributed data to the Beliana Encyclopedia. Presently he 

cooperates with the company Dron-Industry in Mliečany on innovation of already 

existing technology. 

         At the beginning of 2018, Professor Bajus was pleased to release his new book 

Hydrocarbon Technology – Petrochemistry, published by the Slovak Chemical 

Library at the Faculty of Chemical and Food Technology in Bratislava. 

This publication, written by Professor Martin Bajus, is a necessary and pedagogically 

excellent text, which has been missing on the Slovak market for almost 30 years. The 

author has created a rather original concept of petrochemistry built on four basic 

pillars. 

        The presented college textbook is current, written in English, in a modern style. 

It represents a complex concept of the subject matter. The wide and extensive 

coverage of the topic on 430 pages has surely required a great effort and patience on 

the side of the author, in particular, huge knowledge of hydrocarbon technology. The 

book is especially suitable for college educating staff and students studying in 

bachelor, master or doctoral study programmes focusing on chemical technology, 

possibly teaching specialized petrochemistry (for review of the book see ChemZi, No. 

1 (2018)). 

        We are very pleased that Professor Martin Bajus has experienced a significant 

life anniversary in good health, in the middle of intensive work endeavors. We wish 

Martin many happy years to come, that he would live in great health condition, 

satisfied at work and in family life. 

 

                                                                                Viktor Milata 
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